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1
Zusammenfassung
Die Europäische Union hat sich selbst die 20-20-20-Ziele für das Jahr 2020 gesetzt. Diese Ziele
streben eine Reduktion der Treibhausgase um 20 %, einen Anstieg der Energieeffizienz um 20 %
und einen Anteil von 20 % an erneuerbaren Energien an. Der letzte Punkt soll einen Anteil von
10 % an Biotreibstoffen beinhalten. All diese Ambitionen sollen helfen die strengeren langfristi-
gen Ziele für das Jahr 2050 zu erreichen.
Um den Beitrag der erneuerbaren Ressourcen im Bereich der Treibstoffe zu erhöhen, ist eine
Verlagerung in Richtung Biomasse nötig und angestrebt. Biomasse aus Lignocellulose wird zurzeit
als Hauptquelle für einen kohlenstoffhaltigen Ausgangsstoff untersucht. Sie wird als umwelt-
freundliche Kohlenstoffquelle angesehen, da die Struktur aus der Adsorption des Treibhausgases
CO2 und der Umwandlung mit Wasser über Fotosynthese aufgebaut wird. Bedenken über einen
Wettbewerb mit dem Lebensmittelmarkt, wie sie bei den Biotreibstoffen der ersten Generation
auftraten, können vernachlässigt werden, weil Biomasse aus Lignocellulose wie z. B. forst-
wirtschaftlicher Abfall nicht essbar ist. Eine thermochemische Verwertung von ligninbasierter
Biomasse kann über simple Verbrennung, Vergasung und Pyrolyse geschehen. Um wertvolle
Treibstoffe zu gewinnen, wird üblicherweise eine Verflüssigung über Pyrolyse vorgenommen,
welche ein Pyrolyseöl hervorbringt. Dieses Bioöl ist eine komplexe Mischung mit verschiede-
nen Substanzen, von denen viele oxygeniert sind. Die Mannigfaltigkeit an funktionellen Grup-
pen im Bioöl ist für Eigenschaften wie niedrige Lagerstabilität, niedriger Heizwert, schlechte
Verarbeitbarkeit und Mischbarkeit mit unpolaren Ölen verantwortlich. Eine Aufwertung kann
diese negativen Eigenschaften mindern. Die Behandlung mit molekularem Wasserstoff in einem
Prozess der Hydrodeoxygenierung (HDO) reduziert den Sauerstoffgehalt und verbessert die er-
wähnten Aspekte des Pyrolyseöls. Das erhaltene HDO-Öl besteht anschließend zum Großteil
aus Kohlenwasserstoffen. Phenole haben sich jedoch als sehr widerstandsfähig gegenüber dieser
Wasserstoffbehandlung erwiesen.
Um den Bioanteil von bereits verwendeten Treibstoffen zu vergrößern, bietet es sich an das
Bio- oder HDO-Öl in bereits existierende Raffineriestrukturen und -prozesse einzubinden. Fluid
Catalytic Cracking (FCC) ist sehr flexibel hinsichtlich der eingesetzten Rohstoffqualität und kann
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einen biogenen Co-Einsatz handhaben. Die Produktion von wertvollen Produkten wie Propylen
und Benzin im Sinne des Co-FCC eines fossilen Haupteinsatzes mit einem biogenen Co-Einsatz
bis zu 10 Gew.-% stellt ein ideales Prozesskonzept dar. Für die Auswahl des am besten geeigneten
Katalysators für einen Co-FCC-Prozess sind Studien im Labormaßstab nötig. Modellverbindun-
gen haben sich als verlässliche Substrate erwiesen, um die zugrunde liegende Chemie und den
Einfluss eines Co-Einsatzes auf Parameter wie Umsatz und Produktselektivitäten zu verstehen.
Die vorliegende Arbeit beschreibt das katalytische Spalten (Cracken) von n-Decan allein und
zusammen mit 10 Gew.-% 2-Ethylphenol an sauren Festkörperkatalysatoren in der Gasphase und
in einem kontinuierlich betriebenen Festbettreaktor. Beide Substrate wurden gewählt, um einen
fossilen und bio-basierten Einsatz zu simulieren und wurden in Stickstoff als Trägergas mit Hilfe
eines Mehrkomponentensättigers angereichert. Das erste Ziel dieser Arbeit war es den am besten
geeigneten Katalysator für diese Art von Reaktion zu identifizieren, hinsichtlich Stabilität, Ak-
tivität und Produktselektivität. Anschließend wurden Studien durchgeführt, um den Einfluss der
Porosität und Konzentration der aktiven Zentren auf diese Reaktion zu analysieren. Vor all diesen
Untersuchungen mussten die Reaktions- und Vorbehandlungsbedingungen festgelegt werden. Ob-
wohl nur Modellverbindungen in dieser Arbeit verwendet wurden, wird gezeigt, dass das Cracking
Mechanism Ratio (welches den bevorzugten Crackmechanismus beschreibt) und das Verhältnis
der Selektivitäten von Paraffinen zu Olefinen (als Aussage über den Hydrid-Transfer) vergleich-
bar zu Aufbauten wie Mikroaktivitätstests und einer FCC-Pilotanlage sind, welche in der Industrie
verwendet werden, um echte Öle umzusetzen. Die Ergebnisse können daher chemische Effekte
und Wechselwirkungen zwischen den Reaktionspartnern an der Katalysatoroberfläche aufdecken,
welche auch im industriellen Cracken eine Rolle spielen können.
Da Koks von desaktivierten Katalysatoren im Regenerator einer FCC-Anlage abgebrannt wird,
sind diese hohen Temperaturen und Wasserdampf ausgesetzt. Der Katalysator muss daher sehr sta-
bil gegenüber diesen Bedingungen sein. Potenzielle Zeolith- und nicht-Zeolithstrukturen wurden
daher auf ihre hydrothermale Stabilität bei 816 ◦C unter Wasserdampfatmosphäre hin untersucht.
Die Widerstandsfähigkeit gegenüber dieser Umgebung wurde anhand der Zerstörung der Poren-
struktur mit Stickstoffphysisorption vor und nach der Behandlung evaluiert. Eine Stabilitätsgrenze
von 30 % erhaltener (Mikroporen-)Oberfläche wurde definiert, damit ein Material hydrothermal
stabil ist. Mehrere Materialien zeigen eine höhere Stabilität (bis zu 78 % an bewahrter Ober-
fläche) als die Referenz des ultrastabilen Zeoliths Y (USY) mit 36 %. Diese wurden weiter als
Katalysatoren für das co-katalytische Cracken von n-Decan und 2-Ethylphenol in Erwägung gezo-
gen. Nicht-zeolithische Materialien wie amorphes SiO2/Al2O3 und aluminiumhaltiger MCM-41
zeigen eine starke Zerstörung der Struktur nach der Behandlung.
Die scharfe Behandlung verringert nicht nur die Oberfläche, sondern auch die Crackaktivität.
Daher wurden die in der Reaktion verwendeten Zeolithe bei 700 ◦C vorbehandelt. Eine höhere
Koksabscheidung und ein niedrigerer Umsatz im Co-Cracken als im n-Decan-Cracken ist allen
Zeolithen gemeinsam. Großporige Zeolithe mit einem 12-gliedrigen Ringsystem zeigen eine hohe
Aktivität mit hohem Umsatz während der Katalysatorlaufzeit in der Reihenfolge Y < EMC-2 <
2
USY≈ Beta < RE-USY. Mittelporige Zeolithe mit nur 10-gliedriger Struktur haben dahingegegen
niedrigere Koksgehalte nach dem Cracken, aber desaktivieren stark von Anfang der Reaktion an
mit dem Co-Einsatz. Ihre Mikroporenoberfläche ist immer noch für die Stickstoffphysisorption
zugänglich und eine Desaktivierung in Form von Porenmundvergiftung ist wahrscheinlich. Für
pures n-Decan-Cracken ist der Trend etwas entgegengesetzt: Großporige FAU- und EMT-Zeolithe
desaktivieren mit der Zeit aufgrund von Koksanreicherung in den Superkäfigen (da die Mikro-
porenoberfläche niedriger nach der Reaktion ist) und mittelporige Zeolithe zeigen fast keine De-
saktivierung. Bezüglich der Selektivitäten sind FAU- und EMT-Materialien in der Lage die Selek-
tivität zu Aromaten zu erhöhen und die zu Phenolen zu verringern. Dies kann auf die Bildung eines
phenolischen Pools und die Zerlegung eines solchen über den Hydrid-Transfer hin zu Aromaten
zurückgeführt werden. Beide Zeolithstrukturen zeigen eine höhere Hydrid-Transferaktivität, ge-
kennzeichnet durch ein höheres Verhältnis der Selektivitäten von Paraffinen zu Olefinen. Dies ist
auch in Einklang mit Befunden aus der Literatur. Eine kommerzielle Anwendung für die EMT-
Struktur (EMC-2-Zeolith) ist jedoch erschwert, da ein kostspieliger Kronenether als Templat für
die Synthese verwendet wird.
Nachdem die großporigen Zeolithe aufgrund ihrer geräumigen Porenstruktur als die überlege-
nen Strukturen identifiziert wurden, befassten sich weitere Untersuchungen sowohl mit dem Ein-
fluss der Mikro- und Mesoporen als auch mit der Anzahl der aktiven Zentren wie Brønsted-
und Lewis-Zentren. Für diesen Zweck wurden nicht hydrothermal behandelte FAU- und BEA
(Beta)-Zeolithe verwendet, um die Struktur und aktiven Zentren zu erhalten. Kommerzielle FAU-
Zeolithe mit unterschiedlichen nSi/nAl-Verhältnissen von 2,7 bis 46,1 wurden untersucht. Das
nSi/nAl-Verhältnis wurde bei den BEA-Zeolithen durch eine alkalische Behandlung eines BEA-
Ausgangszeoliths mit einer Natriumhydroxidlösung (Desilifizierung) unterschiedlicher Konzen-
tration von nSi/nAl = 11,5 bis 3,0 verändert. Die Technik verändert nicht nur die chemische
Zusammensetzung, sondern vergrößert auch die Mesoporen bis zu einer Behandlung mit 0,3 M
Base. Eine schärfere Behandlung mit höheren Konzentrationen verringert sowohl Mikro- als auch
Mesoporenoberfläche und -volumen. Im Gegensatz dazu verhielt sich, aufgrund ihrer industriellen
Produktion, die Topologie der FAU-Zeolithe unterschiedlich, mit keinem Zusammenhang zum
nSi/nAl-Verhältnis.
Die Konzentration der Brønstedsäurezentren korreliert nicht notwendigerweise mit dem nSi/nAl-
Verhältnis. 1H und 27Al MAS NMR zeigten, dass Extragerüstaluminium bei den meisten Zeolithen
vorliegt, welches nicht zur Bildung von Brønstedsäurezentren beiträgt. Weitere Eigenschaften der
Säurezentren wurden mit NH3-TPD und IR-Spektroskopie mit Pyridin als Sondenmolekül erhal-
ten. Die Desilifizierung der BEA-Zeolithe führt nicht nur zu einem niedrigeren nSi/nAl, sondern
auch zu einem Anstieg der Brønstedsäurezentren ohne Ablagerung von Extragerüstaluminium.
Der wichtigste Parameter, der die Katalysatoraktivität bestimmt, ist die Brønstedsäurekonzen-
tration, wie sie über NMR bestimmt wurde. Unabhängig vom Einsatz zeigen FAU-Zeolithe mit
einer hohen Konzentration einen hohen Umsatz zu Beginn der Reaktion und einen plötzlichen
Abfall nach einiger Laufzeit, wohingegen Zeolithe mit einer niedrigen Dichte an aktiven Zentren
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einen niedrigeren, aber recht stabilen Umsatz zeigen. Ein Einfluss der Lewissäurezentren konnte
nicht ausgemacht werden. Für die BEA-Zeolithe geht eine höhere Brønstedsäuredichte mit einer
früheren Desaktivierung einher.
Die Produktselektivitäten sind eher von der Topologie der Katalysatoren betroffen. Ein Mikro-
porennetzwerk wird im Falle beider Zeolithe für das Paraffincracken benötigt. Nur die FAU-
Struktur schafft es den phenolischen Co-Einsatz zu desoxygenieren, was durch eine höhere Aro-
matenselektivität im Co-Cracken als im Einzelcracken sichtbar ist. Selbst die nicht hydrother-
mal behandelten BEA-Zeolithe zeigen keinen Anstieg in der Aromatenselektivität während des
Co-Crackens. Auch die Vergrößerung der Mesoporen der BEA-Zeolithe resultiert nicht in mehr
Aromaten. Jedoch kann der negative Effekt des Co-Edukts reduziert werden und die Umsatzkur-
ven beider Eduktarten nähern sich gegenseitig an, da eine bessere Diffusion zu den Mikroporen
möglich ist. Die Phenole adsorbieren wahrscheinlich an der BEA-Oberfläche ohne Folgereaktion,
da eine Diffusion in die Mikroporen erschwert ist. Die Anzahl an zugänglichen aktiven Zentren
für Phenole kann mit der zusätzlichen Koksbildung des Co-Substrats über IR-Spektroskopie und
Pyridindesorption in Zusammenhang gebracht werden. Wiederum begünstigen größere Meso-
poren der FAU-Struktur die Diffusion von Phenolen und Aromaten hin und weg von den Mikro-
poren. Eine erhöhte Gegenwart von nicht umgesetztem n-Decan während der Desaktivierung hilft
auch die Phenole über den Hydrid-Transfer zu desoxygenieren. Dies ist sichtbar, da der Umsatz
an n-Decan abfällt (aufgrund von Mikroporenblockade) und der Umsatz der Phenole weiterläuft.
Mit einem hohen Umsatz an Phenolen und einem niedrigen Umsatz an n-Decan kann ein Anstieg
der Aromaten beobachtet werden. Für eine Co-Umsetzung beider Substrate sind daher die Su-
perkäfige, die großen Mikro- und Mesoporenvolumina, eine hohe Hydrid-Transferaktivität, um
den phenolischen Pool zu cracken, wichtige Eigenschaften, welche nur im FAU-Zeolith vereint
sind. Dies zeigt, dass die FAU-Struktur (Y-, USY- und RE-USY-Zeolithe) immer noch die Ze-
olithstrukur der Wahl für Co-FCC ist, da sie sowohl eine hohe hydrothermale Stabilität und gute
Aktivität im Co-Cracken besitzt, als auch in der Lage ist den phenolischen Co-Einsatz zu desoxy-
genieren. Die Maßnahmen der Ultrastabilisierung und die Zugabe von Seltenerdmetallen machen
sie noch geeigneter für diese Anwendung.
4
2
Abstract
The European Union has set itself the 20-20-20 targets to reach by the year 2020. These targets
aim for a reduction of the greenhouse gas emission by 20 %, an increase of the energy efficiency
by 20 % and also a share of 20 % of renewable resources for the energy sector. The latter is
supposed to include a 10 % share of biofuels in the transport sector. All these ambitions shall help
to reach more severe changes for the long-term 2050 goals.
In order to increase the contribution of renewable resources to the fuel sector, a shift towards
biomass as a raw material is needed and pursued. Lignocellulosic biomass is currently examined
as the main source for a carbon-based feed. It is considered to be a green carbon source since its
structure is built by the adsorption of the greenhouse gas CO2 and a conversion with water via
photosynthesis. Concerns about the competition with the food market as with first-generation bio-
fuels can also be neglected, because lignocellulosic biomass, for example, from forest residues is
non-edible. A thermochemical utilization of lignin-based biomass can be performed through sim-
ple combustion, gasification or pyrolysis. In order to gain valuable fuels, liquefaction by pyrolysis
is usually done, which yields a pyrolysis oil. This bio-oil is a complex mixture containing different
compounds of which many are oxygenated. The diversity of functional groups in the bio-oil are
responsible for properties such as low storage stability, low heating value, poor processability and
miscibility with non-polar oils. An upgrading step can reduce these negative characteristics. A
treatment with molecular hydrogen in a process called hydrodeoxygenation (HDO) reduces the
oxygen content and improves the mentioned aspects of the pyrolysis oil. The obtained HDO oil
consists afterwards mostly of hydrocarbons. However, phenols have proven to be quite resistant
to this hydrogen treatment.
To enhance the bio share of already used fuels it makes sense to include the bio- or HDO oil
into existing refinery structures and processes. Fluid Catalytic Cracking (FCC) is very flexible
regarding the feedstock quality and can handle a biogenic co-feed. The production of valuable
products such as propylene and gasoline in terms of Co-FCC of a fossil main feed with a bio
co-feed of up to 10 wt.-% depicts an ideal process concept. To select the most suitable catalyst
for a Co-FCC process, studies on the lab-scale are needed. Model compounds have been proven
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to be reliable substrates to understand the underlying chemistry and the influence of a co-feed on
parameters like conversion and product selectivities.
The thesis at hand describes the catalytic cracking of n-decane alone and together with 10 wt.-%
2-ethylphenol over acidic solid-state catalysts in the gas phase in a continously operated fixed-bed
reactor. Both substrates were selected to simulate a fossil- and bio-based feed, respectively, and
were enriched in nitrogen as carrier gas by means of a multicomponent saturator. The first goal
of this work was to identify the most suitable catalyst for this kind of reaction regarding stability,
activity and product selectivities. Afterwards, studies were conducted to analyze the influence of
porosity and concentration of active sites on that reaction. Before all these examinations, the reac-
tion and pretreatment conditions had to be defined. Although only model compounds were used in
this work, it is shown that the cracking mechanism ratio (revealing the dominant cracking mecha-
nism) and the ratio of selectivities of paraffins to olefins (as a measure of the hydride transfer) are
comparable to industrial real oil cracking setups such as a microactivity test and FCC pilot plant.
The results can therefore reveal chemical effects and interactions between the reaction partners on
the catalyst surface, that might also play a role in industrial cracking.
Since coke is burnt from the deactivated catalysts in the regenerator of the FCC unit, they are
exposed to high temperatures and evolving steam. The catalyst must be very stable towards these
conditions. Potential zeolite and non-zeolite structures were therefore tested for their hydrothermal
stability at 816 ◦C under steam atmosphere. The resistance towards this environment was evaluated
by the collapse of the pore structure with nitrogen physisorption before and after the treatment. A
stability threshold of 30 % of retained (micropore) surface area was defined for a material to be
claimed hydrothermally stable. Several materials show a higher stability (up to 78 % of retained
surface area) than the reference ultrastable zeolite Y (USY) with 36 % retained surface area. These
were further taken into consideration as catalysts for the co-catalytic cracking of n-decane and 2-
ethylphenol. Non-zeolitic materials such as amorphous silica-alumina and aluminum-containing
MCM-41 exhibit a surface collapse after the treatment.
The harsh treatment does not only lower the surface, but also the cracking activity. Thus, the
zeolites applied in the reaction were hydrothermally pretreated at a lower temperature of 700 ◦C.
All zeolites have a higher coke deposition in common after co-cracking of both feeds and a lower
conversion compared to single n-decane cracking. Large-pore zeolites with a 12-membered-ring
system show a high activity with a high conversion along time on stream for co-cracking in the or-
der of Y < EMC-2 < USY≈Beta < RE-USY. Medium-pore zeolites with only a 10-membered-ring
structure on the other hand have a lower coke amount after the cracking, but deactivate strongly
from the reaction beginning with the co-feed. Their micropore surface area is still accessible for
nitrogen physisorption and a deactivation in terms of pore mouth poisoning is likely. For pure
n-decane cracking, the trend is somehow opposite: Large-pore FAU and EMT zeolites deactivate
over time, due to coke accumulation inside their supercavities (as the micropore surface area is
much lower after the reaction) and medium-pore zeolites show almost no deactivation. Regarding
the selectivities during co-cracking, both FAU and EMT zeolites are able to increase the selectivity
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towards aromatics and decrease the phenols selectivity. This can be attributed to the formation of a
phenolic pool by condensation reactions and the degradation of such by a hydride transfer reaction
into aromatics. Both zeolite structures show a higher hydride transfer activity marked by a higher
ratio of the selectivities of paraffins to olefins. This is also in line with investigations found in
literature. A commercial application of the EMT structure (EMC-2 zeolite), however, might be
hindered due to the costly use of crown ethers as template in its synthesis.
After the identification of the large-pore zeolites as the superior structures due to their spacious
pore networks, further investigations dealt with the influence of the micro- and mesopores on this
reaction, as well as the concentration of active sites such as Brønsted and Lewis acid sites. For
this purpose, non-hydrothermally treated FAU and BEA (Beta) zeolites were used to preserve the
structure and the active sites. Commercial FAU zeolites with different nSi/nAl ratios from 2.7 to
46.1 were examined. This nSi/nAl ratio of the BEA zeolites was altered by basic leaching (desil-
ication) with sodium hydroxide solutions of different concentrations of one parent BEA zeolite
with nSi/nAl = 11.5 down to 3.0. The leaching procedure does not only change the chemical com-
position but also increases the mesopores up to a medium severity with 0.3 M of base. A harsher
leaching with higher concentrations decreases both micro- and mesopore surface area and volume.
In contrast, the topology of the FAU zeolites differed with no relation to the nSi/nAl ratio due to
their industrial production.
The concentration of Brønsted acid sites does not necessarily correlate with the nSi/nAl ratio of
the FAU materials. 1H and 27Al MAS NMR revealed that extra-framework aluminum is present on
most of these zeolites, which does not contribute to the formation of Brønsted acid sites. Further
characteristics of the acid sites were obtained with NH3-TPD and IR spectroscopy involving pyri-
dine as probe molecule. The desilication of the BEA zeolites leads not only to a lower nSi/nAl ratio
but also to an increase of the Brønsted acid sites with no formation of extra-framework aluminum.
The most important parameter defining the catalyst activity was found to be the concentration
of Brønsted acid sites as determined by NMR. FAU zeolites with a high concentration show high
conversion in the beginning and a sudden drop after some time on stream, whereas zeolites with
a low active site density reveal a lower but rather stable conversion, regardless of the feed. A
contribution of the Lewis acid sites was not observed. For BEA zeolites, the higher Brønsted acid
site density is accompanied by an earlier deactivation.
Product selectivities are more affected by the topology of the catalysts. A micropore network
is needed for the paraffin cracking for both types of zeolites. Only FAU zeolites are able to de-
oxygenate the phenolic co-feed as observable with a higher aromatics selectivity in co-cracking
than in single feed conversion. Even non-hydrothermally treated BEA zeolites show no increase in
aromatics when co-cracking the phenolic co-feed. Also, the enlargement of the mesopores of the
BEA zeolites by the basic leaching does not yield in more aromatics. However, the negative effect
of the co-feed can be slightly reduced and the single feed and co-cracking conversions came near to
each other by allowing a better diffusion towards the micropores. Phenols are likely to irreversibly
adsorb on the BEA zeolite with no further conversion occurring as diffusion is hindered into the
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micropores. The accessible amount of active sites for phenols can be correlated with the additional
coke deposition of the co-feed via IR spectroscopy and pyridine desorption. On the other hand,
larger mesopores of the FAU zeolites favor the diffusion of aromatics and phenols towards and
from the micropores. A high presence of unconverted n-decane during deactivation also helps to
deoxygenate the phenols via the hydride transfer. This can be seen, since the n-decane conversion
drops in the reaction (due to micropore plugging) and phenols conversion still proceeds. With a
high conversion of phenols and a low conversion of n-decane, an increase in aromatics is observ-
able. For the co-feed conversion, supercavities, large micro- and mesopore volumes and a strong
hydride transfer activity to crack the phenolic pool are important characteristics, that are only com-
bined in the FAU zeolite. This shows that the FAU structure (zeolites Y, USY and RE-USY) is still
the zeolite structure of choice for Co-FCC, as it has a high hydrothermal stability, good activity in
co-cracking and is able to deoxygenate the phenolic co-feed. The steps of ultrastabilization and
introduction of rare-earth metals make this structure even more suitable for this application.
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Introduction
Fossil resources are declining whereas concerns about the environment are increasing [3]. The
production of electrical energy is currently investigated to be performed by the utilization of solar
or wind energy. For the future, carbon-based fuels from renewable resources are also believed to
be an attractive energy carrier and to deal with the before-mentioned aspects. The most widely
discussed usable carbon sources are depicted by plants in the form of lignocellulosic biomass [4].
Their structure is made of cellulose, hemicellulose and lignin. About 15 to 35 % of the wood
cell wall is made of lignin and it is the largest renewable source of aromatics on earth [5]. The
utilization of such lignocellulosic biomass seems therefore highly desirable.
Similar considerations are performed by the European Union to reach its 20-20-20 targets con-
cerning climate protection and energy consumption. These targets aim at the following items for
the year 2020 [6]:
• a reduction of the greenhouse gas emissions by 20 % based on the level of 1990,
• an increase of the energy efficiency to save 20 % of energy consumption compared to 1990
• and a share of 20 % from renewable resources to the total energy consumption.
Additionally, a share of 10 % of biofuel component is pursued in the transport sector. Figure
3.1 illustrates the progress to these goals since 2005. Efforts to reduce energy consumption and
emission of greenhouse gases are driven from a technological point of view. In order to reach an
increase of the share of renewable energy, a shift towards biomass is needed. The implementa-
tion or conversion of biomass into more valuable chemicals can be done in several ways. These
include thermal processes such as combustion, gasification and pyrolysis or highly selective bio-
logical processing [8]. Up to now, the utilization by liquefaction via pyrolysis seems to be the most
effective strategy, because it yields in a broad variety of chemicals within short reaction times and
at moderate temperatures [9]. Details about the upgrading strategies are given later in Section 4.4.
The obtained pyrolysis oil needs an upgrading step due to poor stability also related to its high
oxygen content [10]. Stabilization can be done with or without hydrogen and mostly involves a
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Figure 3.1: EU progress towards 2020 climate and energy targets after Ref. [7]. Absolute share of
renewable energy in gross final energy consumption is shown. The reduction of pri-
mary energy consumption/efficiency is compared to 2005. When taking the year 1990
as baseline, the target corresponds to 20 %. Greenhouse gas emissions are compared
to 1990 levels.
catalyst. Afterwards, the stabilized bio-oil can be further processed. To keep investment costs
as low as possible, the co-feeding of a bio-oil is aimed to take place in already existing refinery
structures. Due to its flexibility, the fluid catalytic cracking (FCC) process is suitable to co-convert
such an oil [11]. However, this co-feed comes with some new challenges that have to be tackled,
i.e. additional coking and thus deactivation of the catalyst. The present thesis is devoted to these
problems.
In the next chapter, an introduction to the structure of zeolites and their role as catalysts for the
catalytic cracking reaction is given. Subsequently, the hydrocarbon chemistry in catalytic cracking
is explained with a focus on occurring cracking mechanisms, secondary reactions and deactivation
of the catalyst via coking. The FCC process is presented along with the complex catalyst mixture
used in it. The production of bio-oils and their upgrading by cracking and hydrotreatment is also
discussed. Finally, the influence of a second biogenic feed on the catalytic cracking of fossil oils
is visualized with real feeds and model compounds.
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4.1 Zeolites
4.1.1 Structure of Zeolites
Zeolites were first discovered in the 18th century, when it was found out that some minerals loose
water when they are heated. This discovery gave zeolites their name from greek zeo (to boil) and
lithos (stone) [12]. Their structure is built of a three-dimensional network of SiO4/2 and AlO
−
4/2 tetra-
hedrons. Depending on how these tetrahedrons are connected with each other, different structures
can be build. The general composition of a zeolite can be described as following:
Mx/n[(AlO2)x(SiO2)y] ·m H2O.
The ratio y/x gives the molar ratio of silicon to aluminum and is also called the nSi/nAl ratio.
The nSi/nAl ratio can have values from 1 to infinity. Values below 1 are not allowed according to
the Loewenstein rule, as two aluminum tetrahedrons can not be next to each other [13]. Zeolites are
put into three groups depending on their nSi/nAl ratio: low (< 5), middle (5-10) and high (> 10).
Due to the AlO –4 tetrahedrons, the zeolite has a formal negative charge. This overall negative
charge is compensated by the cation M with its charge value of n. Possible cations are e.g. H+,
Na+, Mg2+ or La3+. These cations can be exchanged with each other. This led to the following
definition about zeolites by COOMBS et al. in 1997 [14]:
"A zeolite mineral is a crystalline substance with a structure characterized by a
framework of linked tetrahedra, each consisting of four O atoms surrounding a cation.
This framework contains open cavities in the form of channels and cages. These are
usually occupied by H2O molecules and extra-framework cations that are commonly
exchangeable. The channels are large enough to allow the passage of guest species. In
the hydrated phases, dehydration occurs at temperatures mostly below about 400 °C
and is largely reversible. The framework may be interrupted by (OH, F) groups; these
occupy a tetrahedron apex that is not shared with adjacent tetrahedra."
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The tetrahedrons can in general be described as TO4 primary building units, as not only Si or
Al can be implemented as T atoms in a zeolite framework. The connection of multiple primary
building units leads to larger structures that are called secondary building units (SBUs). These
SBUs are shown in Figure 4.1. T atoms are located on the corners of the SBU and are connected
via T-O-T bonds, which are displayed as edges.
Figure 4.1: Secondary building units and their symbols existent in zeolite structures. The values
in parentheses give their frequency of occurrence as stated for materials in 2007 [15].
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The connection of these SBUs leads to composite building units, e.g. sodalite or hexagonal
prism units. The arrangement of those define the crystal structure of the actual zeolite and the
structure is declared by a three letter code, e.g. FAU for the faujasite structure type. Today, 232
framework type codes are known to the international zeolite association (IZA) [16].
Due to the different arrangements possible with the building units, porous structures can be built.
The pore structure is very characteristic for every framework type. The pore system can be one-
(1D), two- (2D) or three-dimensional (3D). Pores can be linear or zig-zag shaped. Zeolites can be
divided into three groups depending on the size of the pore mouth and the number of tetrahedrons
forming it: small- (8), medium- (10) and large- (12) pore zeolites [17]. The accompanying high
surface areas of up to several hundreds of square meters per gram and the fact that the counter
cations are exchangeable make zeolites very attractive for a broad variety of applications.
In the following, a selection of zeolite structures are introduced that are later used as catalysts in
Section 7. Figure 4.2 shows the structure of the large-pore zeolites FAU, EMT and BEA. Typical
representatives of these structures are zeolite Y, EMC-2 and Beta. Note that the Beta structure is
a polymorphic structure, which is usually marked by an asterisk and the structure is sometimes
given as *BEA. For the sake of simplicity in the present work, the structure is written without
this indication and only polymorph A is being discussed. The different polymorphs result of the
different stacking of the building layer [18].
(a) FAU (b) EMT (c) BEA
Figure 4.2: Structure of large-pore zeolites FAU, EMT and BEA [15].
The Beta structure has a three-dimensional pore network with two linear and a sinusoidal chan-
nel system. The pore entrance windows of these channels have a size of 6.6 x 6.7 Å and 5.6 x
5.6 Å [16]. FAU and EMT zeolites are built from the same SBUs, namely sodalite cages and hexag-
onal prisms, but different connections. FAU has a cubic structure, while EMT is hexagonal. Both
have supercavities which are accessible by four tetrahedrally surrounded pore windows for the
FAU and five trigonal bipyramidal windows in case of the EMT structure. The pore window size
of FAU is 7.4 x 7.4 Å wide, while EMT has window sizes of 7.3 x 7.3 Å and 6.5 x 7.5 Å.
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(a) MFI (b) MWW (c) NES
Figure 4.3: Structure of medium-pore zeolites MFI, MWW and NES [15].
Figures 4.3 and 4.4 show the structure of medium-pore zeolites with 10-ring channels. ZSM-5
and NU-87 are representatives of the MFI and NES structure. ITQ-2 and MCM-22 belong to
the MWW structure. The MFI channel system is three-dimensional with a linear channel and
apertures of 5.3 x 5.6 Å and an intersecting sinusoidal channel with windows of 5.1 x 5.5 Å [16].
The two-dimensional MWW structure consists of two independent channel systems. One of them
has a two-dimensional 10-ring sinusoidal channel system and openings of 4.0 x 5.9 Å. The second
pore system parallel to the first, contains long supercavities (with a height of 18.2 Å) that are
connected with each other through a 10-ring pore system with apertures of 4.0 x 5.4 Å [19]. The
NES pore structure is also two-dimensional defined by 10-ring channels (4.6 x 6.2 Å). However,
the channels are connected by small 12-ring channels (5.3 x 6.8 Å) [20].
(a) MEL (b) FER (c) MTW
Figure 4.4: Structure of medium-pore zeolites MEL, FER and large-pore zeolite MTW [15].
MEL, FER and MTW are represented by zeolites ZSM-11, ZSM-35 and ZSM-12, respectively.
MEL and MFI have a similar structure. The MEL structure however has only intersectional lin-
ear channels building a three-dimensional pore network [21]. Channel windows are 5.3 x 5.4 Å
wide [16]. FER has a two-dimensional pore network formed by linear channels perpendicular to
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each other. 10-ring channels (4.2 x 5.4 Å) are connected with 8-ring (3.5 x 4.8 Å) pores. Finally,
MTW has a simple structure with linear channels not connected with each other and apertures of
5.6 x 6.0 Å [16].
4.1.2 Brønsted and Lewis Acid Sites in Zeolites
Zeolites are solid acids. After their synthesis, the cation M is mostly Na+ or K+, originating from
the used chemicals. Via an ion exchange and thermal treatment, these cations can be exchanged
with protons forming Brønsted acid sites. Figure 4.5 shows the bridging Al-OH-Si-group in a
zeolite framework representing Brønsted acid sites.
Figure 4.5: Al-OH-Si-groups forming Brønsted acid sites.
Brønsted acid sites can be generated by different techniques [22]. The two most important ways
to introduce Brønsted acid sites into a zeolite are described in Equations 4.1 and 4.2. The zeolite
(Z– ) in its alkali metal form is ion exchanged in an aqueous ammonium solution. By exchanging
the alkali metal cation with an ammonium ion, the zeolite is transformed into its ammonium
form. An additional heating step to high temperatures releases gaseous ammonia and leads to
the protonic form of the zeolite [23]. Often ammonium nitrate or chloride are used to introduce
ammonium cations.
NH +4 +Na
+Z− −−−→−Na+ NH
+
4 Z
− ≈ 300 - 400 °C−−−−−−−−→−NH3 H
+Z− (4.1)
[La(H2O)n]
3++3Na+Z− −−−−→−3Na+ [La(H2O)n]
3+(Z−)3
≈ 300 °C−−−−−−−→−(n−2)H2O
(LaOH)(H2O)]
2+H+(Z−)3 −−→ [La(OH)2]+(H+)2(Z−)3
(4.2)
The second technique is via the Hirschler-Plank mechanism [24,25]. An ion exchange with a
multivalent cation possessing a hydration shell is transferred into the zeolite by replacing the al-
kali metal cation. Further thermal treatment releases water and leads to a strong electrostatic field
inside the zeolite pores, because these cations have to neutralize typically two or three negative
framework charges in the zeolite with significant distances from each other [22]. Residual wa-
ter atoms dissociate in this strong electrostatic field forming Brønsted acid protons bound to the
bridging oxygen atom. The remaining hydroxyl group is bound to the multivalent extra-framework
cation and is nonacidic. Equation 4.2 shows that by using trivalent cations, a maximum of two
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Brønsted acid sites can be generated. Used cations for the Hirschler-Plank mechanism are Ca2+,
Mg2+, La3+ and mixed rare-earth metals.
The introduction of a proton by mineral acids, as shown in Equation 4.3, is less favored. The
use of mineral acids often leads to framework dealumination or even to a complete framework
collapse. Therefore, this method is usually not applied.
H++Na+Z− −−−→−Na+ H
+Z− (4.3)
A fourth method is the use of noble metal cations followed by a reduction step as shown in
Equation 4.4, in which a noble metal complex (e.g. [Pd(NH3)4]
2+) is introduced into the zeolite
framework, replacing the alkali metal cation. A thermal treatment step releases ammonia and the
positively charged noble metal cation, which is reduced to its neutral state by molecular hydrogen.
The reduction with hydrogen is forming the Brønsted acid sites [22].
[Pd(NH3)4]
2++2Na+Z− −−−−→−2Na+ [Pd(NH3)4]
2+(Z−)2
≈ 300 °C−−−−−→−4NH3 Pd
2+(Z−)2
+H2−−→ Pd0(H+)2(Z−)2
(4.4)
Another form of acid sites are Lewis acid sites. The charge-balancing counter cation in zeolites
can be viewed as a Lewis acid site as the character of the cation is electrophilic. Lewis acid
sites can also be generated by an extensive thermal treatment (> 500 °C). Dealumination of the
framework can lead to deposition of octa-, penta-, or tetrahedrally coordinated aluminum species.
They are usually deposited on defect sites or on the outer surface of the zeolite and are therefore
called extra-framework aluminum. Such high temperatures can also cause a dehydroxylation of
the Brønsted acid site resulting in a Lewis acid site as indicated in Figure 4.6. These framework
Lewis acid sites are considered to be positively charged silicon atoms in the neighborhood of
tri-coordinated aluminum atoms.
Figure 4.6: Dehydroxylation leading to the formation of a framework Lewis acid site after Ref. [26].
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4.2 Catalytic Cracking
4.2.1 Carbocations
Cracking is a reaction which converts long hydrocarbon chains into smaller molecules [27]. Cat-
alytic cracking of hydrocarbons proceeds via carbocations. The International Union of Pure and
Applied Chemistry (IUPAC) defined two categories for carbocations: carbenium ions and car-
bonium ions [28]. The carbenium ion is an organic molecule with a threefold coordinated sp2-
hybridized carbon atom, which has a planar geometry. A carbonium ion has a fivefold coordinated
carbon atom and the positive charge is spread over three atoms via a three-center two-electron
bond [28].
Figure 4.7: Carbenium (left) and carbonium ion (right) as defined by the IUPAC.
According to WOJCIECHOWSKI and CORMA, the generation of carbocations can be divided
into four main reaction pathways [29]:
1. The addition of a cation to an unsaturated molecule: The proton attacks the pi electrons of
the olefin. This leads to the formation of a σ bond between the proton and one of the carbon
atoms. The stability of the resulting carbocation increases from a primary over a secondary
to a tertiary carbenium ion.
2. The addition of a proton to a saturated molecule: Via protonation of an alkane, a carbonium
ion is formed. Afterwards two reactions can take place: The formation of hydrogen or
protolytic cracking. In both cases, a carbenium ion is sequentially formed.
3. The removal of an electron from an electrically neutral species: Lewis acid sites or strong
carbenium ions can abstract a hydride ion. This leaves a carbenium ion which can undergo
secondary reactions.
4. Heterolytic fission of a molecule: Breaking a covalent bond results in the formation of two
radicals. If one of the products takes two electrons with it, an ion pair is formed.
4.2.2 Cracking Mechanisms
In literature, two different cracking routes are distinguished: The conventional (classic, bimolecu-
lar, carbenium ion) and the non-conventional (non-classic, monomolecular, carbonium ion, Haag-
Dessau) mechanism [30]. They both differ in the amount of molecules and the kind of carbocation
involved in the mechanism. Both mechanisms shall be described in the following.
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The conventional cracking mechanism is showcased with n-heptane as model compound in Fig-
ure 4.8. After the protonation, a secondary carbenium ion is formed. Skeletal isomerization leads
to a more stable tertiary carbenium ion. Proceeding isomerization is generating more branched
carbocations [30]. The step of β -scission releases an alkene and a smaller carbenium ion. Finally,
the reaction cycle closes as the positive charge is transferred to the substrate via a hydride transfer.
The driving force of this last step is the formation of a higher alkylated carbocation. As this step
is considered to be the rate-determining step, this mechanism is also called bimolecular cracking
mechanism [31].
Figure 4.8: Conventional (classic, bimolecular, carbenium ion) cracking mechanism with heptane
as model compound after Ref. [31].
The β -scission step can be categorized into five different types, depending on the kind of car-
benium ions involved and the number of carbon atoms in the said ion [32]. Figure 4.9 gives an
overview of the different types. Type A involves a tertiary (tert.) carbenium ion with at least eight
carbon atoms, which is alkylated in α,γ,γ-position. The resulting products are a tertiary carbe-
nium ion and a 1-alkene. The occurence of type B involves a sec. (secondary) or tert. alkylated
carbenium ion that is transformed into a tert. or sec. ion, respectively. Carbocations undergoing
type B β -scission need at least seven carbon atoms. Type C pathway transforms a sec. into a
sec. carbenium ion. At least six carbon atoms are needed in the carbocation. Although type D
β -scission is shown in Figure 4.9, this type of reaction does not occur, due to the poor stability of
a primary carbocation [31]. The reaction rate of the β -scission is decreasing from type A to type C,
because the stability of the formed products is also decreasing.
SIE suggested a slightly modified β -scission mechanism [33]. The classical β -scission mecha-
nism of linear alkanes should lead to a primary carbenium ion. This step has a too high activation
energy, because the primary cation is not stable enough. Observed iso-/n-ratios in alkane cracking
often exceed the thermodynamic equilibrium and thus can not be explained by the isomerization
of the carbenium ion. If the isomerization were a fast pre-cracking reaction, there should be no
difference in the observed cracking rate between isomeric hydrocarbons, which is not the case [33].
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Figure 4.9: Classification of β -scission reactions of a carbenium ion; n is the number of carbon
atoms of the carbenium ion which can undergo the respective type of β -scission after
Ref. [32].
Figure 4.10: Modified β -scission mechanism for long paraffins with n and m ≥ 1 proposed by
SIE after Ref. [33].
The modified reaction mechanism involves a protonated cyclopropane as transition state, which
prevents the formation of a primary carbenium ion and is followed by a 1,3 and 1,2-hydride shift.
It is shown in Figure 4.10.
The non-conventional cracking pathway, suggested by HAAG and DESSAU, is shown in Fig-
ure 4.11 [34]. Protonation of the substrate is forming a carbonium ion. In a second step, a neutral
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Figure 4.11: Non-conventional (non-classic, monomolecular, carbonium ion, Haag-Dessau)
cracking mechanism after Refs. [30,34].
small molecule (hydrogen or a hydrocarbon) and a carbenium ion are released. The remaining
carbenium ion reacts to an alkene. This non-conventional cracking mechanism results in small
hydrocarbons. Because there is only one molecule protonated and involved in this mechanism, it
is also called monomolecular mechanism.
At high temperatures and low partial pressures of the substrate, the non-conventional cracking
pathway is favored. Because the formation of multialkylated molecules and the consequent β -
scission step is sterically hindered in narrow pore size systems, the non-conventional mechanism
is also favored in zeolites with small- or medium-sized pores as is the conversion of substrates
with a low number of carbon atoms [34]. To differentiate which of the two mechanisms is the
predominant one, WIELERS et al. defined the "cracking mechanism ratio" [35]
CMR =
SC1-C2
Sisobutane
. (4.5)
The CMR describes the ratio between the selectivities S of C1 to C2 products and the selectivity
of isobutane. Isobutane is only formed via the conventional cracking mechanism, whereas the
formation of C1 or C2 molecules proceeds via the non-conventional mechanism.
4.2.3 Secondary Reactions Involving Carbocations
During the conversion of hydrocarbons on acidic zeolites, not only both mentioned cracking reac-
tions occur. Secondary reactions also take place and contribute to the product distribution. Impor-
tant reactions are skeletal isomerization, hydride transfer, cyclization and alkylation reactions [27].
According to WEITKAMP, skeletal isomerization reactions can be divided into two groups [36].
Type A isomerization occurs when the degree of ramification remains constant (e.g. the isomer-
ization from 2-methylpentane to 3-methylpentane). The reaction proceeds via an intramolecular
1,2-hydride shift and a subsequent alkyl shift. When the number of ramifications increases or de-
creases, the isomerization belongs to type B (e.g. the isomerization of n-hexane into a methylpen-
tane). After the formation of a carbenium ion, a positively charged cyclopropyl intermediate is
formed. The branched molecule is released by the C-C-bond fission of the cyclopropane ring [37].
Type B reaction proceeds generally slower than a type A rearrangement.
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Hydride transfer reactions between alkanes and carbenium ions are important reactions in cat-
alytic cracking since they are responsible for a chain process that occurs after the first carbenium
ion has been formed [29]. It can be written as the following:
R1−H+R +2 −−→←−− R +1 +R2−H. (4.6)
The tertiary-tertiary hydride transfer is the fastest, followed by the secondary-tertiary, which
is faster than the primary-secondary transfer [29]. The reaction rate follows the trend of building
the most stable or highest alkylated carbenium ion, respectively. The hydride transfer is usually
evaluated by the Sparaffin/Solefin ratio. A high ratio means a high participation of the hydride transfer
in the reaction network.
Alkyl transfer reactions are similar to the hydride transfer reactions. According to WOJCIE-
CHOWSKI and CORMA, the alkyl transfer does not seem to have any important consequences in
catalytic cracking [29]. It can be represented by
R +1 +R2−R3 −−→←−− R1−R2+R +3 . (4.7)
Disproportionation reactions are characterized by the change of the oxidation state of the sub-
strate into a higher and lower oxidation state. An example is the following one, in which the
overall carbon oxidation state is changing:
2 C5H12 −−→←−− C4H10+C6H14. (4.8)
4.2.4 Deactivation via Coking
The definition of deactivation is the loss of catalyst activity with time on stream [38]. Reasons for
this loss in activity can be classified in several categories: poisoning, coking, sintering of the active
component, phase transformation, masking and pore blockage, volatilization of active component
and mechanical effects such as attrition or erosion. The most important reason for deactivation
during cracking reactions is coking. This process is also called self-poisoning and is accompanied
by the deposition of a carbonaceous deposit on the catalyst surface and in the pore structure.
The term coke describes just poorly the kind of deposits on the catalyst, but it is generally
defined as non-desorbed, polyaromatic/graphitic entities, adhering to the catalyst surface. The
hydrogen to carbon ratio (nH/nC) of the coke is often below the value of two and its structure
depends on several conditions such as the type of catalyst used, feedstock, operating and stripping
conditions.
Coke can be roughly divided into three different categories depending on the reaction tempera-
tures [39]:
1. Soft or white coke: hydrogen-rich deposits which are formed from paraffinic and/or olefinic
feedstocks at very mild reaction temperatures (e.g. 100 °C or below). The nH/nC ratio is
close to 2.
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2. Hard or black coke: hydrogen-deficient polynuclear aromatic deposits formed at severe
reaction temperatures (around 500 °C). The nH/nC ratio is around 0.5 or even lower.
3. Deposits which are graphite-like and almost hydrogen-free. These are generated in reactions
at very high temperatures around 800 °C or above.
The mechanism of coke formation is complex and not yet fully understood. DEROUANE pro-
posed a general scheme for the formation of coke, which is shown in Figure 4.12 [40]. During
acid-catalyzed reactions, olefinic compounds are formed. Those can further react to oligomers.
With ongoing reaction, naphthenes and aromatics can be formed. These are considered to be
coke precursors. Alkylation and transalkylation reactions transform the coke precursors into coke,
which deposits on the zeolite surface.
Figure 4.12: Schematic representation of the formation of coke on zeolites after Ref. [ 40].
A = Alkylation; C = Cracking; D = Dehydrogenation; H = Hydrogen transfer;
M = Miscellaneous; O = Oligomerization; P = Polymerization; R = Cyclization;
T = Transalkylation; W = Dehydration.
While coke formation is decreasing the activity of the catalyst, the reason for this deactivation
has to be specified. The loss of activity can originate from the coverage of active sites which occurs
when acid sites are poisoned by coke, coke precursors or heavy reaction intermediates. The other
reason is pore blockage which can prevent the access of reactants to active sites [40].
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ROLLMANN and WALSH conducted paraffin cracking over a variety of different zeolite struc-
tures. They observed a trend that the use of small-pore zeolites yields less coke than the use of
medium- or large-pore zeolites, respectively [41]. DEJAIFVE et al. studied the methanol to olefin
reaction on ZSM-5, mordenite and offretite zeolites [42]. Weight gains by coke deposition over
time on stream were recorded and compared with each other. Low coke formation was observed
on ZSM-5 while both mordenite and offretite coked rapidly. The latter can accommodate more
carbonaceous residues due to its larger void pore volume compared to mordenite, so although more
coke was deposited on the offretite structure, the zeolite showed higher activity in terms of conver-
sion over time on stream. Offretite has a three-dimensional pore structure, as ZSM-5, but two of
its channels are narrower than the third. Also, cavities are present. Consequently, intracrystalline
coke formation occurs and acidic sites are covered by coke. The mordenite structure consists of
large one-dimensional pores. Site coverage and pore blockage will occur simultaneously during
the reaction.
DEROUANE concluded that in large-pore zeolites the initial steps leading to coke precursors
are aromatic alkylation and the aromatization of these to larger molecules. Bulk coke deposi-
tion does not occur in molecular shape-selective (small- and medium-pore) zeolites, unless their
pore network also presents large cavities or channel intersections in which the reaction can take
place [40].
4.3 Fluid Catalytic Cracking
In 1936, EUGENE HOUDRY developed catalytic cracking and the first large-scale fixed-bed cat-
alytic cracking unit [43]. Due to considerable capital expense and a discontinuous production of
gasoline, this process was replaced during World War II by a process called Fluid Catalytic Crack-
ing (FCC) [44]. The traditional use of FCC in an oil refinery is to convert the overhead product
from vacuum distillation of the crude unit bottoms (heavy vacuum gas oil; HVGO) into gasoline
and light fuel oil. The worldwide FCC capacity in 2004 was reported to be over 2 million tons per
day [45]. Figure 4.13 shows a simplified overview of a petroleum refinery and the position of FCC
in it.
The crude oil undergoes different process steps before it becomes the FCC feed. After de-
saltation, the crude oil is distilled at atmospheric pressure. Liquid products at the bottom of this
process step undergo a second distillation under vacuum. The (H)VGO with a nominal boiling
range of 345 to 547 ◦C from vacuum distillation is the main feed for the Fluid Catalytic Cracking
unit (FCCU). Besides gasoline, light products are produced by the FCCU, mainly fuel gas (hydro-
gen, methane, C2s to C4s). Especially propylene is a high-value product as it can be converted
into polypropylene and other high-value products. Liquid products boiling above the gasoline
range are referred to as light and heavy cycle oil (LCO and HCO). LCO can be used as diesel fuel
by extensive further processing. HCO, the lowest valuable product that is produced in FCC, is
usually sold as heavy fuel oil but can also be upgraded via thermal cracking to yield some light
products [44].
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Figure 4.13: Simplified flow diagram of a typical petroleum refinery after Ref. [ 44]. SRN =
Straight run naphtha; SRGO = Straight run gas oil; HDT = Hydrotreatment;
CGO = Coker gas oil; HCGO = Heavy coker gas oil; HVGO = Heavy vacuum gas
oil; LCO = Light cycle oil; FCC = Fluid catalytic cracking; HCO = Heavy cycle oil.
4.3.1 The Fluid Catalytic Cracking Unit
The Fluid Catalytic Cracking unit (FCCU) consists of two coupled operations, the riser reactor
and the regenerator. A typical FCCU is shown in Figure 4.14. The hot catalyst, coming from the
regenerator, is mixed with the preheated feed at the bottom of the riser reactor. Due to the high
temperature of the catalyst, the feed is vaporized and the mixture of catalyst oil vapor flows up
into the reactor. Most of the cracking reaction takes place in the riser. The temperature at the riser
outlet is typically between 500 to 540 ◦C. In the stripper vessel, products and spent catalyst are
separated from each other. Remaining hydrocarbons are stripped off from the catalyst with steam
and the coked catalyst is lead into the regenerator. Coke, which has formed during the cracking
reaction, on the catalyst is burned off by hot air at temperatures ranging from 650 to 760 ◦C. Hot
and regenerated catalyst flows towards new feed at the bottom of the riser and the cycle repeats [44].
The process is usually controlled by the ratio of catalyst mass to oil mass (mcatalyst/moil). This
value defines the ratio between the mass of catalyst and oil, which flows up along the riser reactor.
Typical mcatalyst/moil values can be found around 6. A standard FCCU has a capacity to feed about
10,000 tons oil per day. This leads to a catalyst circulation rate of about 40 t min−1 within the
FCCU. Depending on the mode of operation, catalyst usage varies strongly. Fresh catalyst is added
daily. The amount of freshly added catalyst depends also on the kind of processed feed. Feeds
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Figure 4.14: Schematic graphic of a Fluid Catalytic Cracking unit (FCCU) after Ref. [44].
with a high metal content may consume 0.3 kg of catalyst per ton of feed. In contrast, FCCUs
processing lighter feeds with a lower metal content may consume only 0.03 kg fresh catalyst per
ton of feed [44].
As the FCC process is operated in a steady state, there is no overall change with time. The
amount of produced coke on the catalyst in the riser equals the amount of coke that is burned off
in the regenerator. The FCCU is furthermore in an energy balance state, which is controlled by the
catalyst circulation rate and the catalyst to oil ratio.
4.3.2 Catalysts in FCC
The potential of activated clay as catalyst for the conversion of petroleum into high-octane gaso-
line was discovered by EUGENE HOUDRY in the 1920s while he experimented with the removal
of sulfur from hydrocarbon vapors [43,46]. This marked the beginning of cracking catalysts. Clay
and alumina are still important ingredients in FCC catalysts. In 1961, the Socony-Vacuum Oil
Company introduced zeolites as the main active component which revolutionized catalytic crack-
ing and therefore the FCC process. The reasons for selecting zeolites as catalysts were an increase
in conversion and liquid yields and a lower coke make [47]. Further modifications led to increased
gasoline octane numbers and improved tolerance towards metal impurities in the feed. Therefore,
zeolite Y is used as catalyst, although not as a single phase system. During the 1970s and 1980s,
additives for FCC catalysts were developed. Common additives represent co-catalysts to control
the carbon monoxide and SOx emissions. At that time, the first medium-pore zeolite (ZSM-5)
was used in FCC catalysts. With the introduction of this pentasil material, the yields of C3 and
C4 olefins could be increased. ZSM-5 was also able to isomerize the gasoline-range olefins to
valuable isoolefins. Other additives have the function of metal traps. Especially vanadium and
nickel, contained in the heavy oil feed, are strong catalyst toxins and need to be trapped. Nickel
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Figure 4.15: Composition of an FCC catalyst particle after Ref. [49].
is deposited on the outer surface of the catalyst particle. Gradually, it diffuses inside the pores
and becomes a very active dehydrogenation catalyst. Therefore, it promotes the formation of un-
desired products like coke and hydrogen. Nickel can be trapped by using an antimony additive,
which forms an alloy with nickel. The dehydrogenation activity can thereby be decreased [44,48].
Vanadium also catalyzes dehydrogenation reactions, but more severe is its transformation into
vanadic acid. In the regenerator, the vanadium becomes oxidized and then reacts with steam to
vanadic acid. Although vanadic acid can destroy the zeolite framework via acid hydrolysis, it can
also undergo a reaction with sodium cations via reactions 4.9 and 4.10. The formation of sodium
hydroxide promotes the dissolution of zeolite crystals. In this reaction, vanadic acid acts as a
catalyst on the surface of the FCC catalyst particle, and is regenerated after each FCC reaction
cycle.
3Na++H3VO4 −−→ Na3VO4+3H+, (4.9)
Na3VO4+3H2O−−→ 3NaOH+H3VO4. (4.10)
The FCC catalyst used in industry today has become one of the most complex catalyst systems.
The actual FCC particle is made of the zeolite formulated into a matrix, which is the non-zeolitic
component of the catalyst particle. Its origin comes from the times before the 1960s. A typical
composition of an FCC catalyst is shown in Figure 4.15. It is composed of a functional silica-
alumina, a binder and a kaolin clay. Together, this mixture of materials is usually spray-dried into
spherical catalyst particles with a particle size ranging from 10 to 120 µm. Most particles have a
diameter of about 70 µm [44].
In the early years of zeolites in FCC, the hydrothermal stability of zeolite Y was discovered
to be highly dependent on the nSi/nAl ratio. The industrial economical synthesis of zeolite Y,
although, is restricted to nSi/nAl ratios lower than 2.5 [50]. To increase the nSi/nAl ratio and therefore
26
4.3 Fluid Catalytic Cracking
to improve the hydrothermal stability of the zeolite, methods to modify the nSi/nAl ratio post
synthetically were explored. The removal of framework aluminum which leads to an increase of
the nSi/nAl ratio is called dealumination. Extracted aluminum deposits at positions outside the
framework [51,52]. This step is also called ultrastabilization. The method used most in industry to
prepare an ultrastabilized zeolite Y (USY) is via a hydrothermal treatment, which was discovered
by MAHER, MCDANIEL and KERR [53–55]. They found out that when calcinating an ammonium-
exchanged zeolite Y the unit cell size (UCS) of the zeolite is reduced and therefore the nSi/nAl ratio
is increased. A wet zeolite was used and deep-bed calcination was performed, therefore the zeolite
was self-steamed. Presence of steam promoted a hydrolytic attack on the framework aluminum
resulting in zeolite dealumination [53,54]. KERR et al. used a shallow-bed calcination of NH4-Y in
flowing steam [55]. The flowing steam allowed better control of the steam partial pressure and the
rate of dealumination, so the calcination temperature could be reduced [47].
The method used at FCC catalyst manufacturers is a combination of both methods. The starting
Na-Y zeolite after synthesis undergoes ammonium exchange to decrease the sodium content to a
level of about 3 wt.-%. Afterwards, the zeolite is calcined. The temperature during this calcination
step depends on the desired degree of dealumination and the steam partial pressure. Steam can
be injected into the calciner or evolved from the wet zeolite itself [47]. An additional ammonium
exchange can lower the sodium concentration further to 0.5 wt.-% [47]. The incorporation of rare-
earth metals via an ion exchange also improves the stability of the zeolite against hydrothermal
conditions [56]. This kind of ultrastabilized zeolite is usually referred to as RE-USY.
While the zeolite component is the primary source of cracking activity, the matrix itself has
also a pre-cracking function [57]. The mechanical robustness of the whole catalyst particle, which
is an important aspect as the catalyst is used in a circular flow in the FCCU, is mainly influenced
by the used matrix. The matrix system influences also the accessibility to the more active zeolite
particles. When coke is burned off in the regenerator, the matrix is also protecting the zeolite by
attenuating hotspots. To embed the zeolite into the matrix, aluminum chlorhydrol (hydroxylated
aluminum-based sol with the general composition of AlnCl(3n-m)(OH)m) is used as binder
[47].
4.3.3 Artificial FCC Catalyst Deactivation
FCC catalyst particles are subjected to reaction/regeneration cycles given by the nature of the FCC
process. Deactivation occurs over weeks due to temperature, steam and contaminant metals [58].
The activity of the catalyst inside a running FCCU therefore does not longer match the one of a
fresh catalyst. It has reached an equilibrium of activity. That is why a catalyst used for longer time
in FCC is also called an E-catalyst. Coke is removed by high temperature oxidation with air in
the regenerator, and it is here that the catalyst undergoes several forms of deactivation. High tem-
perature and a steam atmosphere cause dehydroxylation and dealumination. The zeolite can also
undergo crystal destruction or sintering. The same can happen to the matrix of the FCC catalyst
particle [59]. Accelerated deactivation methods were invented to generate simulated E-catalysts.
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This allows to study the activity of E-catalysts on a bench-scale without the need of long-time
experiments in pilot plants [44,60,61].
Fresh catalyst is often exposed to high temperatures (760 to 830 ◦C) for times between 2 to 50
hours and steam concentrations between 50 and 100 %. This technique simulates the hydrothermal
stress which the catalyst particles undergo in an FCCU [59]. A metal-free technique is the AM-1500
protocol which describes a hydrothermal treatment of the zeolite at 816 ◦C [62].
Deposition of nickel and vanadium organics onto a fresh catalyst was developed by MITCH-
ELL [60]. This Mitchell impregnation involves the incipient wetness impregnation with metal naph-
thenates in benzene. A post-steam treatment at 730 ◦C deactivates the metals to levels comparable
to naturally contaminated E-catalysts [60,61].
The FCC catalyst manufacturer GRACE developed an even more advanced deactivation method,
the so called cyclic propylene steaming (CPS). The CPS method involves also impregnation of the
fresh catalyst with organic nickel and vanadium compounds, followed by aging in a cyclic redox
environment for long hours [58]. Reducing atmosphere to simulate the environment of the riser re-
actor is generated by propylene, followed by an oxidizing atmosphere in air and SO2 to reproduce
the situation in the regenerator [63,64].
After the formation of E-catalysts, the catalytic potential is investigated on a bench-scale. The
most wide spread method is the microactivity test (MAT) [58,61]. Another setup is the Advanced
Cracking Evaluation (ACE). The MAT unit performs testing in a fixed-bed and the ACE test sim-
ulates the reaction with a fluidized-bed. Pilot plant testing is also performed in a Davison Circu-
lating Riser (DCR) unit developed by GRACE [58,59,61].
4.4 Utilization of Biomass
4.4.1 Generation of Bio-Oils
In today’s world, the availability of fossil energy sources such as oil and gas becomes more and
more limited. The worldwide increasing energy demand and the increasing costs for exploring
new oil occurrences are forcing the effort to search for new energy sources. Therefore, despite
fossil fuels being the main energy source, renewable biomass-based materials become a serious
alternative. Especially lignocellulosic biomass seems to be a potential renewable source of energy
and carbon-based fuel production [65]. Biomass is referred to as a CO2 neutral energy source
because CO2 released from biomass energy will be resolved into the plants by photosynthesis
[66].
For ethical reasons, only non-edible biomass that is not competing with the food chain should
be considered for the production of fuels, chemicals, power or heat. Abundant residues from
forests and agriculture are ideal raw materials. The U.S. Department of Agriculture and the Oak
Ridge National Laboratory estimated that the U.S. could produce 1.3 x 109 tons of dry biomass
per year by using their agricultural and forest resources while still maintaining its food, feed
and export demands [4]. This amount has the energy content of 3.8 x 109 barrels of oil energy
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equivalent. While the U.S. consumes 7 x 109 barrels of oil per year, agricultural and forestry
wastes are estimated to be the energy equivalent to half of the current world’s oil production [67,68].
Figure 4.16 shows current production strategies for the conversion of lignocellulosic biomass into
valuable chemicals.
Figure 4.16: Production strategies from lignocellulosic biomass towards valuable chemicals and
fuels after Ref. [69].
The gasification of biomass leads to the production of syngas (CO and H2), which can be used to
produce methanol or alkanes via Fischer-Tropsch synthesis. Pyrolysis and liquefaction of biomass
generates bio-oils as a complex mixture. Before using this bio-oil as fuel, it needs upgrading via
hydrodeoxygenation or cracking on zeolites. Further use of the bio-oil can be made by emulsifica-
tion. The hydrolysis of biomass can produce lignin or can even split the biomass feedstock into its
building blocks (C5 or C6 sugars). An additional upgrading by hydrodeoxygenation, on zeolites
or even by fermentation can generate valuable paraffins, aromatics, esters and alcohols [69].
Out of these processes, fast pyrolysis of biomass is the most promising one in order to gain
bio-oils on a large scale [65]. The biomass source is heated up very quickly (500 ◦C s−1) to tem-
peratures up to 700 ◦C with a very short residence time of less than 2 s under the exclusion of
oxygen [70,71]. The produced pyrolysis bio-oil is an acidic viscous dark brown liquid containing
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oxygenated hydrocarbons, water and small carbonaceous particles including some minerals [67].
It is a complex mixture with up to 400 different compounds [70,72]. These compounds belong to
chemical classes of acids, esters, alcohols, ketones, aldehydes, miscellaneous oxygenates, sugars,
furans, phenols, guaiacols and syringols [73]. Table 4.1 shows a comparison of the chemical com-
position of a pyrolysis bio-oil that is almost the same as the raw material and a petroleum-based
heavy fuel oil.
Table 4.1: Properties of wood pyrolysis bio-oil and heavy fuel oil [74].
Property Pyrolysis bio-oil heavy fuel oil
Elemental Composition / wt.-%
carbon 54-58 85
hydrogen 5.5-7.0 11
oxygen 35-40 1.0
nitrogen 0-0.2 0.3
ash 0-0.2 0.1
Moisture content / wt.-% 15-30 0.1
pH value 2.5 -
Higher heating value / MJ kg−1 16-19 40
Viscosity at 50 ◦C 40-100 180
Solids / wt.-% 0.2-1 1
Distillation residue / wt.-% up to 50 1
Compared with fossil-based oils, bio-oils contain a high content of oxygen and water. The
low pH value derives from the organic acids in the oil. Further disadvantages are the low higher
heating value, poor thermal and chemical stability and a low miscibility with fossil feeds, due
to the high oxygen content [67]. Out of these reasons and the poor storage stability, the bio-oil
needs to be upgraded and stabilized to increase volatility and thermal stability through oxygen
removal (deoxygenation) and molecular weight reduction [65,71]. The long term goal is to co-feed
the upgraded bio-oil into already existing refinery processes.
4.4.2 Upgrading of Bio-Oils by Deoxygenation
Deoxygenation can be accomplished via several routes, i.e. by decarboxylation, cracking and hy-
drodeoxygenation (HDO) [67,75]. The conceptual stoichiometric equations are shown in Equations
4.11 to 4.13 [67]. The reactions are depicted on a bio model substrate with the molecular formula
C6H8O4.
Decarboxylation: C6H8O4 −−→ C4H8+2 CO2 (4.11)
Cracking: C6H8O4 −−→ C4.5H6+H2O+1.5 CO2 (4.12)
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Hydrodeoxygenation: C6H8O4+4 H2 −−→ C6H8+4 H2O (4.13)
Deoxygenation via complete decarboxylation appears as the preferable method to produce
oxygen-free bio-oils, because paraffins are produced and no expensive hydrogen is needed. The
gained oil is less acidic and CO2 can be easily separated. However, the complete removal of oxy-
gen via decarboxylation of acids is not possible [67]. Oxygen is not only present in the form of
carboxylic groups, but also in the form of phenol, ketone, aldehyde and alcohol groups. Besides
hydrocarbons, cracking generates water and CO2. The use of hydrogen results in a deeper de-
oxygenation of the bio-oil via a process called hydrodeoxygenation. The products are a nonpolar
hydrocarbon and a water phase, which can be easily separated. Evolving CO2 can also be readily
removed. Compared to the decarboxylation reaction, the products formed in cracking and HDO
have a higher aromatic character (nH/nC < 2), whereas decarboxylation generates a more paraffinic
product (nH/nC = 2) [67].
4.4.2.1 Cracking of Bio-Oils
Zeolites have been considered for the upgrading of pyrolysis oils since the early 1980s [67]. The
main upgrading mechanism is the rejection of oxygen of biomass as coke or gas. The products
from the reaction of bio-oils on zeolites are hydrocarbons (aliphatic and aromatic), water-soluble
organics, water, oil-soluble organics, gases (CO, CO2, light alkanes) and coke
[68]. As can be seen
from the product mixture, many reactions like dehydration, cracking, polymerization, deoxygena-
tion and aromatization take place in this reaction network. The big advantage over hydrodeoxy-
genation is that there is no need for H2 and the reaction takes place at atmospheric pressure and
temperatures similar to the ones during the production of the bio-oil. The disadvantages however
are the poor hydrocarbon yields and the heavy coke formation [68].
KATIKANENI et al. studied the conversion of fast pyrolysis bio-oils on different cracking cat-
alysts [76]. 20 to 40 wt.-% of the pyrolysis oil were deposited as coke or tar on the catalyst or in
the reactor, respectively. Gaseous products were CO, CO2, light alkanes and alkenes. Compared
with silica-alumina, SAPO-5, SAPO-11 and MgAPO-36, zeolite ZSM-5 produced the highest
yield of organic liquid products (33 wt.-% of feed). The other catalysts gave yields between 16
and 25 wt.-% of organic liquid products. ZSM-5 produced also mostly aromatics, whereas silica-
alumina produced mostly aliphatics. Because of the high thermal instability of pyrolysis bio-oils,
SRINIVAS et al. developed an experimental setup consisting of two reactors. The first reactor is
used for thermal cracking and the second reactor is used for upgrading of the bio-oil on the actual
zeolite catalyst. This setup improved catalyst life-time by decreasing the coke formation on the
zeolites [77].
The different compounds existing in pyrolysis oils show a different behavior in their conversion
with respect to reactivity and coking. Therefore, much work was performed with model com-
pounds, i.e. alcohols, phenols, aldehydes, ketones and acids that were converted on zeolites. The
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main challenges for catalyst development are to avoid deep cracking and the formation of gases,
which reduces the liquid yield. Further challenges are a deep deoxygenation towards aromatics
and the severe deactivation by coking of the catalyst.
In 1985, CHANTAL et al. already studied the reaction of phenolic compounds over a ZSM-5
zeolite [78]. They focused on the conversion of alkylated and methoxylated phenols. Solid phe-
nols were dissolved in water or methanol. Ortho-cresol, 2,4-dimethylphenol and guaiacol (2-
methoxy-phenol) were fed pure and showed only low conversions of 4 to 12 % at 350 ◦C and
LHSV = 1.2 h−1. The main products (>87 %) were constitutional isomers of the substrates them-
selves with yields of aromatics being less than 1 % [78]. When converting phenol diluted in water
or methanol, conversions were 23 and 59 %, respectively. This high conversion difference came
only with a high yield of alkylated phenols of 20 and 42 %. The yield of aromatics was 13 % for
experiments with phenol diluted in methanol, whereas for phenol diluted in water, no aromatics
were found. Therefore, it was assumed that the formation of aromatics is only induced by the
presence of methanol in a methanol to gasoline (MTG) reaction.
The conversion of model compounds on ZSM-5 was also studied by ADJAYE and BAKSHI.
They reported that phenols make up 28 wt.-% of the volatile fraction of bio-oil and are the most
abundant oxygenated compounds present in the bio-oil [79]. Conversion of phenol at 370 ◦C was
only 9.3 % and products were mainly alkylated phenols (between 2.8 and 8.0 wt.-%) and a few
aromatic hydrocarbons (between 1.6 and 2.8 wt.%), while no aqueous fraction was obtained.
Since phenols occur mostly in an alkylated or alkoxylated form, 2-methoxy-4-(2-propenyl)phenol
(eugenol) was also transformed over ZSM-5. The degree of conversion was between 49 to 63 wt.-%.
This comes only with a high yield of eugenol isomers as the main products of 40 to 50 wt.-%. On
the contrary, yields for aromatic hydrocarbons were below 1 wt.-% [79]. They concluded that de-
oxygenation through the formation of carbon oxides is not a major reaction route for the conversion
of phenols on zeolites and proposed a reaction pathway as shown in Figure 4.17 [79].
Figure 4.17: Reaction pathway for the conversion of phenols as proposed by ADJAYE and BAK-
SHI after Ref. [79].
GAYUBO et al. studied the reactivity of alcohols (propanols and butanols) and phenols in the
conversion on a ZSM-5 zeolite. Alcohols can be easily transformed into hydrocarbons and light
olefins. Phenol, 2-methoxyphenol and acetaldehyde however showed a low reactivity to hydrocar-
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bons and resulted in severe deposition of coke on the catalyst [80,81]. Ketones were also transformed
into olefins and aromatics, but were less reactive than alcohols [81]. Figure 4.18 shows the concep-
tual reaction network for the conversion of model compounds on ZSM-5 found by GAYUBO et
al.
Figure 4.18: Product formation of model compounds present in pyrolysis oils from zeolite up-
grading found by GAYUBO et al. after Refs. [80,81].
4.4.2.2 Hydrodeoxygenation of Bio-Oils
The knowledge of removal of heteroatoms (nitrogen and sulfur) via hydrotreating in the petro-
chemical industry helped to increase the effort in this method of deoxygenation. Standard Ni−Mo-
and Co−Mo-based catalysts used in those processes can completely deoxygenate pyrolysis oils to
yield gasoline and diesel-range hydrocarbons [67]. In the conceptual reaction, in addition to hy-
drocarbons and CO2, water is formed. The formation of a second phase is usually observed with
high degrees of deoxygenation [75]. High degrees of deoxygenation are achieved at high hydrogen
pressures. Pressures from 75 to 300 bar are needed to ensure a high solubility of hydrogen in the
oil and thereby a higher availability of hydrogen in the vicinity of the catalyst. The temperatures
can range from 250 to 450 ◦C [70,82]. ELLIOTT et al. investigated the influence in the hydrodeoxy-
genation of wood-based bio-oil on a Pd/C catalyst [83]. They found out that the oil yield decreased
from 75 to 56 % when increasing the temperature from 310 to 360 ◦C. The degree of deoxygena-
tion also increased with increasing temperature from 65 to 70 % [83]. Extensive cracking took also
place at reaction temperatures above 340 ◦C.
GRANGE et al. investigated the behavior of different model compounds in the hydrodeoxy-
genation [84]. They looked into the temperature of iso-reactivity (temperature required for a reac-
tion to take place) and the activation energy of different functional groups and molecules over a
Co−MoS2/Al2O3 catalyst. The values are listed in Table 4.2. The activation energy for ketones is
rather low and they can be deoxygenated at temperatures around 200 ◦C. To remove oxygen out
of more complex or out of sterically hindered molecules, i.e. ortho-substituted phenol or benzofu-
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Table 4.2: Activation energy (EA), temperature of iso-reactivity (Tiso) and H2 consumption for
different functional groups in HDO over a Co−MoS2/Al2O3 catalyst [84].
EA / kJ mol−1 Tiso / ◦C H2 consumption
Ketone 50 203 2 H2/group
Carboxylic acid 109 283 3 H2/group
Methoxyphenol 113 301 ≈ 6 H2/molecule
4-Methylphenol 141 340 ≈ 4 H2/molecule
2-Ethylphenol 150 367 ≈ 4 H2/molecule
Dibenzofuran 143 417 ≈ 8 H2/molecule
Table 4.3: Dissociation energy in kJ mol−1 of oxygen carbon bonds [86].
R−OR 343
Ar−OR 418
R−OH 385
Ar−OH 469
ran, higher temperatures are needed. The dissociation energy of oxygen carbon bonds in different
structures is shown in Table 4.3 and highlights the strong C−O bond in oxygen-containing aromat-
ics. The reactivity of molecules with different functional groups can be arranged in the following
order [75,85]:
alcohol > ketone > alkylether > carboxylic acid≈m-/p-phenol≈ naphthol
> phenol > diarylether≈ o-phenol≈ alkylfuran > benzofuran > dibenzofuran.
ROMERO et al. studied the hydrodeoxygenation of 2-ethylphenol (2-Et-PhOH) as a model com-
pound for a lignin-based pyrolysis oil on MoS2-based catalysts with Ni and Co as promotors
[87].
Their work is discussed more in detail since the model compound is the same as the one used in
the present work. The overall promoting effect of nickel was slightly higher than that of cobalt.
Their proposed reaction network is shown in Figure 4.19. This network consists of three reaction
pathways: the hydrogenation, the direct deoxygenation and the acid-catalyzed pathway.
The hydrogenation pathway (HYD) requires the hydrogenation of the aromatic ring, leading to
2-ethylcyclohexanol. Although not found in the reaction mixture by ROMERO et al. this HYD-
pathway can not be ruled out [87]. Via a dehydration of the alcohol, a mixture of two alkenes is
generated. The following hydrogenation of the double bond yields the alkane. This last reaction
step is very fast, since ethylcyclohexane was found in their experiments as the main product for
conversions above 20 mol%. The mechanism via the hydrogenation pathway is shown in Figure
4.20. The adsorption of the substrate takes place via the aromatic ring on a coordinatively un-
saturated site of the Mo−S phase. Hydrogen adsorbed next to the unsaturated sites leads to the
complete hydrogenation of the aromatic ring. The obtained 2-ethylcyclohexanol undergoes a de-
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Figure 4.19: Conversion of 2-ethylphenol over sulfided Mo-based catalysts and the possible re-
action mechanisms: hydrogenation pathway (HYD), direct deoxygenation (DDO)
and acidic pathway (ACI) after Ref. [87]. Products in brackets were not found by
ROMERO et al.
hydration over the acidic γ-Al2O3 support to form two cyclohexenes. Only one ethylcyclohexene
is shown in Figure 4.20 for simplicity. The adsorbed alkene undergoes a hydrogenation by a sec-
ond equivalent of hydrogen and desorbs as ethylcyclohexane. In the experiments of ROMERO et
al. the HYD pathway was the main route for the hydrodeoxygenation of 2-Et-PhOH [87].
The direct deoxygenation pathway (DDO) leads to ethylbenzene via a direct C-O bond scission.
ROMERO et al. reported that the hydrogenation of ethylbenzene to ethylcyclohexane did not occur
and assumed that HYD and DDO are parallel reaction pathways. The reaction mechanism of
the DDO pathway is shown in Figure 4.21. Hydrogen is dissociated leading to S−H and Mo−S
groups. The substrate 2-Et-PhOH adsorbs on a coordinatively unsaturated site via its oxygen atom.
A carbocation is generated by the addition of hydrogen from the preadsorbed hydrogen molecule.
This intermediate can undergo a direct C−O bond cleavage and ethylbenzene is released. The
remaining hydroxyl group is released under the formation of water [87].
The third reaction pathway involves the acid properties of the γ-Al2O3 support used. Dispropor-
tionation and isomerization are typical acid-catalyzed reactions and form oxygenated compounds
like phenol, 3-ethylphenol and diethylphenols [87]. The mechanisms for the disproportionation and
isomerization via transalkylation are shown in Figures 4.22 and 4.23, respectively.
Figure 4.22 shows only the disproportionation towards 2,6-diethylphenol and phenol for sim-
plicity. Via protonation at the ethyl group, a carbocation is formed (I), which reacts with a second
substrate to a bimolecular intermediate (II). The positive charge is transferred to the second phe-
nolic ring via deprotonation and additional re-protonation (IV). After the bond cleavage, phenol
is formed and the diethylphenol cation (V) is deprotonated via a hydride transfer. ROMERO et al.
discovered 2,4-, 2,5- and 2,6-diethylphenol as main byproducts in the disproportionation of 2-Et-
PhOH [87]. Isomerization (Fig. 4.23) can occur via an intramolecular mechanism by 1,2-ethylshift
or via an intermolecular mechanism by transalkylation. With weaker acid sites, the intermolecular
mechanism becomes more dominant [88].
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Figure 4.21: Mechanism of the direct deoxygenation (DDO) pathway of 2-ethylphenol on a
schematic MoS2-based catalyst after Ref. [87].
Figure 4.22: Disproportionation of 2-ethylphenol to phenol and 2,6-diethylphenol on acidic sites
after Ref. [87].
Figure 4.23: Isomerization of 2-ethylphenol to 3-ethylphenol via transalkylation after Ref. [87].
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4.5 Co-Fluid Catalytic Cracking
4.5.1 Co-Conversion of Real Feed
Co-processing of petroleum with feedstocks derived from renewable resources is offering several
advantages. The existing structure in a petroleum processing refinery, as well as already existing
catalysts and technologies can be used. This approach utilizes the existing refining infrastructure
and configuration. Furthermore, only little or no additional investments have to be made in order
to co-process a second feedstock in the petroleum industry. Out of the many processes run in
a modern refinery, Fluid Catalytic Cracking (FCC) is the process which may be best suited for
co-processing a fossil and bio-feed. FCC is very important in petroleum refineries because of
its flexibility to adapt to changing feedstocks and product demand [89]. In order to co-process a
bio-feed in conventional FCC units, i.e. Co-FCC, the bio-feed needs deoxygenation as mentioned
in Chapter 4.4.2 to remove most of the oxygen and to better adapt the chemical composition of
the bio-feed towards the conventional fossil feed. Therefore, most publications are dealing with
the conversion of vacuum gas oil (VGO) together with hydrotreated bio-oils. Patents about Co-
FCC can also be found, but mostly explain the technical setup or modifications of FCC units,
respectively [90–94].
MERCADER et al. have prepared HDO oils with different oxygen contents (17 to 28 wt.-%) and
studied the conversion of blends consisting of these HDO oils together with a VGO oil in a MAT
unit on an equilibrated FCC catalyst [95]. Product yields are given in Table 4.4. The more the HDO
oil is hydrotreated, i.e. the lower the oxygen contents in the HDO oil, the lower the coke and dry
gas yields at constant conversion. Despite the significant differences between the properties of the
HDO oils, similar and promising results were obtained from their co-processing with a VGO oil.
Co-feeding the HDO oils, even with a high oxygen content of 28 wt.-%, resulted in similar product
yields as those obtained from pure VGO conversion. Gasoline yield was 44 % when converting
pure VGO and between 40.2 to 43.5 % for co-processing of both oils. However, processing pure
HDO oil resulted in an increase of undesired products like coke and dry gas accompanied by a
reduction of favored products like gasoline and LCO [95].
FOGASSY et al. also studied the influence of an HDO oil when co-feeding it with a VGO
oil [96]. They used a mixture of 80 wt.-% VGO and 20 wt.-% hydrodeoxygenated pyrolysis oil
and an equilibrated FCC catalyst containing about 15 wt.-% zeolite Y. When converting the mixed
feed, yields of dry gas and coke increased compared to the conversion of the pure VGO. Just
as MERCADER et al., they also observed about the same yields of gasoline and LCO for both,
VGO and VGO+HDO conversion. However, during co-processing oxygen removal from HDO oil
consumes hydrogen coming from hydrocarbon cracking. The result is a product mixture, which is
poor in hydrogen and contains more coke, aromatics and olefins. Additionally, the phenol fraction
was not converted completely [96].
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Table 4.4: Product yields at 60 % conversion after catalytic cracking of 20 wt.-% HDO oils con-
taining different levels of oxygen together with a VGO oil (blend) in a MAT unit at
560 ◦C reported by MERCADER et al. [95]. Yields and oxygen contents are given in
wt.-%.
pure VGO Blend
Oxygen content in HDO oil - 28 25 23 16 17
Cat/oil ratio 3.1 4.3 3.4 3.4 3.7 3.8
LPG yield 8.5 10.1 9.4 9.6 8.9 9.2
Gasoline yield 44.0 40.2 41.7 43.4 43.5 43.0
LCO yield 25.2 21.3 22.2 22.5 23.8 24.0
Dry gas yield 1.5 2.3 2.1 1.8 1.9 2.0
Coke yield 5.9 7.2 6.6 5.2 5.5 5.8
HCO, slurry oil and COX 14.8 10.8 11.0 11.6 12.2 12.0
Water - 7.9 6.7 5.7 3.9 3.9
SAMOLADA et al. converted a hydrotreated pyrolysis oil together with an LCO oil [97]. They
observed an increase in the conversion of the feed mixture from 18 to 32 wt.-% when increasing
the temperature from 500 to 550 ◦C in a MAT fixed bed unit. To prevent the formation of additional
gas and coke, the reaction should not be performed at even higher temperatures.
Catalyst deactivation during FCC via coking is severe, although necessary for the process to
gain energy for the cracking reactions. The deactivation observed during the co-processing of
an HDO oil with petroleum-based fractions is not as severe or rapid as that witnessed during
processing pure bio-oil feedstocks but is still quite substantial, even when converting bio-oils that
have been deoxygenized [89]. FOGASSY et al. reported that more coke was formed on the catalyst
when co-processing than for the conversion of pure fossil-based oils like VGO or LCO [96]. At
X = 75 %, the coke yield is only slightly increasing from 3.8 to 4.1 %. But at higher conversion
(X = 85 %), the coke yield is increased from ca. 4 to 7 %, when changing the feedstock from
pure VGO oil to a mixture of VGO and HDO oil (80 and 20 wt.-%) [96]. SAMOLADA et al. even
observed an increase of 56% in coke yield when adding 15 wt.-% HDO to an LCO, compared to
cracking of the pure LCO feed [97].
Same tendencies towards higher coke yields were found by GUEUDRÉ et al [98]. Converting
pure VGO resulted in a coke yield of 2.1 wt.% at a mcatalyst/moil ratio of 3. When using a mixed
feedstock with 80 and 20 wt.-%, the coke yield increased to 3.8 wt.-% [98]. The technical feasibility
of co-cracking the two oils was demonstrated by the Brazilian petrochemical company Petrobras
in a demonstration scale unit with a share of the bio-oil of up to 10 % [11,99,100]. The alkylphenol
concentration increased in the gasoline and diesel fraction after co-conversion [100].
As the coke is burnt off in the regenerator of the FCCU, a higher formation of coke on the
catalyst may result in a regenerated catalyst with a higher temperature. This could lead to a severe
hydrothermal and irreversible deactivation of the catalyst particle. Other parameters could be used
to solve this problem, i.e. such as higher gas space velocity in the regenerator to remove the heat
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excess generated by coke burning [98]. On the other hand, too little coke make could result in
insufficient thermal energy during the coke combustion. As the cracking process is endothermic,
this may lead towards low conversion. The problem with too much or too less coke on the catalyst
can be controlled by the mcatalyst/moil ratio. A rule of thumb in FCC operation states that an
increase of 0.1 wt.% in delta coke ( = mcoke ·m−1catalyst ·moil) increases the regenerator temperature
by 20 ◦C [98]. Given this fact, catalyst coking is a crucial parameter for FCC operation.
The used catalytic active component in FCC catalyst particles is an ultra stabilized zeolite Y
(USY). This zeolite contains not only micropores but also mesopores that are created during the
stabilization process. By applying physisorption experiments on fresh USY before and spent
USY after the reaction, the plugging of the pores by coke can be found inside or close to the
micropores [98]. TEM images have also revealed that the mesopores are almost coke-free and
coking applies preferentially to the micropores.
The coke chemistry under VGO/bio oil co-processing conditions in a MAT unit was also studied
by GUEUDRÉ et al. [98]. Via the 14C method (radiocarbon), it is possible to distinguish between
carbon from fossil and biological origin. Fossil oils are almost 14C-free, while biological mass
contains the "natural" amount of 14C. Besides the higher coke make during co-processing, the
coke from fossil origin also increases, as shown in Figure 4.24. Only a part of the additional coke
comes from the bio-carbon contained in the mixed feed [101].
0 1 2 3 4 5
VGO
VGO+HDO
Coke yield / wt.-%
Fossil carbon Bio-carbon
Figure 4.24: Bio and fossil carbon distribution in coke during the conversion of mixed feed
(9 wt.-% HDO and 91 wt.-% VGO) on an E-FCC catalyst as observed by GUEUDRÉ
et al. after Ref. [98]. Coke yield for pure VGO conversion is given for comparison.
Two cracking routes were proposed by GUEUDRÉ et al. in order to understand the additional
coking of the catalyst under co-processing conditions [98]. First, the conventional cracking route
for the oxygen-free VGO feed with fossil hydrocarbons. Second, the fate of all the oxygenated
compounds contained in the bio-oil, such as sugars and its derivatives, residual phenolics, furanics
and lignin fragments leading to bio-coke [98]. Both pathways are shown schematically with model
compounds in Figure 4.25. The conventional cracking route of a VGO oil is shown with n-heptane
as model compound. In the first step, it is cracked into C4 and C3 olefins and alkanes. Then,
following reactions lead to the formation of higher olefins, dienes, cyclic dienes and polyaromatic
hydrocarbons (PAHs), also described by GUISNET and MAGNOUX [102]. These coke precursors
form a graphitic coke in the micropore system. Brønsted acid sites apparent by the FAL and mostly
located in the micropores are therefore blocked and no longer available in the reaction.
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The essential of biomolecules chemistry is assumed to proceed outside of the micropores. Only
molecules with a kinetic diameter below 7.4 Å can penetrate the USY supercage. But the mean
diameter of lignin oligomers is between 50 to 100 Å and reaction of these molecules takes place
preferentially inside the meso- or macropores [98]. Lewis acid sites of the EFAL deposits act as ac-
tive centers via an interaction with Brønsted FAL centers [103]. The oxygenated bio-molecules are
assumed to be cracked via hydrogen transfer occurring from the alkanes produced by the conven-
tional VGO cracking route, to form both lighter hydrocarbons and variously substituted phenolic
molecules [98]. Methoxylated and alkylated phenolics show a poor reactivity in the activation by
Lewis or Brønsted acid sites [80]. Therefore, these molecules remain the main oxygenated products.
They easily undergo thermal repolymerisation via decarbonylation steps followed by a progressive
conversion into polyaromatic hydrocarbons as bio-coke precursors.
The thermal degradation of phenolics was studied by ASMADI et al. at 600 ◦C under ni-
trogen [104]. Almost all used alkylated or methoxylated phenolics and catecholics (hydroxyphe-
nolics) were degraded at this temperature, with phenol and 2-ethylphenol showing the highest
thermal stability and no degradation [104]. The formed products were naphthalene, anthracene
and other polyaromatic coke precursors. Under co-processing conditions, the formation of oxy-
genated xanthene-type compounds (tricyclic aromatic ethers) via a thermal degradation is also
very likely [98].
GAYUBO et al. and VALLE et al. converted volatile oxygenates into hydrocarbons on Ni-
modified H-ZSM-5 catalysts at 450 ◦C after polymerization of phenolic compounds from a pyrol-
ysis bio-oil [105,106]. They concluded that the coke deposited on the catalyst comes from both cat-
alytic and thermal condensation. It contains significant contents of oxygenates and oxo-aromatics
and consists of two fractions, corresponding to external and internal coke located in the meso- and
micropores of the zeolite, respectively.
LI et al. also observed the occurence of higher oxygenated molecules, when cracking bio model
compounds like guaiacol [107]. Catalytic cracking of the phenolic guaiacol produced more coke as
compared with acetic acid and cyclopentanone, which can be accounted for by the ring structure
of guaiacol and direct polymerization and polycondensation on the catalyst surface [107]. Main
products with guaiacol as feed were polycyclic aromatic hydrocarbons and phenols leading to the
strong production of coke.
The synergy between the fossil and bio route is shown in Figure 4.25 and allows the cracking
of lignin fragments via a hydride transfer reaction. Isobutane is shown as a stable intermediate in
cracking reactions of hydrocarbons. Its structure gives rise for a hydride transfer to the pool of bio-
molecules and therefore assists cracking of the lignin compounds. Enhancing the hydride transfer
from light hydrocarbons towards oxygenates, the co-processing favors indirectly the aromatization
of the liquid products. Therefore, the fossil coke formation also increases as shown in Figure 4.24.
GUEUDRÉ et al. also noted that the importance of the hydride transfer reaction depends on the
nature and composition of the added bio-oil [98].
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The main points of impact when converting HDO oil together with a fossil-based oil were
summarized by AL-SABAWI et al. [89]:
1. When converting a mix of HDO and fossil-based oils, a lower conversion is usually ob-
served.
2. Co-processing bio-feedstocks with petroleum feedstocks yields more low-value dry gas than
processing conventional FCC feedstocks.
3. During co-processing, synergetic reactions take place, leading to decreased formation of
olefins but increased formation of aromatics and saturated compounds via hydrogen transfer
reactions.
4. Catalyst deactivation is more severe for co-processing as that during processing conven-
tional feed.
5. The product from co-processing HDO oil and petroleum feedstocks contains oxygenated
compounds, such as phenols and alkylphenols.
6. Oxygen in the feed blend is mainly converted to water.
4.5.2 Co-Conversion of Model Compounds
To better understand the effect of adding a bio-oil to a VGO oil in FCC operations, much work
in the literature is dealing with model compounds. To simulate a VGO oil, mostly parrafinic hy-
drocarbons are used. However, the choice of a model compounds to mimic the bio-oil is more
difficult. The bio-oil (pyrolytic or hydrotreated) consists of a complex mixture of different com-
pounds in different quantities, as mentioned in Chapter 4.4. As the process of converting a VGO
oil in FCC has been studied for a long time, work about co-processing a VGO oil with bio model
compounds can also be found in literature.
GRACA et al. have published several reports describing the use of bio model molecules like
acetic acid, hydroxyacetone, phenol or guaiacol [108–114]. They performed catalytic cracking of
methylcyclohexane and n-heptane in the presence of phenol or guaiacol over zeolites Y and ZSM-5
(the most active phases on the FCC catalyst) in a fixed-bed reactor at 350 and 450 ◦C [109–113]. The
addition of phenolic molecules led to a strong deactivation over time on stream (TOS), due to
the adsorption on the Brønsted and Lewis acid sites [71]. A strong deactivation was seen from the
beginning of the reaction when converting n-heptane with 4 % phenol. On the contrary, when
converting methylcyclohexane with the same amount of phenol, the deactivation effect was no-
ticed only after a few minutes on stream. GRACA et al. concluded that cracking of n-heptane
needs stronger acid sites than the cracking of methylcyclohexane. Phenol tends to first adsorb
on the stronger acid sites, being then retained on the weaker ones [71]. Cracking of n-heptane
on ZSM-5 (compared to zeolite Y) is less affected by the presence of phenolic molecules than
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methylcyclohexane. The diffusion of the alkane in the small pores of ZSM-5 is more favoured
than that of the methylcylcohexane. They also concluded that the effect of phenol adsorption in-
side the ZSM-5 pores would be stronger over the reduction of methylcyclohexane’s accessibility
to the active sites [71]. Density functional theory (DFT) calculations have shown that phenol is
preferentially adsorbed on the HY zeolite with an adsorption energy of −80 kJ mol−1 in contrast
to the HZSM-5 zeolite (−60 kJ mol−1). Breakthrough adsorption curves measured on the pure
zeolites showed the same characteristic. The carbon content of the coked catalysts is increasing
with increasing amount of HY zeolite in the catalyst mix and with increasing phenol content in the
feed, confirming the observations above. The progressive addition of the HZSM-5 zeolite to the
HY decreases the initial ratio of selectivities of paraffins to olefins and of iso- to n-paraffins and
increases the formation of C1 and C2 species. With a raising phenol concentration in the feed, the
selectivity ratio of paraffins to olefins is increasing due to a strong effect of phenol alkylation [114].
According to GRACA et al., the greater the size of the phenolic molecules in the mixed feed, the
lower is their effect on the hydrocarbon transformation over the ZSM-5 zeolite. Bulky oxygenated
molecules are preferentially adsorbed on the outer surface of the zeolite, from which they are
more easily removed at higher temperatures [71]. Smaller phenolic compounds may enter the pore
system and an increase of the temperature does not limit the effect of deactivation.
DOMINE et al. converted isooctane with acetic acid, acetone and isopropanol over an industri-
ally equilibrated FCC catalyst [115]. The oxygenated compounds also affected the degree of isooc-
tane conversion. High levels of coke on the catalyst were formed when co-feeding the oxygenated
molecules. Reaction-regeneration cycles were performed, which gave no severe difference in pure
isooctane conversion from one experiment to the other. However, acetone as co-feed resulted in
a strong catalyst deactivation after several cracking cycles. The addition of acetic acid or iso-
propanol led to a decreased conversion of the alkane, but no change in conversion was observed
over the amount of reaction cycles [115].
Experiments have also been performed at conditions close to the FCC process in a fluidized
bed ACE reactor over an E-CAT and ZSM-5 as an additive at 530 ◦C. The model compounds
acetic acid, hydroxyacetone, phenol and guaiacol were used by GRACA et al. for this [108,113].
Under FCC conditions, acetic acid and hydroxyacetone mainly increased the fuel gas and liquefied
petroleum gas (LPG) fractions. Acetic acid and hydroxyacetone were converted into methane,
light olefins, CO and CO2. Phenolic compounds improved the gasoline yield while methyl- and
ethylphenols and an increase of water and benzene, compared with pure gasoil conversion, was
found [71]. They concluded that up to 10 wt.-% of oxygenated compounds could be processed
without major problems to the FCC unit, with the exception of phenol, which might be critical due
to the benzene content specifications in the gasoline (max. 1 vol.-%) [108].
The group around RESASCO examined the transformation of anisol (methoxybenzene) in the
presence of hydrocarbons such as propylene, n-decane, benzene and tetralin [116]. Main products
from pure anisol conversion were phenol, cresols, xylenols and methyl anisoles. The deactivation
effect of the aromatic oxygenated substrate was reduced by the addition of a co-substrate with a
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Scheme 1. Proposed reaction pathway for m-cresol conversion over zeolites.
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Fig. 10. Evolution of product yields and unreacted m-cresol with pulse number (1.5 mol  each) in the reaction of m-cresol over (a) HY and (b) HZSM-5 zeolites at 500 ◦C.
considerable differences in the conversion of m-cresol over HY
compared to that with HZSM-5 due to the differences in their pore
structure. The results in Fig. 1 show that m-cresol was  trapped
more efﬁciently and formed more carbonaceous deposits on HY
than that on HZSM-5. As a result, more products were released
from HZSM-5 than from HY, but the selectivities to aromatic and
phenolic products were similar for the two zeolites, as shown in
Fig. 3.
An interesting difference is observed in the distribution of aro-
matic products. The selectivity to benzene was higher on HZSM-5
than on HY (Fig. 3). Signiﬁcant differences in aromatic yields and
selectivities were observed not only in the pulse experiment, but
also in the TPDe of the phenolic pool, as shown in Table 1. With the
same amount of m-cresol adsorbed on 50 mg  of the catalysts, the
TPDe of the spent HZSM-5 yielded six times more aromatics than
the TPDe of the spent HY zeolite. Furthermore, the benzene/toluene
ratio was also higher from the TPDe of HZSM-5 than HY, consistent
with the results of the pulse experiments (Fig. 4). The similarities
in the aromatic production trend in the pulse experiment and TPDe
of the phenolic pool over HY and HZSM-5 zeolites consolidate the
hypothesis of aromatic production from the phenolic pool.
In the pulse experiments of Section 3.1, deactivation was negli-
gible because the amount of m-cresol in each pulse (0.15 mol) was
very small compared to the amount of catalyst. Therefore, in order
to compare the stability of the two zeolites and study the changes
in product yield upon catalyst deactivation, the concentration of
the m-cresol pulse (11.3 mol%), and hence the amount of m-cresol
in each pulse, was increased 10 times to 1.5 mol, and only 50 mg
of catalyst was used. Fig. 10 shows the evolution of product yields
and unreacted m-cresol as a function of pulse number from the
reaction of m-cresol at 500 ◦C over HY and HZSM-5 zeolites. It is evi-
dent that the deactivation is much more pronounced on HY than on
HZSM-5. Over HZSM-5, the product yields almost did not change
with pulse number, while over HY zeolite, the total output gradually
increased with pulse number due to a larger amount of pheno-
lics and unreacted m-cresol. This trend indicates that less phenolic
compound get trapped as the catalyst deactivates. The yield of aro-
matic products only decreased slightly because they are produce
from the surface pool, rather than from a reaction on a vacant cat-
alyst site. At an even higher extent of deactivation, the selectivity
to aromatic products decreased considerably. That is, aromatics are
major products in the output in the 1st pulse, but phenolics become
dominant in the 10th pulse. With the higher m-cresol concentration
used in this set of experiments, the fast deactivation of the HY zeo-
lite is probably due catalyst pore blockage. By contrast, on HZSM-5
although m-cresol is also trapped to a signiﬁcant extent, the cata-
lyst deactivation is not apparent since the cracking of the phenolic
pool continues operating and yielding aromatics as the dominant
products.
It is known that the amount and deactivating effects of carbona-
ceous deposits on zeolites strongly depend on their pore structure
[41,51,52]. The HY zeolite, with a relatively large void/aperture
size ratio [53], has a higher trapping ability than ZSM-5, which
has similar cavity and channel sizes. Steric constraints in ZSM-5
restrict the formation of carbonaceous deposits, which proceeds via
bimolecular reactions and produce smaller coke molecules com-
pared to that in Y zeolite. While the coke in Y zeolite contains
large polyaromatic hydrocarbons, the coke in ZSM-5 usually has
one or two  aromatic rings with connected alkyl chains. Coke forma-
tion in conversion of oxygenated compounds also depends on the
Figure 4.26: Reaction pathway for m-cresol over zeolites by formation of a phenolic pool on the
catalyst surface reprinted with permission from Elsevier [117].
good hydride transfer ability. They concluded that a phenolic pool is formed on the zeolite as illus-
trated in Figure 4.26 by condensation, isomerization and transalkylation of phenolic species [117].
Cracking and an hydride transfer reaction is able to yield aromatics and to diminish the phenolic
pool. Especially tetralin was able to reduce the coke formation and to restore the catalyst ac-
tivity [116]. Higher concentrations of the paraffin co-substrate diminish the deactivating effect of
m-cresol [118].
Although many studies in literature were conducted with model compounds and zeolites as
catalysts, m st of these are li ited to th conventional zeolit Y r ZSM-5. Also, they are mostly
used in a fresh, not hydrothermally treated form. Due to the harsh conditions in FCC however,
zeolites c talyze the reaction in a deactivated form. Therefor , studies dealing with the conversion
of mode compounds ver a broad variety f hydrothermally deactivated zeolites ar needed, but
issing in literature.
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Motivation and Task
The present work was part of a research project named FASTCARD (FAST industrialization by
CAtalysts Research and Development) funded by the European Union. One of the goals in this
project was to explore the opportunities to co-convert a bio-based together with a fossil-based
feed in an existing Fluid Catalytic Cracking (FCC) unit. Studies on an industrial level and on lab-
scale are necessary to fully understand the impact of a biogenic co-feed in this Co-FCC process.
These include the selection of optimal process conditions in the FCC unit itself and during the
hydrogenative pretreatment of the bio-feed, as well as an optimized catalyst system.
The desired properties for an optimal catalyst in Co-FCC compared with conventional FCC are:
a higher or similar conversion and lower or comparable coke deposition with equal or improved
product quality. Furthermore, a high degree of hydrothermal stability of the catalyst is needed, and
its production route should be price-competitive. Another objective is the reduction of strategic
resources such as rare-earth metals.
The derived task of this thesis was the evaluation of the suitability of different zeolitic materials
for an application in Co-FCC. First, several materials were tested for their hydrothermal stability.
Under the harsh conditions in the regenerator of an FCC unit, this is one of the selection criteria.
Afterwards, stable materials were subjected to activity tests in the catalytic cracking of model
compounds. The vacuum gas oil was to be modeled with n-decane, representing a paraffinic feed.
Since bio-oils are a mixture of different oxygenated and oxygen-free compounds with a broad
variety of functional groups, the choice of a representative species is not that trivial. However,
phenol and its alkylated analogue structures appear as the most problematic oxygen-containing
molecules in a partially hydrotreated bio-oil. Therefore, the influence of 2-ethylphenol on the
catalytic cracking of n-decane was studied on hydrothermally treated catalysts. In particular, the
deactivation behavior and the change in product composition were of interest. In this way, the
optimal zeolite structure and the most suitable catalytically active phase for a Co-FCC catalyst
were to be defined. Once a suitable material was found, further investigations were planned.
Those concern the influence of the number and strength of acid sites as well as the effect of the
pore system on the deactivation and product selectivities with non-hydrothermally treated catalysts
to understand the effect of phenolic compounds on the cracking of hydrocarbons.

6
Experimental Section
6.1 Applied Chemicals
The chemicals used in this work are given in Table 6.1 together with their manufacturer and purity.
Table 6.1: Used Chemicals, their manufacturer/supplier and purity.
Chemical Manufacturer/Supplier Purity
2-Ethylphenol Sigma-Aldrich > 99 %
Ammoniumnitrate Merck > 99 %
n-Decane Sigma-Aldrich ≥ 99 %
Sulfuric acid Merck conc.
Tetradecyltrimethylammoniumbromide Acros > 99 %
Pyridine Aldrich ≥ 99 %
Sodium aluminate Riedel 50 % Al2O3, 50 % Na2O
Sodium hydroxide unknown > 99 %
Sodium silicate Merck 27 % SiO2, 8 % Na2O
6.2 Preparation of the Studied Materials
6.2.1 Origin of Materials
The zeolites investigated in Section 7.2 are summarized in Table 6.2 with their manufacturer or
supplier as well as their sample designation. Zeolites that were synthesized in former works at the
institute are marked as "In house synthesis". Zeolite Beta from Clariant (supplied by GRACE) was
used in the hydrothermal treatment and activity studies. Leaching experiments were performed on
zeolite Beta from Uetikon. The manufacturer and origin details of the faujasite zeolites described
and discussed in Sections 7.3 and 7.4 are listed in Table 6.3.
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Table 6.2: Origin of materials applied in the hydrothermal treatment and/or used in Section 7.2.
Material Manufacturer/Supplier Batch No. Sample designation
RE-USY GRACE SP14-0107 RE-USY(2.8)
USY GRACE SP14-0106 USY(2.9)
Y GRACE SP14-0128 Y(2.8)
Beta Clariant/GRACE SP15-0304 Beta(17.7)
MCM-22 SINTEF - MCM-22(14.6)
ZSM-5 GRACE SP15-0305 ZSM-5(13.9)
[Fe]ZSM-5 GRACE SP15-0065 [Fe]ZSM-5(11.4)
P2O5-ZSM-5 GRACE SP15-0306 P2O5-ZSM-5(15.7)
EMC-2* - - EMC-2(4.2)
NU-87* - - NU-87(17.7)
ITQ-2* Dennis Wan Hussin - ITQ-2(43.9)
EU-1* Michael Fritz 023/5 EU-1(19.5)
L Tosoh 50KA8802 L(3.3)
ZSM-11* Andreas Raichle - ZSM-11(33.2)
ZSM-12* Andreas Raichle - ZSM-12(59.2)
ZSM-22* Michael Fritz 008/20 ZSM-22(41.0)
ZSM-23* Michael Fritz 010/20 ZSM-23(48.1)
ZSM-35* Michael Fritz 028/5 ZSM-35(8.1)
ZSM-48* Michael Fritz 022/20 ZSM-48(86.2)
ZK-5* - - ZK-5(3.5)
Amorph. SiO2-Al2O3 Akzo Nobel HA-S-HDV SiO2-Al2O3(2.8)
Amorph. SiO2-Al2O3 Akzo Nobel 54563 SiO2-Al2O3(5.9)
*: In house synthesis.
-: not applicable or details not found.
Table 6.3: Manufacturer, batch and description of zeolites discussed in Sections 7.3 and 7.4.
Manufacturer Batch No. Zeolite description Sample designation
GRACE SP14-0128 Y zeolite NH4-Y(2.7)-2.18
Tosoh 32HA3Y01 320HOA NH4-Y(2.9)-1.27
Sued-Chemie 5000-N-0001-16 CBV500 NH4-Y(2.9)-1.30
GRACE SP14-0106 USY USY(2.9)-0.94
GRACE SP14-0106 USY NH4-USY(3.0)-1.42
Tosoh 33UA4701B 330HUA NH4-Y(4.2)-0.83
Conteka 51-90-002 CBV712 NH4-Y(5.6)-0.77
Tosoh 35UA3Y02 350HUA NH4-Y(6.0)-0.84
Tosoh 36UA5801 360HUA NH4-Y(7.5)-0.15
Zeolyst 72004N002318 CBV720 NH4-Y(15.1)-0.54
Zeolyst 78004N000508 CBV780 NH4-Y(41.8)-0.14
Tosoh 38UA5302 385HUA NH4-Y(46.1)-0.11
Uetikon 18.1.1996 Beta Beta(11.5)-0.59
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6.2.2 Leaching of Zeolite Beta
The different nSi/nAl ratios of the Beta zeolites were achieved by a basic leaching procedure
similar to the one described by VERBOEKEND et al. [119]. About 15 g of parent Beta zeolite
(Uetikon) with nSi/nAl = 11.5 were added to 500 mL of a sodium hydroxide solution at 65 ◦C
with a varied concentration of the basic solution of 0.1 to 0.8 mol L−1. The suspension was stirred
for 30 min. Afterwards, the zeolite was washed with demin. water under repeating centrifugation
until a neutral pH was obtained. Leached and parent Beta samples were subjected to the same
aqueous ion exchange as the other materials.
6.2.3 Synthesis of MCM-41 Containing Aluminum
32 g of Tetradecyltrimethylammoniumbromide were dissolved in 115 g demin. water. To the
stirred solution, 37.4 g of sodium silicate and a suspension of sodium aluminate were added. For
MCM-41 with nSi/nAl = 27, 0.83 g of sodium aluminate in 5 g water were used, and for the sample
with nSi/nAl = 15, 5.01 g were suspended in 5 g of water. The solution was stirred vigorously and
2.4 g of concentrated sulfuric acid in 10 g water were added drop wise. The resulting gel was
aged in a teflon-lined autoclave for 18 h at 150 ◦C. After cooling, the precipitate was washed with
water and ethanol and dried at room temperature. The removal of the template was performed by
calcination at 500 ◦C for 15 h with a heating rate of 1 Kmin−1.
6.2.4 Ion Exchange
Zeolites were analyzed for their sodium content and were transformed into a sodium-free form
by an aqueous ion exchange. 50 mL of a 1 M NH4NO3 solution per gram zeolite were used.
The dispersion was stirred at 80 ◦C over night and filtered. This procedure was repeated until the
zeolite was exchanged three times in total. After the final filtration, the filter cake was washed
nitrate-free with demin. water. The nitrate content in the filtrate was analyzed with a Quantofix
nitrate dipstick.
6.2.5 Pressing and Sieving
Materials that were hydrothermally deactivated or applied as catalyst in the reaction setup, had to
be transformed into a certain particle size in order to avoid pressure losses in either of the setups.
Thus, their powder form was pressed at approx. 140 kN for at least half an hour. The obtained
pellet was crushed in an agate mortar afterwards. Sieving of the crushed material led to a particle
size of 200 to 315 µm. Materials that were directly used as a catalyst were placed in a desiccator
over a saturated calcium nitrate solution before determination of the water content.
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6.3 Characterization of the Catalysts
6.3.1 X-Ray Diffraction
X-ray powder diffraction (XRD) was used to analyze the christallographic phases of the studied
materials. A powder diffractometer D8 Advance manufactured by Bruker with a CuKα radiation
and an excitation voltage of 40 kV and a current of 30 mA was used. The measuring program was
the following:
• Diffraction angle from 3 to 50◦ in 2θ ,
• step size of 0.0165◦,
• 0.2 s per step,
• total of 2851 steps.
6.3.2 Thermogravimetric Analysis
The used catalyst mass in the catalytic experiments is based on the dry mass of the catalyst. In or-
der to determine the water content of the catalyst before the catalytic experiment and the amount of
coke on the catalyst after the reaction, thermogravimetric analysis (TGA) was performed. About
15 to 20 mg of the sample were weighed into a corundum cup. During heating, mass loss was
recorded. Before measurement, the materials were stored in a desiccator over a saturated calcium
nitrate solution for at least 24 h. Analyses were performed by Barbara Gehring and Dennis Beier-
lein. The temperature profile under nitrogen for the determination of the water content was the
following:
20 ◦C 20 Kmin
−1−−−−−−→ 600 ◦C .
The amount of coke on the used catalysts after the reaction was determined under synthetic air
with the following temperature profile:
20 ◦C 5 Kmin
−1−−−−−→ 950 ◦C 1 h−→ 950 ◦C .
The determination of the amount of coke on the catalyst generated during the reaction was
performed as following: The total mass of coked catalyst mcoke+zeolite+H2O studied is
mcoke+zeolite+H2O = mcoke+mH2O+mzeolite. (6.1)
TGA analysis directly determines the percentage of mass of water adsorbed on the catalyst mH2O
and the percentage of the total amount of coke mcoke by two plateaus. The percentage of the dry
mass of the underlying zeolite with no coke mzeolite can therefore be calculated by Equation 6.1.
The mass fraction of coke wcoke referring to mzeolite was defined by
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wcoke =
mcoke
mzeolite
·100%. (6.2)
6.3.3 Chemical Analysis
The elementary chemical composition of the catalysts was determined via optical emission spec-
troscopy with inductively coupled plasma (ICP-OES) on a Vista-MPX CCD Simultaneous ICP-
OES manufactured by Varian. About 50-90 mg of the sample were weighed in and solubilized by
a mixture of 3 mL hydrofluoric acid (10 wt.-%) and 6 mL aqua regia (1.5 mL HNO3 (65 wt.-% )
and 4.5 mL HCl (32 wt.-%)) in a microwave oven. The solution was diluted with demin. water to
250 mL and analyzed. Sample preparation and analysis were performed by Heike Fingerle.
6.3.4 MAS NMR Spectroscopy
The solid-state NMR studies were carried out on a Bruker AVANCE III 400WB spectrometer using
a 4 mm MAS NMR probe. The 1H, 13C, and 27Al MAS NMR spectra were recorded at resonance
frequencies of 400.1, 100.6, and 104.3 MHz, respectively. The 1H and 27Al MAS NMR spectra
were obtained upon single-pulse excitation with pulse excitations of 2.6 (pi/2) and 0.6 µs (< pi /8)
and repetition times of 20 and 0.5 s, respectively. The 13C CPMAS NMR spectra were recorded via
cross polarization (CP) with contact pulses of 4 ms and a repetition time of 4 s. The 1H MAS NMR
studies were performed using zeolite samples in their ammonium-form, which were dehydrated at
180 ◦C under vacuum prior to analysis. Evaluation was made by comparing the ammonium signals
of the samples under study with that of an external intensity standard (dehydrated zeolite H,Na-Y
with cation exchange degree of 35 %). For the determination of the relative intensities in the 1H
MAS NMR spectra, the Bruker software TOPSPIN 3.1 was utilized. Prior to the 27Al MAS NMR
measurements, the zeolite samples were hydrated in a desiccator over a saturated aqueous solution
of Ca(NO3)2 for at least 12 h. The
1H and 13C CPMAS NMR studies of the carbon deposits on
the spent zeolite catalysts were carried out after cooling down from reaction temperature to room
temperature within 12 h under flowing nitrogen gas. The measurements were performed by Utz
Obenaus, Swen Lang and Michael Hunger.
6.3.5 Nitrogen Physisorption
To characterize the specific surface area, the method of N2 physisorption was chosen. Measure-
ments were performed with an Autosorb-3B manufactured by Quantachrome at 77 K in liquid
nitrogen. The evaluation of the measurements was performed by the ASiQwin (version 3.01)
software. Samples were degassed under vacuum for 16 hours at 350 ◦C prior to adsorption. BET-
surface areas were determined within the linear relative pressure range of p/p0 = 0.01−0.3 [120].
To distinguish between the contribution of micro- and mesopores to the total BET surface area,
the t-plot method was chosen. Evaluation via the t-plot method was performed within the range
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of p/p0 = 0.2−0.4. Total pore volume was obtained at p/p0 > 0.95. Mesopore size distribution
was obtained by the BJH method from the desorption branch of the isotherm [121].
6.3.6 Ammonia TPD
The characterization of the amount of acid sites was conducted by means of temperature-program-
med desorption of ammonia (NH3-TPD). An Autosorb iQ manufactured by Quantachrome was
used. Measurements were performed by Robin Himmelmann. Before the measurement, the sam-
ple was degassed by the following temperature ramp under nitrogen to remove physisorbed water
from the zeolite surface:
room temperature 2 Kmin
−1−−−−−→ 480 ◦C 2 h−→ 480 ◦C .
Afterwards, TPD measurement was started with the following parameters:
• ammonia loading at 150 ◦C for 1 h with NH3,
• flushing of weakly bound NH3 for 90 min with helium,
• desorption of NH3 with a temperature ramp of 10 Kmin
−1 to 750 ◦C under helium.
The TPD measurement step was repeated with the same sample in the sample cell to distinguish
between signals originating from ammonia TPD and dehydroxylation of the zeolite framework. A
similar height/mass of the zeolite bed was used for all samples to reduce the influence of possible
readsorption effects as much as possible. After analysis, the TPD signals were normalized to the
dry mass of the investigated zeolite.
6.3.7 Infrared Spectroscopy
6.3.7.1 Ad- and Desorption of Pyridine
To characterize the strength and the amount of acid sites, infrared (IR) spectroscopy with pyridine
as probe molecule was applied on some samples. Some measurements were conducted by Alexis
Schmidt and Roman Boldushevskii. A Vector 22 spectrometer manufactured by Bruker was used
for this purpose. The spectrometer was equipped with a high vacuum flow-through cell to measure
samples at low pressure and to allow the ad- and desorption of probe molecules. The sample was
pressed for 30 min into a thin disc. Afterwards, a sample piece in a rectangular shape was cut
out of it with a razor blade. The rectangular wafer was placed in the sample holder, put into
the flow-through part of the apparatus and was sealed air-tight. Desorption of water from the
sample was conducted at 350 ◦C for 16 hours over night at a pressure of 2 · 10−9 mbar and a
subsequent cooling to 150 ◦C. The infrared measuring cell was always heated to 80 ◦C and before
adsorption of the probe molecule, the sample was analyzed in its dehydrated state to obtain a
sample background spectrum. Adsorption of pyridine took place at 150 ◦C and a partial pressure
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of 3.3 ·10−2 mbar for 30 min. Reversibly coordinated pyridine was released in a desorption process
at the same temperature for 1 hour. The pyridine-loaded sample was measured in the measuring
cell. Temperature was raised stepwise by 50 ◦C, and after 30 min at each step another spectrum was
recorded. This procedure was repeated up to 500 ◦C. The background spectrum of the dehydrated
sample was subtracted from each spectrum to analyze only the additional vibrations from the
pyridine molecules. The concentration of adsorbed pyridine cPyridine on Brønsted (BAS) and Lewis
acid sites (LAS) was calculated by the following formula [122]:
cPyridine =
A · l1 · l2
m · ε . (6.3)
The variables in this formula are the integral A under the peak of pyridine adsorbed on BAS or
LAS, the length l1 and width l2 of the wafer as well as the dry mass m of it. Pyridine concentration
coordinated at BAS and LAS was evaluated in the IR spectrum at ν˜ = 1545 and 1450 cm−1. The
extinction coefficient ε of pyridine is diversely discussed in literature, but earlier works showed
that the values determined by EMEIS of 1.67 cm µmol−1 and 2.22 cm µmol−1 are reasonable
for pyridine coordinated at BAS and LAS, respectively [123–125]. The thickness of the wafers is
not constant and therefore a relative pyridine concentration on the wafer is used to estimate the
strength of both types of acid sites. It is calculated by
cPyridine, rel =
cPyridine
cPyridine, 150◦C
. (6.4)
6.3.7.2 Coke Analysis by ATR
Infrared spectroscopy by means of attenuated total reflection (ATR) was performed on a few sam-
ples to determine the coke structure. For such purpose, a NICOLET 6700 by Thermo Scientific
was used. The sample (liquid or solid) was placed on the crystal and fixed. 16 scans with a step
size of 0.5 cm−1 were applied. The measurement region ranged from 650 to 4000 cm−1.
6.4 Hydrothermal Deactivation Setup
Deactivation via a steam treatment at elevated temperature was performed on some materials. The
used setup is illustrated in Figure 6.1 and consists mainly of a tube furnace, a quartz glass reactor
and a 20 mL syringe pump PHD ULTRA manufactured by Harvard Apparatus.
Before deactivation, the material was pressed and sieved as described in Section 6.2.5. About
7 mL bulk volume of the material were placed inside the quartz glass reactor and were heated to
the desired deactivation temperature with a nitrogen flow of 60 mLmin−1. Once the temperature
was stable, nitrogen was shut off and water was fed into the reactor with a flow rate of 6 mLh−1.
After the addition of 30 mL water for 5 h, the oven was cooled down to room temperature under
nitrogen with 60 mLmin−1. The zeolite was placed in a desiccator over a saturated calcium nitrate
solution afterwards to gather a constant amount of moisture.
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Figure 6.1: Experimental setup for hydrothermal deactivation of catalysts.
6.5 Reaction Setup
6.5.1 Experimental Setup
Catalytic Experiments were performed in a flow setup with a fixed-bed reactor. The setup is
schematically shown in Figure 6.2. The setup consists of four main structures (from left to right
in Fig. 6.2):
• Gas supply: Nitrogen was used as carrier gas and activation gas. The flow of the carrier gas
was controlled by a mass flow controller (V2). The flow direction of the carrier gas through
the various saturators was determined by the valves V6 to V8 and V14 to V17. During
heating-up the reactor, nitrogen was used as an activation gas and its flow (∼ 100 mLmin−1)
was controlled via a needle valve (V20);
• Saturators: The setup was equipped with two one-component saturators (S1 and S2) and
one multi-component saturator (S3). Glass saturator S1, filled with n-decane, was tempered
via a water-filled thermostat. Metal saturators S2 (not used) and S3 (filled with a mixture
of n-decane and 2-ethlyphenol) were placed in an isothermal oven. The operating mode of
both, one- and multi-component, saturators are explained in more detail in Section 6.5.2;
• Reactor: A fixed-bed reactor (R) made of quartz glass was used. The reactor was placed in
an oven (TIC 12) and temperature inside the catalyst bed was checked with a thermocouple
(TI 13). During the preheating of the catalyst, the activation gas was led through the reactor
via two 4-way valves that were placed in an isothermal aluminum block (AB2);
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Figure 6.2: Experimental setup for the catalytic evaluation of the catalysts.
• Analysis of Products: Product analysis was performed via two gas chromatographs (GC).
Most of the products were analyzed behind the reactor outlet and condensed in a cooling
trap placed in an ice bath. The product stream was checked for CO and CO2 via a second
GC before the reaction gas was fed into the off-gas. The detailed conditions of the GCs are
listed in Section 6.5.3 and gas flow through the whole setup could be checked by means of
a bubble meter (FI 18).
6.5.2 Saturators
To generate a mixture of two components in the gas phase, a multi-component saturator developed
by WEITKAMP and DAUNS was used [126,127]. For a solution of two components, n-decane (Dec)
and 2-ethylphenol (2-Et-PhOH), Raoult’s law can be applied, assuming an ideal mixture:
pDec = xDec · p0Dec (6.5)
and
p2-Et-PhOH = x2-Et-PhOH · p02-Et-PhOH (6.6)
In these equations, pDec is the partial pressure of n-decane above the mixture, p0Dec is the partial
pressure of pure n-decane and xDec is its molar fraction in the mixture. The same applies for the
2-ethylphenol. Furthermore, the sum of both molar fractions has to be 1:
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xDec+ x2-Et-PhOH = 1 (6.7)
Equations 6.5 and 6.6 inserted into 6.7 leads to
pDec
p0Dec
+
p2-Et-PhOH
p02-Et-PhOH
= 1. (6.8)
Temperature-dependent values for the partial pressures for both of the pure components p0Dec
and p02-Et-PhOH can be found in literature
[128,129]. However, values for pDec and p2-Et-PhOH have to
be defined. Equation 6.8 can be solved iteratively i.e. by Microsoft Excel. The mass flow of the
components can be calculated via
m˙Dec =
pDec ·V˙N2 ·MDec
(1− pDec
patm
) ·R ·TRT
. (6.9)
In this equation, V˙N2 is the flow rate of the carrier gas N2, patm = 101325 Pa is the atmo-
spheric pressure, R = 8.314 J mol−1 K−1 the ideal gas constant and TRT = 25 ◦C = 298 K is room
temperature. The same applies for the 2-ethylphenol. In the case of a one-component satura-
tor, Equation 6.9 can also be applied. The structure of the two-component saturator is shown in
Figure 6.3.
The liquid phase is transferred intermittently with a pump from the lower vessel on top of the
Raschig ring bed, which is placed in an isothermal oven. The liquid phase trickles down along
the Raschig rings into the upper vessel. Lower and upper vessel are separated by a closed shut-off
valve. The nitrogen carrier gas is fed into the saturator in a counter current flow to the liquid
phase. The gas flow enters the upper vessel at the bottom through the liquid, where a presaturation
takes place and the presaturated carrier gas runs up through the Raschig ring bed. On top of it, the
desired partial pressure of both components is adjusted and the carrier gas leaves the oven with
both compounds enriched in it. The upper and lower vessel contain liquids with different molar
composition, because the liquid in the upper vessel lacks the part that was enriched in the carrier
gas. With the known mass and the composition discharged out of the system, this can be placed
back into the system. The valve between both vessels can be opened, the liquid phases can be
merged and the procedure can be repeated.
6.5.3 Product Analysis by Gas Chromatography
The composition of the reaction products was determined via two online gas chromatographs
(GC). Two Agilent 7890A gas chromatographs were used and controlled by the Agilent Chemsta-
tion software. The detailed GC specifications are listed in Tables 6.4 and 6.5. The retention times
are listed in the Appendix on p. 169.
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Figure 6.3: Used two-component saturator for an enrichment of n-decane and 2-ethylphenol in
nitrogen as carrier gas after Ref. [130].
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Table 6.4: Conditions of the used online gas chromatograph for the analysis of the main products.
Column PoraPLOT Q
Stationary Phase Styrene-Divinylbenzene
Manufacturer Agilent
Length 50 m
Internal diameter 0.32 mm
Film thickness 10 µm
Temperature program 10 min at 35 ◦C; heating with 5 ◦Cmin−1 to 240 ◦C; hold for 30 min
Injection via gas sampling loop
Valve box temperature 300 ◦C
Injection volume 250 µL
Injector temperature 250 ◦C
Detector 1 Thermal Conductivity Detector
Detector temperature 250 ◦C
V˙H2, Reference 35 mL min
−1
Detector 2 Flame Ionization Detector
Detector temperature 250 ◦C
V˙H2 35 mL min
−1
V˙Air 350 mL min−1
Carrier gas Hydrogen
Const. flow rate 19 mL min−1
Split ratio 3:1
Table 6.5: Conditions of the used online gas chromatograph for the analysis of CO and CO2.
Column ShinCarbon ST
Manufacturer Restek
Length 2 m
Internal diameter 0.53 mm
Temperature program 5 min at 35 ◦C; heating with 7 ◦Cmin−1 to 160 ◦C; heating with
20 ◦Cmin−1 to 260 ◦C; hold for 58 min
Injection via gas sampling loop
Valve box temperature 80 ◦C
Injection volume 1 mL
Injector temperature 250 ◦C
Detector 1 Thermal Conductivity Detector
Detector temperature 250 ◦C
V˙He, Reference 20 mL min−1
Detector 2 Flame Ionization Detector
Detector temperature 250 ◦C
V˙H2 35 mL min
−1
V˙Air 350 mL min−1
Carrier gas Helium
Const. pressure 2 bar
Split ratio splitless
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Conversion Xi of a substrate i, Yield Yj and selectivity S j of a product j in a continuously operated
reactor are defined as following:
Xi =
n˙i,in− n˙i,out
n˙i,in
= 1− n˙i,out
n˙i,in
, (6.10)
Yj =
z j
zi
(n˙ j,out− n˙ j,in)
n˙i,in
, (6.11)
S j =
Yj
Xi
. (6.12)
The number of carbon atoms in the substrate and in the product are zi and z j, respectively. As
the flow rate of the carrier gas is not changed over time, the molar flow rate n˙ can be substituted
by the molar amount n.
For the analysis of the product mixture, a gas chromatograph (GC) was used. The area value of
the peak in the chromatogramm A of a substance i is proportional to its mass m. Furthermore, its
value depends on the mass-dependent flame ionization detector (FID) factor f and an equipment
constant C. This leads to the following equation:
mi =C · fi ·Ai. (6.13)
Most of the mass-dependent FID and TCD factors f are listed in literature [131]. Missing FID
factors can be calculated after
fi = 7.6923 ·10−2 ·Mizi . (6.14)
With mi = ni ·Mi, Equation 6.13 becomes
ni =C · fi · AiMi . (6.15)
The amount of substrate entering the reactor ni,in or Ai,in, respectively can be determined via
bypass measurement. The amount of substrate exiting the reactor can be observed during the
reaction time and no product is entering the reactor (A j,in = 0). The equipment factor C is always
constant and can be neglected. Therefore, Equations 6.10 and 6.11 can be written as
Xi = 1− Ai,outAi,in (6.16)
and
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Yj =
z j
zi
· A j,out · f j ·Mi
Ai,in · fi ·M j . (6.17)
The sample loop in the GC is not expanded towards atmospheric pressure. Thus, yield calcula-
tions using Equation 6.17 resulted in fluctuations since the masses in the sample loop varied due
to pressure variations in the sample loop. However, in a closed system the masses are constant
and the substrate masses entering the reactor are equal to the product masses and non-converted
substrates leaving the reactor
min = mout. (6.18)
The mix of compounds exiting can therefore be written as
min = mout = mi,out+∑
j
m j,out. (6.19)
Conversion and selectivity can therefore be calculated from the reaction mixture at the outlet by
Xi = 1− mi,outmi,out+∑ j m j,out
(6.20)
S j =
m j,out
∑ j m j,out
. (6.21)
Thus, both are described in wt.-%. For experiments with only n-decane mi,out = mDec,out and
for mixed feed experiments mi,out = mDec,out +m2-Et-PhOH,out, whereas the masses were calculated
by Equation 6.13. The conversion of phenols was estimated for some experiments by XPhenols =
1− (nPhenol,out+n2-Et-PhOH,out)/n2-Et-PhOH,in. Also in some experiments, the evolution of H2O, CO
and CO2 was evaluated by means of a thermal conductivity detector (TCD), although only traces
were detected. To compare the area under the peaks from the TCD with values found in the
flame ionization detector (FID), a proportionality was used. The masses in reference to ethylene
or methane (as their peaks were not overlapped by others in the respective chromatograms) were
calculated as following:
mH2O =
Aethylene,FID · fethylene,FID
Aethylene,TCD · fethylene,TCD ·AH2O,TCD · fH2O,TCD (6.22)
mCO2 =
Amethane,FID · fmethane,FID
Amethane,TCD · fmethane,TCD ·ACO2,TCD · fCO2,TCD (6.23)
mCO =
Amethane,FID · fmethane,FID
Amethane,TCD · fmethane,TCD ·ACO,TCD · fCO,TCD (6.24)
Afterwards their selectivities were also calculated by Equation 6.21.
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7.1 Preparatory Studies to Define Conditions
7.1.1 Evaluation of Hydrothermal Deactivation
Zeolites have to be tested for their stability, since the hydrothermal stability is of major importance
under the harsh FCC conditions. The setup built and used in order to test this stability was based
on the AM-1500 test used in industry [62,63]. Zeolite USY was taken as a reference material and
the results of its hydrothermal deactivation were compared with the ones obtained by FCC catalyst
manufacturer GRACE (Worms). The BET surface area determined by N2 physisorption was used
for comparison. Values for fresh and thermally treated USY are shown in Figure 7.1. The reference
USY material was deactivated two times to estimate the reproducibility of this treatment.
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Figure 7.1: BET surface areas of fresh and hydrothermally deactivated USY and Na-Y. Treatment
and analysis of samples was conducted at 816 ◦C in industry and this work.
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Whereas the BET surface area of the fresh zeolite is 824 or 778 m2 g−1, the thermally treated
USY has values between 328 and 374 m2 g−1. In both, the treatment at GRACE and the one
in this work, the identical USY batch was used. The small difference for the fresh samples can
therefore be related to differences or uncertainties in N2 physisorption. The procedure in this work
gives similar results as in industry. To highlight the importance of an ion exchange to generate a
sodium-free form and the step of ultrastabilization, zeolite Na-Y was treated in the same way. The
structure of the zeolite completely collapsed and its surface area decreased drastically from 910
to 3 m2 g−1. Sodium is known to affect not the thermal but the hydrothermal stability of zeolite
Y [132,133]. Whereas hydrolysis of the AlO4 tetrahedrons along with the removal of Al
3+ can occur
under steam, the free sites can also be substituted by the migration of Si. This is especially the
case for highly siliceous materials with a high nSi/nAl ratio. In the presence of sodium, NaOH
can be formed. The OH– species irreversibly destroy the zeolite structure by attacking the Si−O
bond [132]. Furthermore, the introduction of Na+ cations is blocking potential Brønsted acid sites,
which is not desirable for catalytic cracking.
7.1.2 Choice of Reaction and Deactivation Temperature
Before investigating various zeolites, the reaction and hydrothermal deactivation conditions for the
catalytic studies had to be defined. GRACA et al. have shown that the deactivation of zeolite cat-
alysts proceeds very fast when co-feeding phenolic molecules with paraffinic hydrocarbons [114].
Therefore, a low weight hourly space velocity (WHSV ) of 0.08 h−1 was chosen, to monitor the
deactivation over time on stream within a reasonable time frame. Further parameters that had to be
picked were reaction temperature Treact and a reasonable hydrothermal deactivation temperature.
A fresh zeolite is very active and its performance does not match the one of an equilibrated
catalyst (E-cat) in an FCC unit [58,59]. Thus, the reference USY zeolite was deactivated at 700 and
816 ◦C in order to simulate an E-cat or deactivated catalyst, respectively. Furthermore, n-decane
cracking was evaluated at two reaction temperatures (480 and 530 ◦C). Conversions of n-decane
over time on stream over the mentioned USY samples are shown in Figure 7.2. Hydrothermal
treatment at 700 ◦C results in a zeolite that is much more active, compared to a temperature of
816 ◦C. Regardless of the reaction temperature, conversion starts at 100 % and is decreasing over
time on stream to 56 or 67 %. Deactivation of the zeolite at 816 ◦C leads to a profound loss of
activity. Conversion remains constant (6 and 16 %) for both reaction temperatures regarding a
deactivation temperature of 816 and 700 ◦C, respectively. A higher reaction temperature leads to
higher degrees of conversion as cracking is an endothermic reaction [98,134]. Measurements with
quartz glass beads instead of a catalyst bed revealed a blind conversion of about 8 % at 530 ◦C
under the studied reaction conditions. This level of conversion is reduced to only 3 % with a
reaction temperature of 480 ◦C.
In summary, it can be concluded that a reaction temperature of only 480 ◦C suppresses blind
conversion, while a deactivation temperature of 700 ◦C preserves a satisfying level of activity to
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Figure 7.2: Conversion of n-decane at 480 ◦C and 530 ◦C over zeolite USY hydrothermally deac-
tivated at 700 ◦C and 816 ◦C.
investigate deactivation behavior during the reaction. For these reasons, various materials were
investigated at a reaction temperature of 480 ◦C and were prior hydrothermally deactivated at
700 ◦C. However, to identify these potential zeolites for an FCC application, all materials were
firstly thermally treated at 816 ◦C to select only the most stable zeolite types.
7.1.3 Comparison with Real Oil Cracking in Industry
The cracking of model compounds in this work was conducted in a fixed-bed reactor with constant
substrate mass flow through the catalyst bed. This allows to investigate the catalyst deactivation
behavior over time on stream in terms of a decreasing conversion. However, FCC catalysts are
usually evaluated in industry in a MAT test or on a pilot plant scale as described in Section 4.3.3.
To evaluate the setup used in this work and the results obtained by it, they are compared with
results gained by a MAT test. MAT testing was conducted in industry at GRACE. Additionally,
results from a pilot plant at REPSOL are also consulted. The conditions are summarized in Table
7.1 and results from the setup used in this work (see Chapter 6.5.1) are marked as "Gas phase"
setup in this table. The feed used for MAT and pilot plant testing was a vacuum gas oil (VGO). As
catalyst, a commercial FCC catalyst called FUTURA was used in the industry experiments, which
consists of a USY zeolite embedded in a matrix together with a binder. For the deactivation prior
to the reaction, two methods were applied. Deactivation denoted as "Steam" consists of a simple
hydrothermal treatment in a steam atmosphere at elevated temperature as described in Chapter 6.4.
The FUTURA catalyst used in the MAT tests however was treated in industry at GRACE, but under
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Table 7.1: Comparison between cracking of n-decane in a continuously operated fixed-bed reactor
and of a VGO in an industrially operated MAT test and pilot plant. Different catalysts,
reaction temperatures and deactivation methods were used.
Treact / ◦C 480 530 560 490
Tdeact / ◦C 700 816 700 700 816 816
Deact.
Method
Steam Steam Steam Steam Steam Steam CPS
Setup MAT Gas
phase
MAT Gas
phase
MAT MAT Pilot
Plant
Catalyst FUTURA USY FUTURA USY FUTURA FUTURA FUTURA
Feed VGO n-Dec VGO n-Dec VGO VGO VGO
Conv. / % 67 67 67* 67 67 67 63
SPropylene/
SEthylene
3.8 10.4 5.4* 5.0 4.0 4.6 7.8
SC2-C4 paraffin/
SC2-C4 olefin
1.7 0.5 1.4* 0.2 1.1 1.1 0.7
CMR 0.3 0.4 0.3* 2.3 0.5 0.6 0.5
* Results were extrapolated to 67 % conversion, although conversions were lower.
similar conditions. In the CPS (cyclic propylene steaming) method, the catalyst is impregnated
with vanadium and nickel. Afterwards, it is subjected to deactivation by reduction-oxidation cycles
at high temperatures [62,63,135].
A comparison should be performed at the same degree of conversion. The conversion in the
MAT experiments was changed by changing the weight ratio between catalyst and feed oil. The
results from these tests were interpolated to a conversion of 67 %, except for the cracking at
480 ◦C. In that case, the results were extrapolated because of lower conversions measured. The
conversion during gas phase cracking in this work was varied due to coking of the catalyst, thus a
decreasing conversion over time on stream was observed. The conversion of 63 % in pilot plant
testing resulted from the experimental conditions chosen in order to simulate an industrial FCC
unit.
Since different feeds were used in the experiments, a direct comparison of the product selec-
tivities is not suitable. Products of the cracking of a VGO differ to the ones obtained by pure
n-decane cracking due to the VGO’s diverse composition of multiple compounds. Carbon num-
bers of molecules present in a VGO can range from 10 to 50, with mono- and polyaromomatic
compounds also being present [136,137]. Therefore, cracking of such a compound mixture results in
products with higher carbon numbers than in n-decane cracking. On the other hand, product ratios
might be more suitable for a comparison, since they allow to estimate differences in the different
reaction steps occurring on the catalyst surface. This makes it very easy to evaluate dominant
reaction steps.
In this part of the work it was of importance to make sure that the experiments performed at
Tdeact = 700 ◦C and Treact = 480 ◦C, are comparable to test reactions from industry. Usually, MAT
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tests are conducted with catalysts deactivated at Tdeact = 816 ◦C and with Treact = 560 ◦C. The
other MAT test conditions in Table 7.1 were applied to gain an overview of varying deactivation
and reaction temperatures.
For VGO cracking in MAT tests, the SPropylene/SEthylene ratio is between 3.8 and 5.4. However,
for gas phase cracking of n-decane it reaches values of 5.0 and 10.4 at reaction temperatures
of 530 and 480 ◦C, respectively. The higher reaction temperature can be the reason for a lower
SPropylene/SEthylene ratio, but blind conversions are also higher as described in the previous Section.
Low values for SPropylene/SEthylene might therefore be related to a higher share of thermal cracking
in the reaction. The reaction in the pilot plant also has a high value of 7.8.
The SC2-C4 paraffin/SC2-C4 olefin ratio can give information about the extent of the hydride transfer
reaction. Low values of 0.5 and 0.2 were found for n-decane cracking. Higher values of 1.1
to 1.7 are found in the MAT tests, and in the pilot plant, this value is 0.7. The lower the reaction
temperature, the larger the SC2-C4 paraffin/SC2-C4 olefin ratio in gas phase cracking. The lower reaction
temperature of 480 ◦C might therefore be better applicable. Furthermore, it also fits better to the
results from the pilot plant.
The cracking mechanism ratio (CMR) gives insights about the dominant cracking mechanism
(see Chapter 4.2.2). Values for CMR are all 0.6 or lower, except for gas phase cracking at 530 ◦C,
where the monomolecular mechanism is very dominant. Again, the lower reaction temperature is
more favorable compared with MAT and pilot plant testing and values for CMR gained with this
cracking setup seem comparable to the other testing methods.
Overall, it can be concluded that gas phase cracking gives a satisfying comparability with exper-
iments in MAT or pilot plant setups. Despite the different catalyst systems (pure USY zeolite and
formulated FCC catalyst), cracked feeds (n-decane and VGO), deactivation temperatures, experi-
mental setups (gas phase and spontaneous evaporation of the VGO on the hot catalyst) and modes
of deactivation (accumulative and instantaneous coking), the reaction conditions with steam deac-
tivation at 700 ◦C and reaction at 480 ◦C can be used for the following experiments.
7.1.4 Two-Component Saturator
In order to co-feed the oxygen-containing molecule into the reactor, a two-component saturator as
described by WEITKAMP and DAUNS was used [126,127]. This saturator allows a constant dosage
of two (or more) substrates into the gas phase. The absolute mass flow and the ratio between the
two substrates in the gas phase remain constant over a long period of time. Feed composition for
the model compounds used in this work is shown in Figure 7.3. A constant share for n-decane and
2-ethylphenol of 90 and 10 wt.-% can be observed. Thus, the two-component saturator system can
be applied for the co-cracking experiments.
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Figure 7.3: Feed composition during the use of the two-component saturator over time.
7.1.5 Reproducibility of Cracking Experiments
The reproducibility of the cracking experiments was checked with the USY zeolite. Conversion
over time on stream in co-cracking is illustrated in Figure 7.4 for two conducted experiments with
the same batch of hydrothermally treated USY zeolite. Both conversion curves differ only slightly
from each other. The maximum deviation between those two is only +/- 1%. As a result, the
cracking experiments were seen to be reproducible.
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Figure 7.4: Conversion over time on stream in co-cracking of n-decane and 2-ethylphenol
(mass fraction 90 and 10 %) with the reference USY catalyst at 480 ◦C and
WHSV = 0.08 h−1. The same batch of at 700 ◦C hydrothermally treated USY zeo-
lite was used to check for reproducibility of the cracking experiments.
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7.2.1 Hydrothermal Stability
Identification of the most stable zeolites was performed by the hydrothermal treatment at 816 ◦C
as described previously. The specific micropore (amicro) and mesopore (ameso) surface areas of the
studied zeolites before and after the treatment are shown in Table 7.2 and the corresponding X-ray
diffractograms are given in the Appendix (pp. 170-172).
Table 7.2: Micropore (amicro) and mesopore (ameso) surface areas before and after hydrothermal
deactivation at 816 ◦C of studied zeolites in decreasing order of their retained surface
area.
Before deactivation After deactivation
Zeolite nSi/nAl
amicro /
m2g−1
ameso /
m2g−1
amicro /
m2g−1
ameso /
m2g−1
retained
amicro / %
ZSM-35 8.1 348 52 273 60 78
[Fe]ZSM-5 11.4 312 66 240 51 77
MCM-22 14.6 438 134 272 95 62
ZSM-11 33.2 338 94 188 85 56
NU-87 17.7 368 58 237 67 46
ITQ-2 43.9 102 540 41 127 40
Beta 17.7 551 145 216 72 39
ZSM-12 59.2 249 51 94 30 38
USY 2.9 775 67 279 75 36
ZSM-48 86.2 125 91 21 54 17
ZSM-22 41.0 214 49 17 42 8
ZSM-23 48.1 160 111 10 59 6
EU-1 19.5 366 85 7 40 2
ZK-5 3.5 500 44 2 5 1
L 3.3 400 42 2 11 1
The micropore surface area of the fresh samples ranges from 102 to 775 m2g−1. Additionally,
the selection spans a broad range of nSi/nAl ratios, and the materials belong to different zeolite
structure frameworks. The mesopore surface areas have lower values compared to amicro. Since
zeolites are characterized by their micropores, their stability is evaluated by the loss or retention
of amicro [132]. As a stability limit, a threshold of at least 30 % of retained amicro was defined with
the industrial partners at GRACE for a zeolite to be claimed stable.
It can be seen that not all zeolites fulfill this requirement. Zeolites ZSM-48, ZSM-22, ZSM-23,
EU-1, ZK-5 and L show only values for the retained amicro of 17 % or less. In contrast, many zeo-
lites seem to possess a high degree of stability with up to 78 % of retained amicro still measurable
after the treatment. Zeolite USY was used as reference for this stability study. It shows a stability
of 36 %, just above the stability limit. Several zeolites prove to be even more stable.
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Noticeable are the Beta and ZSM-12 zeolites with large pores and a 12-membered ring (MR)
system. Also, materials of interest are ITQ-2 and MCM-22. Both belong to the MWW framework
structure. This structure stands out due to the large pockets on the outer surface with a depth
of about 7 Å [19]. These pockets are arranged to supercavities within the crystal structure with
similar size, although they are only accessible via 10-ring apertures. The residual stable zeolite
structures can also be assigned to structures with 10-MR apertures. Though they belong to the
class of medium-pore zeolites and might not be favorable for the conversion of large molecules,
they are of high interest due to their high stability.
Non-zeolite materials were also investigated. As they do not have a microporous character,
the BET surface area (aBET) was used in Table 7.3 to evaluate their stability. Amorphous silica-
alumina was used in the beginning of FCC until its replacement by zeolites [46]. Therefore, its
suitability as a catalyst for cracking of large molecules was also evaluated. The missing pore
system allows for a better accessibility to active sites compared to zeolites [23]. Since this material
is rather non-porous, a deactivation due to pore blockage via coking should also be limited.
Table 7.3: BET surface area (aBET) before and after hydrothermal deactivation at 816 ◦C of stud-
ied non-zeolite materials in decreasing order of their retained surface area.
Before deactivation After deactivation
Zeolite nSi/nAl aBET / m2g−1 aBET / m2g−1
retained
aBET / %
Amorph. SiO2-Al2O3 2.6 426 103 24
[Al]MCM-41 27 1100 22 2
[Al]MCM-41 15 750 15 2
Mesoporous MCM-41 with aluminum in the framework was also considered to be an interesting
material. The large pores might also be favorable for the conversion of large molecules as con-
tained in biomass-derived feeds. With the integration of aluminum in the structure, an introduction
of acidic sites was pursued. Furthermore, the cracking activity of [Al]MCM-41 is described in lit-
erature to be comparable to silica-alumina materials [138], which at least were used for catalytic
cracking before the introduction of zeolites [46]. However, both materials show only a poor level
of stability. The low hydrothermal stability of MCM-41 is also described in literature and efforts
to improve this aspect showed only little success [138,139].
The overall nSi/nAl ratio in the bulk of the studied materials ranges from 2.6 to 86.2. In order
to illuminate a trend in stability in terms of retained amicro or aBET, this value is plotted against
the nSi/nAl in Figure 7.5. The scatter plot shows that the stability of the materials is not directly
related to the nSi/nAl ratio. For materials with nSi/nAl < 40, the degree of stability is between 1 and
78 %. Ratios of higher than 40 give lower stabilities of only up to 40 %. Therefore, it seems that
a high stability can only be obtained with a rather low nSi/nAl ratio. However, most of the studied
materials fall in this region and only a few materials with higher nSi/nAl were investigated. Fur-
thermore, the structures differ. It is therefore difficult to draw a conclusion and a direct dependence
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Figure 7.5: Retained amicro ( ) and aBET ( ) of studied zeolite and non-zeolite materials in depen-
dence of the nSi/nAl ratio. All materials were hydrothermally treated at 816 ◦C.
between the stability and the framework composition. The geometry of the zeolite framework is
however the major factor regarding the stability with faujasites having a high degree of thermal
stability [140]. More siliceous zeolites with a high nSi/nAl ratio tend in general to be more thermally
stable, because of the vulnerability of the Al−O bond [140]. The cation in the zeolite structure also
plays a role in its stability. The removal of sodium increases hydrothermal stability whereas within
the alkali metal series stability is increasing from lithium to cesium [132,141]. It has also been found
that large zeolite crystals give rise to a considerably higher thermal stability [140].
ZHANG et al. studied the stability of zeolite Y at 200 ◦C under a steam atmosphere and con-
cluded that neither high nor low nSi/nAl ratios determine the stability but rather silanol-terminated
defect sites have an influence [142]. Zeolites (nSi/nAl = 2.6 and 130) with an almost defect-free
structure showed good stability, whereas presteamed zeolites with a high density of silanol-termina-
ted defects exhibited severe crystallinity losses. A functionalization with organosilanes can im-
prove the water tolerance by increasing the zeolite’s hydrophobicity and capping the terminal
Si-OH species. This method was also confirmed with MFI-structured zeolites [142].
7.2.2 Catalytic Activity of Deactivated Catalysts in Co-Cracking
Stable zeolites were investigated in the co-cracking of n-decane and 2-ethylphenol after a hy-
drothermal treatment at 700 ◦C. The conversion over time on stream for 12-MR large-pore and
10-MR medium-pore zeolites is shown in Figures 7.6 and 7.7, respectively. At the beginning of
the reaction, high conversions (X > 90 %) can be achieved with the large-pore zeolites except
ZSM-12. With ongoing reaction, deactivation occurs in the form of decreasing conversion. The
activity of the large-pore catalysts can be arranged in the following order during the proceeding
reaction in terms of conversion : ZSM-12 < Y < EMC-2 < USY ≈ Beta < RE-USY.
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Figure 7.6: Conversion over time on stream in co-cracking of n-decane and 2-ethylphenol (mass
fraction 90 and 10 %) on 12-MR zeolites at 480 ◦C and WHSV = 0.08 h−1. The nSi/nAl
ratio is given in parentheses. Catalysts were hydrothermally treated at 700 ◦C prior to
reaction.
Amongst the faujasites (Y, USY and RE-USY), the suitability of the zeolites for cracking re-
actions can be well observed. Starting zeolite Y gives the lowest conversion of them all. The
step of ultrastabilization gives a higher hydrothermal stability and introduces mesopores into the
zeolite [143]. Further modification by an ion exchange with rare-earth metals also improves the
stability. Additionally, rare-earths are responsible for a retention of the Brønsted acid sites under
severe hydrothermal conditions as found in the stripper or regenerator of an FCC unit [144]. Since
the nSi/nAl ratio can be seen as constant for all faujasite zeolites, the different behavior of the
zeolites has to be caused by the ultrastabilization and the ion exchange step.
Zeolites EMC-2 (EMT) and Y (FAU) have similar structures both built of sodalite cages and
hexagonal prisms. Both contain supercavities. In the cubic FAU structure, the supercavities are
accesible by four spherical-shaped 12-membered rings each with a diameter of 7.4 Å [16]. Thereby,
the four windows surround the supercavity tetrahedrally. Supercavities in the hexagonal EMT
structure, however, are enclosed by five 12-membered rings. These are placed trigonal bipyra-
midally around the cavity. The two windows opposite to each other have a circular form with
a diameter of 7.3 Å. The remaining three windows are elliptically shaped with a size of 7.5 x
6.5 Å [16]. The elliptical shape and the higher number of entrances into the supercavity are likely
to have a positive influence on the deactivation. Deactivation due to coking might be not as severe
with the use of the EMC-2 zeolite, because of multiple entrances being present. This might allow
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Figure 7.7: Conversion over time on stream in co-cracking of n-decane and 2-ethylphenol (mass
fraction 90 and 10 %) on 10-MR zeolites at 480 ◦C and WHSV = 0.08 h−1. The nSi/nAl
ratio is given in parentheses. Catalysts were hydrothermally treated at 700 ◦C prior to
reaction.
for a better diffusion through the zeolite crystal. The elliptical pore entrances could also favor the
diffusion of the phenolic compound deeper into the crystal. The EMT structure is also described
to posses a stronger acidity, compared with FAU [145].
Zeolite Beta shows a similar conversion curve as USY. The polymorphic structure of Beta
(BEA) also belongs to the large-pore zeolites. It consists of a three-dimensional pore channel
system with two linear and a sinusodial channel system connected with each other. Linear and
sinusodial channels have a diameter of 7.6 x 6.6 Å and 5.6 Å, respectively [16]. In contrast to the
EMT and FAU structure, it does not contain supercavities at the channel intersections. The compa-
rable activity to the USY material could be explained by the higher nSi/nAl ratio. A lower amount
of aluminum and thus active sites could limit side reactions that lead to coking. The absence of
large supercavities also diminishes the formation of bulky coke precursors. Furthermore, the Beta
structure is described to have stronger Brønsted acid sites than the faujasite [146]. Large-pore zeo-
lite ZSM-12 shows only little activity from the beginning. This can be attributed to the high nSi/nAl
ratio (low amount of active sites) and the one dimensional pore system.
Medium-pore zeolites with 10-membered pore entrances (Figure 7.7) show a rather different
activity behavior. Initial conversion spans a broad range from 9 to 89 %. The decay of conversion
over reaction time is also rather different. A fast conversion drop within the first 600 min can
be seen for materials with a high initial activity like ZSM-5, ZSM-11, [Fe]ZSM-5 and NU-87.
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The other materials, such as MCM-22, with P2O5 modified ZSM-5 (P2O5-ZSM-5), ZSM-35 and
ITQ-2, give a rather constant and low conversion. The nSi/nAl ratio between the medium-pore
zeolites covers a broader range, compared to the large-pore zeolites. A direct correlation between
the aluminum content and the catalytic activity cannot be observed. ZSM-35 with the lowest
nSi/nAl ratio of 8.1 has one of the lowest activities.
Zeolites ITQ-2 and MCM-22 belong to the same structure type of zeolites, namely MWW [147].
This structure is unique due to the 12-MR pockets on the external surface of the crystal, which are
also considered as interesting active sites for the conversion of bulky molecules [19]. Furthermore,
MCM-22 was described to possess characterictics of a 12- and 10-MR zeolite [148,149]. CORMA
et al. investigated the cracking of n-heptane with MCM-22 and compared the results with zeolite
Beta and ZSM-5 with similar aluminum content [148]. They found a deactivation order of Beta >
MCM-22 > ZSM-5 and reffered this beahviour to the different pore/cavity sizes. The large pores in
the Beta structure favor the hydrogen transfer, coke formation and thus deactivation. MCM-22 has
a pore volume smaller than that in the Beta structure, but larger than in the structure of ZSM-5 [148].
However, the initial activity behavior from Figures 7.6 and 7.7 suggest an order of Beta > ZSM-5 >
MCM-22, although the nSi/nAl ratio of MCM-22 and ZSM-5 is quite similar. Henceforth, the low
activity of MCM-22 might be due to its low hydrothermal stability. The MWW analogue ITQ-2
shows an even lower activity.
Zeolite modification by impregnation with phosphorous chemicals is a complex topic. The
treatment of ZSM-5 with phosphorus is described in literature to increase the stability of the zeo-
lite [134,150]. On the other hand, it also decreases the acid site density of the zeolite and its micropore
volume and/or surface area [150]. A detailed investigation of the role of phosphorus on the zeolite
stability or acid site density is outside of the scope of this work. It can be observed from Figure
7.7 that the phosphated ZSM-5 zeolite (P2O5-ZSM-5) does not proof to be superior to its non-
modified counterpart ZSM-5. Since phosphorus should improve hydrothermal stability, the fact
that it shows a lower activity than ZSM-5 must originate from a lower number of available acid
sites. After a short run-in phase, however, P2O5-ZSM-5 shows a very stable degree of conversion.
Amorphous silica-alumina (SiO2-Al2O3) materials were also subjected to catalytic testing. De-
spite their low hydrothermal stability, their nonporous structure was of interest for the cracking
reaction. Their activity in co-cracking can be observed in Figure 7.8. Two samples with a nSi/nAl
ratio of 2.8 and 5.9 were implied as catalysts. Both only show low conversions of about 9 % and
were therefore not investigated in more detail. The results underline the supremacy of zeolites as
cracking catalysts well, although activity for hydrothermally treated amorphous silica-alumina is
reported by CORMA et al. for the cracking of a VGO [138]. They also described that steamed (at
750 ◦C) silica-alumina reaches higher conversions than e.g. zeolite USY. However, an explanation
is not given by the authors [138].
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Figure 7.8: Conversion over time on stream in co-cracking of n-decane and 2-ethylphenol (mass
fraction 90 and 10 %) on amorphous silica-alumina at 480 ◦C and WHSV = 0.08 h−1.
The nSi/nAl ratio is given in parentheses. Catalysts were hydrothermally treated at
700 ◦C prior to reaction.
7.2.3 Comparison with Pure n-Decane Cracking
To investigate the influence of 2-ethylphenol on the cracking of n-decane, experiments with pure
n-decane had to be conducted as well. As the materials P2O5-ZSM-5, ZSM-12, ZSM-35 and
ITQ-2 exhibited only low activity, these materials were not further tested in n-decane cracking.
Also, the amorphous silica-alumina materials were left aside. Conversion of n-decane and mixed
feed cracking with the faujasite samples is given in Figure 7.9.
Reactions with zeolite Y start at 92 and 94 % conversion for co- and n-decane cracking. USY
and RE-USY zeolites exhibit slightly higher activities with almost full conversion (X > 98 %).
Deactivation does not only occur in the mixed feed experiments as seen before, but also in the
cracking of the pure hydrocarbon. Conversion of the mixed feed is always below the values for
n-decane cracking. This allows for the conclusion that the deactivation is mostly related to coke
deposits originating from the hydrocarbon cracking reaction. However, its formation is facilitated
or intensified by the addition of the phenolic co-substrate.
Overall, it can be observed that the activity order within the FAU structures remains Y < USY <
RE-USY. This applies not only for co-cracking but also for n-decane cracking. Whereas the influ-
ence of the ethylphenol on the absolute conversion is severe for zeolite Y, its effect is decreasing
for USY. The lowest absolute difference can be observed with RE-USY. At about 1000 min time
of reaction, the discrepancy between the two feeds is 16 % with zeolite Y, 11 % with USY and 5 %
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Figure 7.9: Conversion over time on stream in co-cracking (filled symbols) of n-decane and
2-ethylphenol (mass fraction 90 and 10 %) and pure n-decane cracking (hollow sym-
bols) with faujasite-based zeolites at 480 ◦C and WHSV = 0.08 h−1 after Ref. [1]. The
nSi/nAl ratio is given in parentheses. Catalysts were hydrothermally treated at 700 ◦C
prior to reaction.
with the RE-USY catalyst. Again, the production route from the parent zeolite Y over USY to the
ion-exchanged RE-USY zeolite can be well reconstructed. Also, the fact that a rare-earth-modified
USY catalyst withstands the deactivating phenolic compound best is illustrated well.
For the sake of clarity, large-pore zeolites Beta and EMC-2 are shown in a separate graph, see
Figure 7.10. Noticeable is the high stable conversion with zeolite Beta in single feed n-decane
cracking. The activity only slightly decreases from almost full conversion to still above 90 %.
The addition of the ethylphenol leads to a profound deactivation below 50 %. EMC-2 on the
other hand, shows deactivation for pure and mixed feed experiments. Whereas full conversion
was achieved in the beginning of the reaction, it decreased to 61 and 39 % after 1500 min with the
n-decane and n-decane/2-ethylphenol feed, respectively.
The deactivation of EMC-2 with both feeds reveals similarities to the faujasite structure. As de-
scribed before, both structures contain large supercavities. These are profound for the formation
and deposition of large carbonaceous species. Coke accumulation and pore blockage can occur
easily in these large voids, why they are also named trap cages in literature [40,151]. A comparison
between the large-pore structures FAU, EMT and BEA suggests a superior role of the BEA struc-
ture in terms of n-decane cracking activity. The absence of supercavities, which seem to favor
the coke formation from the hydrocarbon feedstock, makes the zeolite Beta a highly interesting
cracking catalyst.
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Figure 7.10: Conversion over time on stream in co-cracking (filled symbols) of n-decane and
2-ethylphenol (mass fraction 90 and 10 %) and pure n-decane cracking (hollow sym-
bols) with non-faujasite zeolites at 480 ◦C and WHSV = 0.08 h−1 after Ref. [1]. The
nSi/nAl ratio is given in parentheses. Catalysts were hydrothermally treated at 700 ◦C
prior to reaction.
Figure 7.11 reveals the cracking activity for both feeds with the use of medium-pore zeolites.
ZSM-11, ZSM-5 and NU-87 demonstrate a high n-decane cracking activity of 80 % or more.
After a minor decline, the catalysts [Fe]ZSM-5 and MCM-22 reach a plateau in conversion of 25
and 50 %. The effect of the 2-ethylphenol on the medium-pore zeolites is severe, as it results in
strong deactivation from the very beginning of the reaction. This is especially seen for the zeolites
ZSM-11, ZSM-5 and NU-87. The high n-decane cracking activity is degraded by the presence of
the phenolic co-feed. Although this deactivation is also seen with the large-pore zeolites (Fig. 7.9
and 7.10), the conversion is diminished even stronger with the medium-pore zeolites.
The 10-membered-ring pore entrances of the medium-pore zeolites are much more affected by
the phenolic addition. Conversion of the mixed feed is decreasing continuously with the use of
the large-pore zeolites. The medium-pore zeolites however, deactivate strongly within the first
400 min of reaction. After this initial decrease, the conversion remains rather constant. This phe-
nomenon suggests that the phenol compound leads to pore mouth poisoning. ZSM-11 for example,
is able to crack the pure n-decane feed with a high activity (X > 80 %). After the deactivation,
conversion drops to about 40 % in mixed feed cracking. Because it does not fully decrease and still
remains higher than for other zeolites, a substantial amount of activity and therefore active sites
remain. The drop might therefore be due to a blocking of active sites close to the pore mouths or
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Figure 7.11: Conversion over time on stream in co-cracking (filled symbols) of n-decane and 2-
ethylphenol (mass fraction 90 and 10 %) and pure n-decane cracking (hollow sym-
bols) with medium-pore zeolites at 480 ◦C and WHSV = 0.08 h−1 after Ref. [1]. The
nSi/nAl ratio is given in parentheses. Catalysts were hydrothermally treated at 700 ◦C
prior to reaction.
on the outer surface of the zeolite crystal. After the complete poisoning of all/most of these active
sites, conversion mostly occurs within the zeolite microporous network.
7.2.4 Coke on Zeolite
Deactivation occurs quite differently on the studied materials. It is widely accepted that deacti-
vation of zeolites mostly originates from the deposition of carbonaceous structures (coke) [38,151],
especially during catalytic cracking [38]. The amount of coke on the dry zeolite was determined
after completion of the reaction by TGA measurements in synthetic air and is illustrated in Figure
7.12.
In general, much more coke can be found on zeolites that were used as catalysts in co-cracking
of n-decane and 2-ethylphenol. Due to the supercavities in the FAU and EMT structures, large
amounts of coke can be found on those materials for both types of feed. The impact of trap
cages confirms the decrease in conversion during pure n-decane cracking, because much coke
was found on these structures (Figures 7.9 and 7.10). Differences in the coke quantities (between
pure and mixed feed cracking) on the series of FAU zeolites again roughly reflect the decreasing
difference in conversion from zeolite Y over USY to RE-USY. While zeolites Y and USY have
a comparable amount of 4.5 and 4.8 wt.-% additional coke after the co-cracking, RE-USY shows
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Figure 7.12: Coke on dry zeolites after the cracking reaction of pure n-decane and co-cracking
with 2-ethylphenol after Ref. [1].
only an additional 2.9 wt.-% more deposits. The higher activity of USY over Y might furthermore
be explained by its mesoporous character, which allows for better diffusion (activity) though more
coke can be accumulated. An even superior RE-USY activity must be related to the rare-earth
loading and the resulting higher acid site concentration and hydrothermal stability together with
its mesopores [144]. The similar structure of zeolite Y and EMC-2 suggests that they should behave
similar in the reaction as well as in coking. However, EMC-2 shows a higher activity in co-
cracking than zeolite Y and coke deposits, which are similar to the USY zeolite. This suggests
that the diffusion of the reaction partners might be similar in EMC-2 and USY.
Medium-pore zeolites show the lowest carbon content with values far below 1 and 4 wt.-% for
n-decane and co-cracking reactions, respectively. The low coke contents for single feed cracking
are in good agreement with the high conversion stability of these catalysts. Almost no decrease in
n-decane conversion was observed with these catalysts. Noteworthy is the four- to ninth-fold
increase in coke when the feed consists of 10 % phenolic species with these materials. The
strong deactivation effect of the phenolic substrate can be directly related to a higher coke de-
position. Again, zeolite Beta portraits a candidate between the two families of medium-pore and
supercavity-containing zeolites. Because of the absence of the supercavities, it is not subjected to
a severe coke deactivation and has a moderate level of coke after the reaction.
7.2.5 Decrease of Specific Surface Area
Hydrothermal deactivation and coking with the two different feeds influences the porosity of the
studied zeolites by destruction of the zeolite crystals and pore blockage, respectively. Figures 7.13
and 7.14 show the micropore surface area (amicro) of large- and medium-pore zeolites in a fresh
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Figure 7.13: Change of micropore surface area after Ref. [1]. Fresh, hydrothermally deactivated
and coked (pure n-decane and mixed feed cracking) large-pore zeolites are shown.
and hydrothermally treated form as well as after the reaction with both feeds.
FAU and EMT materials posses the largest micropore surface area (amicro > 700 m2g−1) in
the non-treated from. Once more, zeolite Beta represents a structure between the FAU/EMT and
medium-pore zeolites with amicro = 551 m2g−1. Non-treated medium-pore materials show a rather
low surface area of amicro < 500 m2g−1. The treatment under high temperature and steam leads to
a decrease in amicro for all materials. This is especially the case for the FAU/EMT materials with
an improvement in stability with the following recurring order: Y < USY < RE-USY. Additionally,
worth highlighting, are the materials [Fe]ZSM-5, ZSM-5 and ZSM-11, which exhibit only a minor
decrease of amicro.
During the cracking reaction, carbon deposition occurs. This leads to pore blockage and a
reduction of the specific surface area. The zeolites with supercavities are quite sensitive to this
pore blockage, since these spacious voids allow the formation of large transition-states, which
furthermore lead to coke. This can be observed for all FAU and EMT materials. RE-USY in
particular shows a severe decline of amicro after the reaction with n-decane. Although its surface
area after n-decane cracking is lower than that of USY, its cracking activity is higher. The loss
of amicro must therefore be overcompensated by the strong acidity introduced with the rare-earth
metals. With the use of zeolites without supercavities, almost no or only a very small decrease of
amicro is seen after the reaction. This is in accordance with their n-decane cracking activity, as no
deactivation and only a small amount of coke were observed in this reaction with these catalysts.
80
7.2 Hydrothermal Deactivation and Catalytic Activity
MCM-22 NU-87 [Fe]ZSM-5 ZSM-5 ZSM-11
0
200
400
600
800
438 408
312
378
338
227 244
272
330
295
199
266 271
304 279
200 189
262
325
252
M
ic
ro
po
re
su
rfa
ce
ar
ea
a
m
ic
ro
/
m
2
g−
1
fresh hydrothermally treated at 700◦C
after n-Dec Conv. after n-Dec + 2-Et-PhOH Conv.
Figure 7.14: Change of micropore surface area after Ref. [ 1]. Fresh, hydrothermally deacti-
vated and coked (pure n-decane and mixed feed cracking) medium-pore zeolites are
shown.
The influence of the mixed feed on the surface area is somewhat different. The phenolic com-
pound favors the coke formation as discussed before. On large-pore zeolites (FAU, EMT and
BEA), it also favors the reduction of amicro, compared to pure n-decane cracking. However, the
surface area of the medium-pore zeolites is hardly affected by the co-feed, although conversion de-
creased severely when introducing the phenolic co-feed into the reaction. This fact again suggests
that the phenol species is not able to penetrate the pore system of the 10-MR systems, but rather
deposits on the pore mouth entrances and deactivates the active sites close to the pore mouths with-
out completely plugging them. The diffusability through the different zeolite types is expressed in
terms of the maximum diameter of a sphere that can diffuse along the lattice parameters in Table
7.4.
The kinetic diameter of n-decane can be assumed as 4.3 Å [152]. Dealkylation of the ethyl side
chain proceeds easily with the 2-ethylphenol substrate. Therefore, only the kinetic diameter of
phenol is used, which is 6.6 Å [153]. Probably, only materials that belong to the FAU or EMT type
allow an intracrystalline diffusion through the zeolite for phenol. The other materials (including
the large-pore BEA) have pore geometries that should only allow n-decane to enter the micropore
network. Kinetic diameter and pore sizes are, however, usually determined according to different
models. At the same time, amicro remains about constant for these non-FAU/EMT materials after
reaction with both feeds. The conversion of n-decane can still proceed in the same materials,
which was observed in Figure 7.11, although conversion was lower than for pure paraffin cracking.
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Table 7.4: Maximum diameter of a sphere in Å that can diffuse along the lattice parameters a, b
and c in different zeolite systems (displayed with their framework type codes; FTC) [16].
Zeolite FTC a b c
MCM-22 MWW 4.92 4.92 2.6
ZSM-5, [Fe]ZSM-5 MFI 4.70 4.46 4.46
ZSM-11 MEL 5.19 5.19 5.19
NU-87 NES 5.07 5.07 2.06
Beta BEA 5.95 5.95 5.95
Y, USY, RE-USY FAU 7.35 7.35 7.35
EMC-2 EMT 6.54 6.54 7.37
Active sites on the outer surface of the crystal are therefore lost for cracking or pre-cracking
activities.
NU-87 belonging to the NES structure depicts a small exception. It is a member of the medium-
pore (10-MR) zeolites, but the 10-MR channels are interconnected through 12-membered rings [16].
These 12-membered rings function as pore entrances on the outer crystal surface. The phenol
might therefore be able to partially enter the porous network leading to deactivation and pore
plugging, similar to the large-pore zeolites. This could explain the slight decrease of amicro for
this material after the co-cracking experiment, although measuring inaccuracies from the N2 ph-
ysisorption might also affect this observation.
The co-cracking activity at elevated time on stream of the medium-pore zeolites can be roughly
ranked as following in decreasing order: ZSM-5 > ZSM-11 > [Fe]ZSM-5 > MCM-22 ≈ NU-87
(Fig. 7.7). A similar order is also found in the micropore surface area of the coked zeolites after
the co-cracking reaction: ZSM-5 > [Fe]ZSM-5 ≈ ZSM-11 > MCM-22 ≈ NU-87. Hence, it is
indicated that a large micropore surface area is vital for the conversion of the mixed feed. Similar
results can also be seen for the large-pore zeolites, although RE-USY depicts an exception, which
is probably affiliated to its rare-earth modification.
7.2.6 Product Selectivities of Large-Pore Zeolites
In the following Section, the product selectivities of the different catalysts with the two feeds are
being discussed. For the sake of clarity, the selectivities of the products found for both feeds are
compared on the same catalyst. Later, selectivities of the different catalysts are compared with
each other. Conversion X and selectivities S of hydrothermally treated zeolite Y as catalyst are
depicted in Figure 7.15.
The selectivity of products with carbon numbers < 3 remains rather constant over the reaction
in pure n-decane cracking, although conversion is decreasing (Fig. 7.15 (a)). SMethane, SEthylene
and SEthane are below 5 %. SPropylene = 26 % and SPropane is slightly decreasing from 12 to 6 %. A
comparison of these values with the ones obtained during co-cracking (Fig. 7.15 (b)) reveals some
differences.
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(a) n-Dec feed and small products
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(b) n-Dec + 2-Et-PhOH feed and small products
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(c) n-Dec feed and large products
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(d) n-Dec + 2-Et-PhOH feed and large products
Figure 7.15: Conversion of feed and selectivities of products with C ≤ 3 (top) and C > 3 (bot-
tom) in pure n-decane cracking (left) and co-cracking of n-decane and 2-ethylphenol
(right) with zeolite Y at 480 ◦C and WHSV = 0.08 h−1. The catalyst was hydrother-
mally treated at 700 ◦C prior to reaction. Only products found in both experiments
are shown for comparison. SC6-C8 does not contain aromatics.
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While SMethane and SEthane are mostly unaffected, SEthylene is not only higher but is also slightly
increasing over time. This higher SEthylene can be explained by the dealkylation of the 2-ethylphenol
molecule yielding phenol and ethylene. Both, SPropylene and SPropane are lower as well as strongly
decreasing during the proceeding reaction. The lower value at the beginning of the reaction
can be explained by the lower amount of n-decane in the feed. Only 90 wt.-% of n-decane are
present. Propane and propylene do therefore originate from the conversion of n-decane and not
from 2-ethylphenol.
The continuous decrease of C3 might be based on the suppression of the bimolecular mechanism
due to a limitation of the free void within the pore system during coking. This decrease is observed
with both feeds as the hydride transfer reaction becomes less important, but is more distinct for co-
cracking. However, for propylene there must be another reason since SPropylene remains constant
in n-decane cracking and decreases during co-cracking. The reason might lie in the formation or
consumption of propylene (see discussion below).
Selectivities of products with more than three carbon atoms are shown in Figures 7.15 (c) and
(d). SIsobutane and SButane are decreasing during the reaction with both feeds. SButenes however,
behave the other way around and are increasing. This can be attributed to the hindered hydride
transfer reaction that favors the formation of saturated molecules. Whereas SC5 is constantly in-
creasing over time in the cracking of n-decane, the selectivity is slightly declining after a short
increase during co-cracking. The intensity of cracking the paraffin attenuates with decreasing
conversion and C5 molecules are favored in the product mixture for the single feed. SC6-C8 behave
quite similar for both feeds. Very striking is the greatly enhanced selectivity of aromatic com-
pounds. In n-decane cracking, SAromatics remains constant at 4 %. In co-cracking, the selectivity is
strongly rising up to values of 15 %. This phenomenon must be attributed to a deoxygenation of
the phenolic co-feed.
The selectivity trends in the reaction with USY and RE-USY are very similar to zeolite Y and
are presented in Figures 7.16 and A.6. Small differences can be seen in the absolute values of the
selectivities, but their evolution is similar for all faujasite catalysts.
Figure A.7 shows the conversion and product selectivities with zeolite EMC-2 as catalyst.
Again, similarities to the faujasite structures are clearly visible. The curves of the selectivity
for each product group are quite comparable to the ones found for zeolites Y, USY and RE-USY.
To better compare the supercavity-containing zeolites, the absolute selectivities at about 60 %
conversion are listed in Table 7.5.
The same trends as before can be seen. In co-cracking, selectivities are shifted to lower val-
ues for proyplene, propane, butenes and n-butane. In contrast, they are higher for ethylene and
aromatics. Additionally, naphthalenes are listed, but their formation can only be observed in the
co-cracking experiments. Minor amounts of oxygen-containing products are also observed. Their
evolution is seen only in co-cracking experiments. This is why their selectivity is not shown in
the selectivity diagrams above and only products in both cracking experiments, with and without
co-feed, are highlighted. Their formation underlines a deoxygenation of the phenol molecule.
The absolute values between the FAU/EMT zeolites with the same feed do not differ substan-
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Figure 7.16: Conversion of feed and selectivities of products with C ≤ 3 (top) and C > 3 (bot-
tom) in pure n-decane cracking (left) and co-cracking of n-decane and 2-ethylphenol
(right) with zeolite USY at 480 ◦C and WHSV = 0.08 h−1. The catalyst was hy-
drothermally treated at 700 ◦C prior to reaction. Only products found in both exper-
iments are shown for comparison. SC6-C8 does not contain aromatics.
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Table 7.5: Product selectivities during the cracking of n-decane (pure) and n-decane/2-
ethylphenol (mixed) over hydrothermally deactivated (700 ◦C) FAU and EMT zeolites
at comparable conversion X .
Catalyst Y USY RE-USY EMC-2
Feed pure mixed pure mixed pure mixed pure mixed
X / % 59 59 62 61 62 60 60 61
TOS / min 806 309 1060 604 1500 1104 1599 507
Methane 0.9 1.8 1.6 2.4 2.2 2.4 1.5 1.7
Ethylene 2.2 5.6 2.7 5.5 2.5 4.4 3.8 6.1
Ethane 0.8 0.9 0.8 1.3 1.0 1.5 1.2 0.9
Propylene 26.6 17.8 25.7 16.3 21.7 13.6 27.4 19.5
Propane 8.2 3.4 6.3 4.1 6.7 3.3 6.3 3.3
Isobutane 10.8 12.2 10.2 11.9 10.6 9.2 9.8 12.8
Butenes 16.2 12.7 18.0 13.1 15.9 12.4 17.6 13.7
n-Butane 4.2 1.8 2.6 1.7 3.0 1.8 3.5 1.8
C5 19.8 18.6 20.3 17.2 21.2 16.9 18.3 18.6
C6-C8* 6.3 6.8 6.1 6.5 7.6 8.4 6.0 6.0
Phenols 0 0 0 0 0 0.6 0 0
H2O 0 1.1 0 1.1 0 1.2 0 1.1
COx 0 0.8 0 0.5 0 0.1 0 0.1
Aromatics 3.5 10.5 5.2 11.2 6.5 15.7 4.3 8.9
Naphthalenes 0 5.7 0 6.7 0.3 7.6 0 5.5
Others** 0.3 0.3 0.6 0.6 0.7 0.8 0.3 0.1
*Not including aromatics **Molecules larger than C8
tially. A small exception is zeolite RE-USY with a higher selectivity of aromatics in co-cracking
compared to the other zeolites. This might be due to the rare earths and their positive influence on
the hydride transfer [144]. However, in single feed cracking the values are comparable.
Figure 7.17 shows the conversion and selectivities for zeolite Beta. Selectivities of molecules
having three or less carbon atoms remain constant over time in n-decane cracking. Only SPropane
and SPropylene are falling by 1 %. Co-cracking shows a behavior as seen with the zeolites before, in
which those selectivities are decreasing more strongly over time. When focusing on the molecules
with more carbon atoms, some differences come up.
SIsobutane is higher in co-cracking, whereas SButenes is lower. Both may be connected with each
other. Hydrogen evolving reactions could be present due to coke formation. The result is an
increase in saturated isobutane. Because of the missing supercavities in the Beta structure, it is
not possible to transfer the hydrogen onto the phenol, which would lead to an increase of aromatic
products. This way, the hydrogen is transferred to smaller molecules that are able to diffuse along
the pore system. Coke is plugging the pores and the diffusion pathways of the products become
longer. The bimolecular mechanism becomes less dominant and the formation of isobutane is
decreasing over reaction time. The low values of SAromatics are in high contrast to the already
discussed FAU and EMT materials and are very likely related to the absence of the supercavities.
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Figure 7.17: Conversion of feed and selectivities of products with C ≤ 3 (top) and C > 3 (bot-
tom) in pure n-decane cracking (left) and co-cracking of n-decane and 2-ethylphenol
(right) with zeolite Beta at 480 ◦C and WHSV = 0.08 h−1. The catalyst was hy-
drothermally treated at 700 ◦C prior to reaction. Only products found in both exper-
iments are shown for comparison. SC6-C8 does not contain aromatics.
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A decrease of the selectivities of the C3 fraction namely SPropane and SPropylene was observed
in the co-conversion with 2-ethylphenol for all zeolites. Therefore, the phenolic compound must
somehow influence the formation or the consumption of both products.
XU et al. investigated the monomolecular cracking and dehydrogenation of propane [154]. The
reaction pathways of cracking and dehydrogenation are given in Equations 7.1 and 7.2, respec-
tively.
C3H8+H
+Z– rds−−→ [C3H9]+Z– −−→ CH4+C2H4+H+Z– (7.1)
C3H8+H
+Z– −−→ [C3H9]+Z– −−→ H2+ [C3H7]+Z– rds−−→ C3H6+H+Z– (7.2)
The rate-determining step (rds) of the cracking reaction is the protonation of the propane by
a Brønsted acid site of the zeolite. Products from this pathway are methane and ethylene. The
dehydrogenation results in the formation of propylene and hydrogen with the desorption of the
[C3H7]
+ species being the rate-determining step [154]. A preferred cracking of the propyl cation
can be ruled out, since no change in SMethane was observed. A change in SEthylene could also be due
to the dealkylation of the 2-ethylphenol co-substrate. Furthermore, it is unlikely that the stability of
the [C3H7]
+ species increases during the co-cracking, which would lead to a decrease in SPropylene.
Another possible reaction route could be a following reaction with another product.
Cracking occurs deeper in the zeolite crystal due to the progressive coking. This leads to longer
diffusion pathways for the propylene molecule. With a longer residence time inside the catalyst
particle the probability of subsequent reactions increases. These can be alkylation, cyclization
and aromatization reactions. In particular, the alkylation of the phenolic compounds or aromatics
are likely. This leads to an enhanced coke formation in which the additional coke does not only
originate from the phenol species itself, but also from the paraffinic feed. A similar observation
was made by GUEUDRÉ et al. [98]. However, aromatics are also present in the cracking of pure
n-decane and no decrease of SPropylene was observed with this substrate, although conversion was
also decreasing for FAU and EMT zeolites. Thus, an alkylation of the phenolic compounds seems
more likely.
Phenols act as an acid and their acidity is higher than that of alcohols [155]. After deprotonation
of the OH group by a base, a negatively loaded phenolate ion is obtained (see Figure 7.18). The
phenolate anion and the phenol molecule itself have mesomeric structures. These are shown in
Figure 7.19. The hydroxyl group has a -I effect as oxygen has a higher electronegativity than the
carbon in the aromatic ring. However, the total hydroxyl group is able to donate electrons into
the aromatic ring, which is a +M effect. The +M effect predominates the -I effect. The result is a
delocalization of electrons over the aromatic ring [155]. The distribution of the negative charge is
also the reason for the acidic character of the hydroxyl group in the phenol molecule.
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Figure 7.18: Deprotonation of phenol by a base resulting in a phenolate.
Figure 7.19: Mesomeric formula of phenol (top) and phenolate (bottom) after Ref. [155].
The hydroxyl group of the phenol thus enhances the nucleophilic character of the aromatic
ring. Phenol is therefore more reactive than for example benzene in the electrophilic aromatic
substitution. As seen from Figure 7.19, the negative charge is located in ortho and para position
of the hydroxyl group. Figure 7.20 illustrates a possible reaction mechanism in which propylene
or propyl cations are consumed.
Figure 7.20: Possible reaction mechanism explaining the consumption of propylene and propane
via an alkylation of phenol towards polyaromatic hydrocarbons (coke).
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In the first step, a secondary propyl cation is attached to the aromatic ring by an electrophilic
addition. This is very likely, because the propyl cation is very stable and its formation in paraffin
cracking leads to the formation of propylene and propane. After rearomatization and protonation
of the formed isopropylphenol, a tertiary carbocation can be obtained. The side alkyl group grows
as an electron-rich propylene forms a C−C bond with the tertiary cation. Ring closure and isomer-
ization lead towards a more stable saturated six-membered ring structure. Finally, a aromatization
can occur with hydrogen being released. The mechanism can be repeated on the other side of
the phenol molecule, which yields in bulkier structures belonging to the class of polyaromatic hy-
drocarbons (coke). The proposed mechanism would explain both, the consumption of propylene,
and the higher amount of coke deposits found on the catalyst after co-cracking with the phenolic
co-feed. Assuming a possible deoxygenation (see Section 7.3.3 later) of the intermediate hydrox-
ynaphthalene from Figure 7.20, the formation of naphthalenes during the co-cracking experiments
can also be explained well. However, it is noteworthy to mention that it was not possible to detect
this hydroxynaphthalene intermediate. This might be due to a very strong adsorption on the zeolite
and/or a fast conversion of it into coke.
WANG et al. have identified the influence of acidity on the alkylation of phenol with propylene
over ZSM-5 zeolites [156]. At temperatures below 250 ◦C, preferential O-alkylation on the oxygen
atom of the phenol was observed. At higher temperatures, only C-alkylation on the aromatic ring
occurred with the main products being ortho- and para-isopropylphenol. Thus, given the high
reaction temperature of 480 ◦C, the ring alkylation in Figure 7.20 as a first step in this mechanism
is very likely. They also observed a higher conversion of the phenol over zeolites with a higher
acid site concentration, but also a faster deactivation. ZSM-5 zeolites with a lower acid site density
gave a more constant conversion over reaction time [156]. Their results were confirmed by XU et al.,
who also found ortho- and para-isopropylphenol as main products [157]. Much ortho-propylphenol
was found, when the reaction takes place on the outer surface of the zeolite. Also at low substrate
concentrations and minimized side reactions, the selectivity of dialkylated diisopropylphenol was
found to increase with increasing pore size of the zeolite [157]. The formation of coke is widely
accepted in literature to proceed via alkylation of aromatics, ring closure, isomerization and hy-
dride transfer reactions with naphthalenes as intermediates [158]. Thus, the proposed mechanism in
Figure 7.20 should be able to occur as suggested.
The decrease in SPropylene along time on stream might be explained by the following: At reaction
beginning, the catalyst surface is covered by a large amount of adsorbed propyl species (see Figure
7.21). These are able to desorb easily as propane or propylene (high SPropylene). As the reaction
proceeds, the surface is occupied more and more by phenolic species. With the phenol spreading
over the catalyst surface, the propyl cations are intercepted while diffusing through the catalyst
bed and SPropylene decreases. SPropylene approaches a constant value after the catalyst surface is
totally blocked by the phenol. At the same point, conversion also converges to a rather constant
level.
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Figure 7.21: Proceeding occupation of the zeolite surface by phenol through the catalyst bed
yielding in a decrease of SPropylene.
Also imaginable is a slightly decreased formation of propylene. Phenol is only able to dif-
fuse through the pore system of FAU and EMT structures (Table 7.4). A deposition inside the
pores would limit the free space, which would also reduce an occurrence of the β -scission (com-
pare Figure 4.9). As the free void space is also limited during pure n-decane cracking on the
supercavity-containing materials, this contribution to a decreasing SPropylene is probably of minor
importance.
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7.2.7 Product Selectivities of Medium-Pore Zeolites
Figure 7.22 shows the selectivity and conversion curves with hydrothermally treated ZSM-11 as
catalyst. Similar to zeolite Beta, the selectivities remain constant in pure n-decane cracking with
the conversion only slightly decreasing. While SEthylene was about 5 % or lower with the large-pore
zeolites, it reaches a value of 11 % with ZSM-11. Also much higher is SPropylene with more than
35 %. Differences between ZSM-11 and large-pore materials can also be observed for selectivities
of isobutane and C5. Isobutane is characteristic for the bimolecular cracking mechanism, which is
suppressed by the narrow pore system of the medium-pore zeolite and the monomolecular pathway
gains in importance. The outcome are smaller products such as ethylene [34].
As discussed before in Chapter 7.2.5, the deactivation of the medium-pore zeolites in co-
cracking occurs at the pore mouths. The internal micropore surface area is still accessible after an
advanced decrease in conversion (see Figures 7.13 and 7.14). It is therefore still possible to crack
C5 molecules within the zeolite meaning a lower SC5. As deactivation nevertheless occurs, SC5
rises mildly at the reaction beginning when deactivation appears strongest.
Whereas a large difference was observed between both feeds with the large-pore zeolites, the
product composition with ZSM-11 is not so much affected by the presence of the phenol. Selec-
tivities are similar to single feed cracking, although SPropylene is decreasing strongly and SPropane
is also dropping. As phenol should not be able to diffuse into the narrow pore system, propylene
might be intercepted at the surface as discussed before. Again, no rise in SAromatics is visible during
mixed feed cracking, which was already observed with zeolite Beta.
The composition of the product mixture after reaction over zeolite NU-87 is given in Figure
A.8. Except for SButenes and SC5, the curves look similar to ZSM-11. Whereas SButenes and SC5
remain constant, they decrease over time on stream. The same decrease can be observed with
MCM-22 in Figure A.9. At last, Figures A.10 and A.11 picture the evolution of selectivities in the
cracking experiments with ZSM-5 and [Fe]ZSM-5, respectively. The developing of selectivities is
similar for both catalysts since they belong to the same MFI structure type. Interestingly, SAromatics
is slightly higher in co-cracking with [Fe]ZSM-5 (ca. 6 %) compared with pure n-decane cracking
(3 %). With ZSM-5 as catalyst, no change was observed between both feeds and SAromatics is
between 2 and 3 %. A possible explanation was not found and deeper insights into this reason
were outside of the scope of this thesis.
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Figure 7.22: Conversion of feed and selectivities of products with C ≤ 3 (top) and C > 3 (bot-
tom) in pure n-decane cracking (left) and co-cracking of n-decane and 2-ethylphenol
(right) with zeolite ZSM-11 at 480 ◦C and WHSV = 0.08 h−1. The catalyst was
hydrothermally treated at 700 ◦C prior to reaction. Only products found in both ex-
periments are shown for comparison. SC6-C8 does not contain aromatics.
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Table 7.6: Product selectivities during the co-catalytic cracking of n-decane and 2-ethylphenol
over hydrothermally deactivated (700 ◦C) zeolites at comparable conversion X .
Feed
RE-
USY
USY Y
EMC-
2
Beta
ZSM-
5
ZSM-
11
NU-
87
[Fe]ZSM-
5
X / % 46 40 40 40 40 39 40 43 38
TOS / min 2497 2287 905 1402 2042 1402 707 109 210
Methane 1.9 2.0 1.7 1.6 0.5 0.3 0.4 0.4 0.5
Ethylene 4.7 6.2 6.6 7.3 7.5 10.7 9.5 8.4 10.3
Ethane 1.5 1.6 1.1 1.0 0.9 1.6 1.8 1.3 1.6
Propylene 12.6 13.8 15.2 16.1 20.4 26.0 24.8 25.4 26.0
Propane 2.3 2.5 2.0 1.6 3.6 4.5 4.3 5.4 4.0
Isobutane 5.9 6.5 7.7 7.5 4.5 0.6 0.6 3.8 0.4
Butenes 14.0 15.8 15.6 17.3 16.5 17.0 17.4 17.0 17.1
n-Butane 1.3 1.1 1.3 1.0 2.9 4.0 4.3 3.9 3.8
C5 15.9 15.5 17.8 18.6 17.0 8.0 10.1 12.8 8.5
C6-C8* 9.0 7.8 8.4 8.1 7.8 6.6 7.7 5.7 6.9
Phenols 2.2 2.3 2.1 3.8 13.5 16.1 14.7 10.9 9.4
H2O 1.3 1.4 1.6 1.3 0.5 0.5 0.6 0.4 2.1
COx 0.0 0.3 0.7 0.1 0.2 0.1 0.5 0.6 0.3
Aromatics 18.0 14.1 12.5 12.3 2.1 1.7 1.6 1.7 7.4
Naphthalenes 8.4 6.5 5.0 1.4 0.0 0.0 0.0 0.5 0.0
Others** 1.1 2.6 0.6 0.8 2.2 2.1 1.6 2.0 1.6
*Not including aromatics **Molecules larger than C8
To compare the whole bandwidth of zeolites with each other, the selectivities in co-cracking are
summarized in Table 7.6. It was shown that the selectivities depend very much on the degree of
conversion, especially in co-cracking. Therefore, only catalysts that ran through a conversion of
about 40 % are compared. The lowest X measured for zeolite RE-USY was 46 %, therefore the
zeolite is included with this value.
SPropylene is ≤ 20 % for zeolites with large pore entrances, whereas the other zeolites give a
higher selectivity of up to 26 %. Noticeable are the low selectivities of phenolic species (mainly
phenol and only traces of 3- or 4-ethylphenol isomers) when using the supercavity-containing
zeolites with FAU or EMT structure. The same zeolites give also higher quantitites of aromatics
and water, which implies a deeper deoxygenation of the phenolic co-feed with these materials.
The reason for this higher deoxygenation activity lies in the better hydride transfer ability and is
further discussed in Section 7.2.9. Overall, large-pore zeolites and NU-87 give higher SIsobutane
(3.8 to 7.7 %) because of a dominance of the bimolecular cracking pathway, whereas the other
zeolites show higher n-butane selectivities (3.8 to 4.3 %), which is due to the monomolecular
pathway with medium-pore zeolites.
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7.2.8 Cracking Mechanism Ratio
The preferred mechanism occurring on the catalyst can be estimated by the cracking mechanism
ratio (CMR). The CMR is shown in Figure 7.23 for X ranging from 35 to 46 % to include as
many catalysts as possible. Values are plotted against the accessible volume by a water molecule
diffusing through the zeolite. This diffusion model molecule is used, because the data are easily
available for a large variety of zeolites from the International Zeolite Association.
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Figure 7.23: Correlation between the cracking mechanism ratio (CMR)in the co-cracking of n-
decane and 2-ethylphenol at X = 35 to 46 % and the volume accessible by a water
molecule as diffusion model molecule. Materials with low ( ) and high ( ) CMR are
shown.
High values can be found with the zeolites ZSM-5, [Fe]ZSM-5 and ZSM-11, meaning the
monomolecular cracking mechanism dominates on these materials. Their accessible pore vol-
ume is also smaller compared to the zeolites NU-87, MCM-22, Beta and FAU/EMT, which have a
lower CMR and favor therefore the occurrence of the bimolecular pathway. As seen from Figure
7.23, the CMR correlates with the pore volume. The pore volume however is diminished via cok-
ing during the reaction. This leads to an increase of the CMR as the monomolecular mechanism
is rising and the bimolecular mechanism is suppressed. The CMR’s dependence of the conversion
is illustrated in Figures 7.24 and 7.25 for both n-decane and mixed feed cracking, respectively.
As before, the CMR in n-decane cracking is low with the large-pore zeolites as well as with the
materials NU-87 and MCM-22. At lower conversions, the CMR slightly increases. The medium-
pore zeolites ZSM-11, ZSM-5 and [Fe]ZSM-5 observe higher CMR values. In contrast to the
zeolites with low CMR, their CMR increases strongly when conversion decreases.
In co-cracking experiments, the curves in Figure 7.25 span a broader conversion range, because
especially medium-pore zeolites deactivate along time on stream. The zeolites with low CMR in
n-decane cracking also exhibit low values in co-cracking. As deactivation is more profound in this
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Figure 7.24: Dependence of the cracking mechanism ratio (CMR) on the conversion in n-decane
cracking at 480 ◦C and WHSV = 0.08 h−1. The catalysts were hydrothermally treated
at 700 ◦C prior to reaction.
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Figure 7.25: Dependence of the cracking mechanism ratio (CMR) on the conversion in n-decane
and 2-ethylphenol cracking at 480 ◦C and WHSV = 0.08 h−1. The catalysts were
hydrothermally treated at 700 ◦C prior to reaction.
co-cracking, lower conversions are obtained. In particular, the CMR of NU-87 and MCM-22 rises
severely for X < 30 %.
One could expect that when adding the phenolic co-feed, the CMR curves from pure n-decane
cracking (Fig. 7.24) are just extended towards lower conversions and the slope of the curves would
remain the same. However, this is not the case. The curves of ZSM-11, ZSM-5 and [Fe]ZSM-5 are
flattened in Figure 7.25 showing the co-feed experiments. At comparable conversion, the CMR
of the product mixture is lower in co-cracking experiments. The slope of the curve is therefore
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smaller in co-cracking than in pure n-decane cracking. The increase of the CMR is shifted towards
lower conversion in co-cracking. This suggests that at comparable conversion, the bimolecular
mechanism is favored in the experiments with the mixed feed. The cause for this could be a shift
of the reaction into larger pores, where the bimolecular mechanism is favored. This assumption
will be discussed in greater detail in Section 7.4. Such a shift might be forced due to the phenol
deposition on the pore mouths hindering a penetration of the paraffinic substrate or products into
the zeolite crystal. Only after larger pores are (partially) blocked, the reaction proceeds in smaller
voids with the monomolecular mechanism dominating. Lower partial pressures of substrate in
these pores might also favor the monomolecular mechanism.
7.2.9 Hydrogen Transfer Reaction
The hydrogen or hydride transfer reaction can be estimated by the ratio of formed paraffins to
olefins. A high occurence of the hydride transfer reaction results in a high Sparaffins/Solefins ratio [144].
The ratio along time on stream is depicted in Figure 7.26 for n-decane cracking experiments.
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Figure 7.26: Selectivity ratio of C2-C4 paraffins to C2-C4 olefins during n-decane cracking high-
lighting the hydride transfer ability after Ref. [1].
In n-decane cracking, zeolites with supercavities (FAU and EMT) exhibit high SC2-C4 paraffins/
SC2-C4 olefins values larger than 0.7 at the start of the reaction. The SC2-C4 paraffins/SC2-C4 olefins de-
creases as the reaction proceeds. The medium-pore zeolites and Beta have both lower values,
which do not change significantly along the reaction. However, their conversion also does not
change in n-decane cracking.
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The curves of SC2-C4 paraffins/SC2-C4 olefins in co-cracking look similar to the conversion of pure
n-decane (see Appendix; p. 181). FAU and EMT zeolites exhibit a high activity for the hydride
transfer reaction, but it also decreases. SC2-C4 paraffins/SC2-C4 olefins of zeolite Beta is slightly higher
in co-cracking. Catalysts MCM-22, NU-87, ZSM-5 and [Fe]ZSM-5 give similar values as in
n-decane cracking.
RESASCO and coworkers reported on the importance of the hydride transfer in the conversion
of oxygenated aromatic substrates [116–118]. The conversion of pure anisole (methoxybenzene)
results in the formation of phenolics such as phenol, cresols and xylenols combined with a strong
deactivation [116]. The addition of tetralin as co-feed depletes this deactivation. Experiments with
n-decane, benzene and propylene as co-feed were also conducted. Tetralin as co-feed with the best
H-donor ability gave no decrease in anisole conversion. With a tetralin co-feed it was even possible
to reactivate the catalyst activity after pure anisole conversion, since the adsorbed phenolics are
"flushed" away from the zeolite surface [116]. They also concluded that a phenolic pool is built on
the zeolite surface via isomerization, condensation and transalkylation reactions [117]. Aromatic
hydrocarbons originate from this pool due to cracking and hydride transfer reactions. Studies in
the presence of hexanes revealed that the pool acts as an hydride acceptor participating in the
hydride transfer reaction of the paraffin feed [118].
With the findings from RESASCO and co-workers, the high stability of the FAU/EMT zeolites
and the higher selectivities of aromatics can be explained. The good hydride transfer ability of
these catalysts (see Figure 7.26) leads to a less profound deactivation in co-cracking compared
to pure single feed cracking. The higher aromatics selectivity in co-cracking also underlines the
importance of the hydride transfer. However, the SC2-C4 paraffins/SC2-C4 olefins ratio from Figure 7.26
contains C2, C3 and C4 products. Dealkylation of the ethyl group of 2-ethylphenol leads to a
higher selectivity of ethylene as shown before in Table 7.5. Ethylene could also interfere with the
C4 products, because it could react with itself into a C4 product. To compare the hydride transfer
ability between both feeds, a product which can only originate from the paraffin cracking should
be taken into consideration. The C3 products propane and propylene are suitable for this purpose.
Therefore, the SPropane/SPropylene ratio is shown in Figure 7.27 for the different studied catalysts and
both types of feeds.
The illustration of the hydride transfer in this manner reveals some differences between the two
feeds. FAU and EMT zeolites again show a high ratio of saturated to unsaturated C3 products at
reaction beginning, which is decreasing along reaction time. The other zeolites exhibit a rather
stable SPropane/SPropylene in n-decane cracking. When introducing the co-feed, SPropane/SPropylene is
not only decreasing for the FAU/EMT materials, but also with the medium-pore zeolites. Fur-
thermore, SPropane/SPropylene is always lower for co-cracking than for n-decane cracking. Thus, the
2-ethylphenol co-feed interferes in the hydride transfer, which is in good agreement with the find-
ings from RESASCO and co-workers [116–118]. A phenolic co-feed or a built phenolic pool acts as an
H-acceptor consuming hydrogen from the paraffin feed. In general, the curves for both feeds start
at similar SPropane/SPropylene ratios. Only EMC-2 depicts an exception, but the SPropane/SPropylene
curve for co-feed cracking might be extrapolated to the same value as in n-decane cracking.
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Figure 7.27: Selectivity ratio of propane to propylene during n-decane cracking ( ) and co-
cracking of n-decane and 2-ethylphenol ( ) over time on stream.
After the identification of the Y zeolite being the superior catalyst, further studies in the next
sections deal with the investigation of the influence of the concentration of acid sites and the
topology of the catalysts. Large-pore zeolite Y for the FAU structure and zeolite Beta for the BEA
structure are used for these studies. They are not hydrothermally treated to preserve the acid sites
and the pore structure.
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7.3 Faujasite Zeolites with Different Aluminum Contents
7.3.1 Characterization of the Zeolites
The faujasite zeolites investigated had different chemical compositions. Their molar nSi/nAl and
nNa/nAl ratios determined by ICP-OES are summarized in Table 7.7 together with the concentration
of Brønsted (BAS) and Lewis acid sites (LAS) from NMR measurements and IR spectrosopy
involving pyridine desorption as well as their sample designation used in this work. The sample
names implicate if the zeolite underwent an ion exchange by a prefixed "NH4" at the beginning of
the name. The nSi/nAl ratio is given in parentheses after the type of faujasite zeolite (Y or USY).
Names end with the concentration of BAS as determined via 1H MAS NMR.
Table 7.7: Investigated zeolite Y samples with different chemical composition as determined via
ICP-OES as well as concentrations of BAS and LAS determined by NMR and IR
spectroscopy as well as their corresponding sample designation.
nSi/nAl nNa/nAl
cBAS,NMR /
mmol g−1
cBAS,Py des. /
mmol g−1
cLAS,Py des. /
mmol g−1 sample designation
2.7 0.0053 2.18 1.26 0.02 NH4-Y(2.7)-2.18
2.9 0.0039 1.27 0.86 0.16 NH4-Y(2.9)-1.27
2.9 0.0086 1.30 0.62 0.17 NH4-Y(2.9)-1.30
2.9 0.0612 0.94 0.61 0.33 USY(2.9)-0.94
3.0 0.0100 1.42 0.76 0.12 NH4-USY(3.0)-1.42
4.2 0.0018 0.83 0.48 0.25 NH4-Y(4.2)-0.83
5.6 0.0075 0.77 0.41 0.22 NH4-Y(5.6)-0.77
6.0 0.0003 0.84 0.86 0.20 NH4-Y(6.0)-0.84
7.5 0.0003 0.15 0.07 0.17 NH4-Y(7.5)-0.15
15.1 0.0027 0.54 0.32 0.09 NH4-Y(15.1)-0.54
41.8 0.0028 0.14 0.10 0.02 NH4-Y(41.8)-0.14
46.1 0.0271 0.11 0.17 0.04 NH4-Y(46.1)-0.11
The nSi/nAl ratio of the studied materials ranges from 2.7 to 46.1. All zeolites exhibit a very
low sodium content. USY(2.9)-0.94 was used as received by the manufacturer and only 6 % of
the ion exchange sites are occupied by a sodium cation. Ion exchanged zeolites have an even
lower sodium content. Only NH4-Y(46.1)-0.11 depicts an exception. This zeolite was probably
pretreated by hydrothermal and/or chemical methods to achieve the high nSi/nAl ratio. Sodium
ions are therefore probably enclosed in the structure and no longer available for an aqueous ion
exchange. Only 1 % or less of the ion exchange sites are occupied by a sodium ion after the NH +4
ion exchange. Due to the overall low nNa/nAl ratios, all zeolites can be seen as mostly sodium-free.
Figure 7.28 (left) shows the x-ray powder diffraction patterns of the studied faujasite zeolites.
All samples show only the diffraction pattern characteristic for the faujasite structure. No impu-
rity phase was detected. NH4-Y(46.1)-0.11 with the highest nSi/nAl exhibits lower reflexes for
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diffraction angles of 2θ > 10°. This is due to the high level of dealumination, which leads to a
partial destruction of the zeolite framework. The crystal size of the investigated zeolite Y samples
is about 1 to 2 µm and can be seen in the SEM images in the Appendix (pp. 182-183).
27Al MAS NMR spectra of the faujasite samples are also shown in Figure 7.28 (right) and give
information about the coordination of the aluminum in the zeolite crystal. Tetrahedrally coordi-
nated aluminum is located at 58 ppm, whereas aluminum in an octahedral coordination gives a
signal at about 0 ppm [159,160]. While tetrahedrally coordinated Al (FAL) is incorporated in the
framework, octahedrally coordinated Al is assigned to extra-framework aluminum (EFAL). Addi-
tionally, zeolites NH4-Y(15.1)-0.54, NH4-Y(41.8)-0.14 and NH4-Y(46.1)-0.11 with the highest
nSi/nAl ratios observe a shoulder at about 53 ppm. Although not visible in the spectra of the re-
maining zeolites, this signal could also be present in these under the large signal at 58 ppm. The
three mentioned zeolites have the lowest aluminum content, which allows for appearance of the
said signal. HUANG et al. assigned this signal to four-fold coordinated aluminum and the negative
charge may be compensated by extra-framework Alx+ or Na+ cations [161]. Other authors reported
on this signal as well and ascribed it to perturbed FAL [162,163].
Since most of the studied zeolites show the presence of EFAL, the calculated nSi/nAl ratio from
elemental analysis does not reflect the nSi/nAl ratio in the framework and can therefore be seen
as the ratio in the bulk. For these zeolites, the nSi/nAl ratio in the framework must be higher than
the one in the bulk of the materials. This applies in particular for zeolite NH4-Y(7.5)-0.15 with
a significant signal of EFAL. Even though EFAL is present on the zeolites and one could argue
that the zeolites are not completely phase pure, this allows to study the influence of EFAL on the
cracking reaction in the following Chapter.
The surface texture was characterized by N2 physisorption and the values for the surface area
of micropores (amicro) and mesopores (ameso) are illustrated in Figure 7.29. Most zeolites have
values for amicro > 600 m2g−1 and ameso of ca. 130 m2g−1 or less. Only zeolite NH4-Y(41.8)-0.14
has a larger mesopore than micropore surface area. NH4-Y(2.7)-2.18, USY(2.9)-0.94 and NH4-
USY(3.0)-1.42 show the lowest ameso. With no EFAL present and the lowest ameso, zeolite NH4-
Y(2.7)-2.18 can be seen as the most ideal zeolite of them all. The pore volumes of micropores
Vmicro and mesopores Vmeso are given in Figure 7.30. V necessarily is related to a and zeolites with
high values for a also show high corresponding pore volumes. Especially NH4-Y(41.8)-0.14 has
a very large Vmeso, which makes it suitable to investigate the effect of large pores on the cracking
reaction.
Finally, the acidic character of the zeolites was also investigated. For this, temperate-program-
med desorption of ammonia (NH3-TPD), pyridine adsorption as basic probe molecule combined
with FT-IR and MAS NMR were applied. Figure 7.31 shows the NH3-TPD profiles of the studied
zeolites.
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Figure 7.28: X-ray powder diffraction patterns (left) and 27Al MAS NMR spectra (right) of fauj-
asite zeolites with different nSi/nAl ratios after Ref. [2].
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Figure 7.29: Micro- and mesopore surface area of faujasite zeolites as determined by N2 ph-
ysisorption after Ref. [2].
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Figure 7.31: Ammonia-TPD profiles of investigated faujasite zeolites with different nSi/nAl ratios
after Ref. [2]. The first measurement is shown.
Up to three signals can be observed. The first signal has its maximum between 270 and 320 ◦C.
The second signal can be found at 400 to 450 ◦C. Both signals are denoted as l- and h-signal for
low- and high-temperature peaks, respectively. For some samples, a third signal at temperatures
above 500 ◦C was recorded. A repetition of the measurement (see Appendix p. 184) with the
sample left in the sample cell reveals an absence of this signal. It therefore originates from the
dehydroxylation of the zeolite framework at these elevated temperatures [124,164].
The origination of the l- and h-peak is under discussion in literature. Some authors describe the
l-peak as the desorption of ammonia from weakly acidic SiOH groups or Lewis acid sites [165–168].
More current investigations however affiliate it with the desorption of physically adsorbed NH3 or
(NH3)n polymeric species
[165,169]. These species are weakly adsorbed on a NH +4 cation located
at a Brønsted acid site and have no physical meaning [169]. The h-peak on the other hand gives
information about the Brønsted acid sites. Its height and the area under it correlates with the
amount of BAS. As both peaks overlap each other, it is difficult to separate both l- and h-peak from
each other. However, a semi-quantitative estimation can be applied. The zeolites can be aligned
in the following order with decreasing intensity of the h-peak and BAS concentration : NH4-
Y(2.7)-2.18 > NH4-USY(3.0)-1.42 > NH4-Y(2.9)-1.30 ≈ USY(2.9)-0.94 > NH4-Y(2.9)-1.27 >
NH4-Y(6.0)-0.84 > NH4-Y(4.2)-0.83 ≈ NH4-Y(5.6)-0.77 > NH4-Y(15.1)-0.54 > NH4-Y(41.8)-
0.14 > NH4-Y(7.5)-0.15 > NH4-Y(46.1)-0.11.
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Figure 7.32: Temperature-dependent desorption of pyridine from Brønsted (BAS) and Lewis acid
sites (LAS) of faujasite zeolites as determined by FT-IR at ν˜ = 1545 and 1450 cm−1,
respectively after Ref. [2].
NH3-TPD is also used in literature to determine the strength of acid sites. The temperature at
the maximum of the h-peak is reported to correlate with the strength of the acid site and zeolites
with different structures can be well distinguished from each other [170]. When comparing zeolites
with the same structure, it was found that the differences in the h-peak maxima are too close to
each other. The maxima heavily rely on the WHSV in the TPD experiment and with increasing
WHSV the maximum shifts to higher temperatures [169]. Although the zeolite mass was kept about
constant for the NH3-TPD experiments, a comparison of the samples by terms of acid site strength
is difficult. The method of temperature-programmed desorption of pyridine as probe molecule
observed with FT-IR has proven to be suitable for the strength determination. This method was
tested on noble metal-exchanged zeolites in earlier works [124,125].
Figure 7.32 shows the relative pyridine concentration on the zeolite surface dependent on the
temperature, which is adsorbed on Brønsted and Lewis acid sites, respectively. In principle, the
strength can be estimated by the decrease of the relative pyridine concentration. Zeolites with
strong acid sites are able to retain more pyrdine on their surface, whereas weaker acid sites release
the probe molecule at lower temperatures.
The curves in Figure 7.32 tend to decrease with increasing temperature as pyridine desorbes
from the surface. Some zeolites however observe a slight increase in rel. pyridine concentration up
to temperatures of 350 ◦C. These have to be attributed to a readsorption of pyridine, probably from
pyridine coming from non-acidic sites. The curves do not run parallel to each other and overlap
at several points. It is therefore difficult to distinguish between the strength of the Brønsted acid
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Figure 7.33: Concentration of Brønsted acid sites of faujasite zeolites as determined via 1H MAS
NMR spectroscopy.
sites of all investigated samples. On the other hand, the strength of the samples can be seen as
comparable.
The strength of the Lewis acid sites reveals some differences. Most of the zeolites show a
minor decrease of the pyridine concentration on LAS up to 300 ◦C, which then remains constant
up to 500 ◦C. NH4-Y(2.7)-2.18, NH4-Y(15.1)-0.54, NH4-Y(41.8)-0.14 and NH4-Y(46.1)-0.11
show an increase of the LAS at elevated temperatures. For NH4-Y(2.7)-2.18 the reason might be
the dehydroxylation of the ideal zeolite framework generating LAS. For the other three zeolites
the reason seems to be somehow different. Noticeable are their high nSi/nAl ratios of 15.1 and
higher. 27Al MAS NMR did not detect any extra-framework aluminum for these samples that
could function as LAS. But the aluminum species leading to the shoulder peak at 53 ppm in the
27Al MAS NMR spectra could be responsible for the high amount of LAS, although, it does not
explain its increase with higher temperatures. It might be due to readsorption of pyridine from non-
acidic or weaker acid sites similar to the increases in Figure 7.32. Nevertheless, the appearance of
high amounts of Lewis acid sites on these zeolites makes an investigation about the influence of
this kind of acid site highly interesting. The absolute values of pyridine concentration adsorbed
on Brønsted and Lewis acid sites at different temperatures can be found in the Appendix (pp.
185-188).
In order to quantify the amount of acid sites more precisely, the samples were also characterized
with 1H MAS NMR spectroscopy, and the results are illustrated in Figure 7.33. This method allows
the quantitative determination of discrete values for the acid site concentration and therefore these
values are used in the sample designation. The values obtained by 1H MAS NMR correlate well
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with the trend found by NH3-TPD. As mentioned earlier, the nSi/nAl ratio in the bulk does not
reflect the nSi/nAl ratio in the framework, because of EFAL of the zeolites. The framework nSi/nAl
however determines the amount of BAS on the zeolite surface. With the knowledge about the acid
site concentration, the framework nSi/nAl ratio is circumstantial.
7.3.2 Conversion in Cracking of Pure and Mixed Feed
The faujasite zeolite Y series was also applied as catalysts in the cracking reaction. As men-
tioned above, the zeolites can be arranged into three categories with a high, medium and low
Brønsted acid site concentration. Figure 7.34 shows the conversion along time on stream in n-
decane cracking separated in these groups. High acid site concentrations (> 0.9 mmolg−1) lead to
a sigmoidal decrease of conversion, whereas low concentrations (< 0.5 mmolg−1) exhibit a stable
almost constant or linear decline of the conversion. Catalysts with a medium concentration show
characteristics of both categories.
In general, the conversion behavior can be well correlated with the BAS concentration. In
the beginning of the reaction, full conversion was reached with zeolites that possess a high BAS
concentration. After 700 to 1000 min, the conversion drops drastically to a value of 18 to 20 %.
With decreasing acid site concentration this conversion drop is shifted towards higher time on
stream. When the concentration is 0.84 or 0.83 mmol g−1, the conversion decrease becomes
smoother. At concentrations of 0.77 and 0.54 mmol g−1, the deactivation does not only start
earlier (400 to 500 min), but also decreases linearly. At the stop of the reaction, the catalysts still
show a high activity of 63 and 73 %. The zeolites with less than 0.5 mmol g−1 of BAS further
highlight this trend in the deactivation behavior. Catalysts with 0.15 and 0.14 mmol g−1 have
similar values of X = 62 and 67 % at reaction stop. The zeolite with the lowest concentration of
0.11 mmol g−1 exhibits the lowest conversion (34 %) from start to end of the n-decane cracking.
In the category of zeolites with a high acid site density, the zeolites NH4-Y(2.7)-2.18 and NH4-
USY(3.0)-1.42 do not fully fit into the observed trend, in which a higher site density leads to an
earlier deactivation. However, both zeolites have a small mesopore volume as shown before (Fig-
ure 7.30) compared to the other two zeolites with a high site density. During n-decane cracking,
the small pore volume of the mesopores might contribute to a longer activity because the coke
formation in these larger pores is suppressed. A similar behavior was observed before with the
medium-pore zeolites in Section 7.2.3. For zeolite NH4-Y(2.7)-2.18, the influence of a larger
amount of Lewis acid sites (Figure 7.32) also can not be ruled out, which could lead to a longer
run time stability.
Since a fixed-bed reactor was used, the n-decane cracking proceeds from top to bottom of the
catalyst bed. Along the catalyst bed, the cracking reactions together with side reactions occur.
With a high concentration of BAS present in the reaction, not only the cracking reactions but
also the formation of coke is favored. This explains the rapid deactivation at lower TOS over
zeolites with a high BAS concentration. When the acid concentration is lowered, the probability
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Figure 7.34: Conversion of n-decane via time on stream over faujasite zeolites with varying chem-
ical composition. Zeolites with a high (top), medium (middle) and low (bottom)
Brønsted acid site concentration are shown.
of coke formation is lowered while still maintaining enough cracking activity. These are zeolites
with a medium acid site concentration. For catalysts with a low acid site concentrations, the coke
formation is rather suppressed (almost constant level of activity over time), but the total conversion
depends strongly on the acid site density.
The conversion in the mixed feed experiments is shown together with the pure n-decane ex-
periments in Figure 7.35. A stronger deactivation characteristic in the mixed feed experiments
can be seen with almost all faujasite zeolites, that is a lower observed conversion than for pure
n-decane cracking. The two zeolites NH4-Y(41.8)-0.14 and NH4-Y(46.1)-0.11 with a very low
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acid site density even yield in a slightly higher conversion for the mixed feed cracking at reaction
beginning. A full conversion of the co-substrate 2-ethylphenol into phenol was observed for all
experiments. Thus, the higher conversion might be partially due to this reason. The presence of
the co-feed at these low acid concentrations and the high amount of Lewis acid sites could also
enhance the conversion of the n-decane main substrate. Nevertheless, these effects are only sig-
nificant at the start of the reaction. At the stop of the reaction, the mixed feed conversion is again
below the one in the pure feed experiments.
The difference in observed activity is also partially reflected in the amount of coke wcoke found
on the catalysts after the reactions. This is shown in Figure 7.36. For the n-decane experiments, ze-
olites with a sigmoidal conversion curve possess a large amount of coke (> 20 wt.-%) and zeolites
with a linear decrease or constant conversion level a low value for carbon deposits (< 16 wt.-%).
Once again, more coke can be found on zeolites that underwent co-cracking. After those exper-
iments, the zeolites with sigmoidally decreasing conversion have values of more than 29 wt.-%,
whereas less than 21 wt.-% of coke was found for the catalysts with linearly declining/constant
conversion.
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Figure 7.36: Coke on dry faujasite zeolites after the reaction for pure n-decane cracking and co-
cracking with 2-ethylphenol after Ref. [2].
Different values for the Brønsted acid concentration make the investigation about the influence
of the Lewis acid sites difficult. Only NH4-Y(41.8)-0.14 and NH4-Y(7.5)-0.15 exhibit similar
values for the BAS density, but a different LAS strength behavior (Fig. 7.32) with NH4-Y(7.5)-
0.15 having significantly more LAS (compare Appendix pp. 185-188). On the other hand, NH4-
Y(41.8)-0.14 has a much larger mesopore and a lower micropore surface area (Fig. 7.29) and more
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coke can be accumulated in the large pores. However, for longer times on stream in the reaction,
the presence of LAS does not seem to be beneficial, neither in pure nor in co-feed experiments.
All in all, the influence of the Lewis acid sites on the reaction seems to be limited.
To further investigate the coke, solid-state NMR measurements were performed on the zeolite
USY(2.9)-0.94 after reaction. The spectra are shown in Figure 7.37. 1H MAS NMR spectra show
two signals with their maxima between 1 and 7 ppm. The low-field signal at around 1.9 ppm
cannot only be attributed to coke species on the zeolite, but also to OH groups of the zeolite
itself. HUNGER et al. assigned signals in this range to SiOH and AlOH groups [171]. However,
also protons in alkyl chains can be found at these positions [172]. The signal at ∼7 ppm can be
related to protons attached to aromatic rings. A presence of ammonium ions on the zeolite can be
ruled out because deammonization takes place at reaction temperatures (see Ammonia-TPD for
comparison). Therefore, protons from adsorbed ammonia or in the form of ammonium ions are
not present on the coked zeolite, although they appear in the same range [173].
−2002040
* * * *
* * * *
δ1H / ppm
050100150200
* *
* *
δ13C / ppm
Figure 7.37: 1H MAS and 13C CPMAS NMR spectra of coked zeolite USY(2.9)-0.94 after reac-
tion with solely n-decane (bottom) and the mixed feed with 2-ethylphenol (top) after
Ref. [2]. Asterisks denote spinning side bands.
13C spectra show one large signal at 130 ppm. Used substrates were not 13C enriched, which
explains the poor signal to noise ratio. The broad signal can be fully assigned to aromatic carbon
atoms [172]. Carbon atoms from alkanes or alkenes are not visible, meaning that the coke is mostly
constituted of aromatic compounds. Due to the broadness of the peak, the aromatic deposits
probably consist of diverse structures. Conceivable are di-, tri- or higher aromatics [174].
IR spectroscopy was also applied to further investigate the nature of the coke deposits. Spec-
tra of solid fresh and coked NH4-Y(4.2)-0.83 are shown in Figure 7.38 on the left hand side.
Spectra can be divided into the region of ν˜ < 1500 cm−1 and higher. Signals below 1500 cm−1
are due to framework vibrations of the zeolite lattice [175]. T−O−T asymmetric vibrations oc-
cur at ν˜ = 1051 cm−1 in which the T atoms are Si or Al. The symmetric vibration is located at
ν˜ = 831 cm−1 in the form of a sharp peak [175].
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Figure 7.38: IR spectra of solid fresh/coked zeolite NH4-Y(4.2)-0.83 (left) and dissolved
coke (right). Fresh zeolite (solid line), after n-decane (dashed) and n-decane/2-
ethylphenol (dotted) conversion are shown.
The water vibration can be found at ν˜ > 1500 cm−1. The bending mode of adsorbed water
appears at 1620 cm−1 and the OH hydrogen coordinated to the oxygen atom of the framework is
located around 3390 cm−1 [175]. Coked samples show no additional vibration bands. For both the
n-decane and the n-decane/2-ethylphenol feed, the predominant adsorption of the IR radiation is
due to the zeolite framework. Only a slight decrease of the water vibration peaks can be observed.
This is due to a lower amount of water adsorbed on the zeolite surface as coke is filling most of
the pore space. Unfortunately, information about the structure of the coke could not be obtained
by this method.
An attempt was also made to dissolve the coked zeolite in an aqueous hydrofluoric acid solution
and to extract the coke components with dichloromethane. The organic phase after extraction was
analyzed with IR spectroscopy and the spectra are also shown in Figure 7.38 on the right hand
side. In the case of coke extraction after n-decane conversion, the water vibration at 3390 cm−1
was observed. This signal is due to water impurities from the extraction process. Vibration bands
between 2848 and 2957 cm−1 reveal a presence of C-H bonds [172]. These could be part of an
aromatic or aliphatic compound. Also visible is a C−O or C−C vibration at 1700 cm−1 [172].
Both vibration modes occur in the two samples. Although attention was paid to an evaporation
of the solvent before analysis, traces of acetone (also used in the extraction) could be detected.
A major difference between both types of coke is not detectable. Even the fingerprint region
below 1500 cm−1 depicts a similar picture. In combination with 13C NMR measurements it can
be concluded that the coke does not vary much in its composition, regardless of which feed was
converted.
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Further efforts to analyze the dissolved coke by means of GC-MS did not end in a successful
characterization, due to the high boiling points of the compounds. Liquid 13C and 1H NMR also
could not specify its composition. The most feasible explanation for the difficult coke analysis is
amongst others the high total coke content. This is because of the insoluble coke being a secondary
product of soluble coke. With coke content increasing, the amount of soluble coke is lowered [176].
Secondly, the reaction temperature influences the coke composition. Higher temperatures favor
the formation of bulkier multi-aromatics via alkylation, cyclization and hydrogen transfer reaction.
Molecules with more than 4 aromatic rings are described as insoluble in dichloromethane [145]. The
high reaction temperatures applied in this thesis therefore do not allow an extraction of coke and
the coke can be claimed to be hard coke [145,177].
7.3.3 Product Selectivities
In the following Section, the selectivities of products occurring in the cracking over the faujasite
series are discussed. For the sake of clarity, three examples are selected. Each zeolite belongs
to one group of the three categories of high, medium and low BAS concentration. Selected ze-
olites are NH4-Y(2.9)-1.30, NH4-Y(5.6)-0.77 and NH4-Y(7.5)-0.15, respectively. The product
selectivities S and conversion X during the cracking of both feeds are illustrated in Figure 7.39 to
7.41.
A comparison with both feeds on NH4-Y(2.9)-1.30 containing a high BAS density, reveals
rather similar product selectivities for C ≤ 3 with one exception. SPropylene is sigmoidally in-
creasing over time on stream during n-decane cracking and remains constant towards the end of
reaction. For co-cracking with 2-ethylphenol, SPropylene reaches a maximum at the inflection of
the conversion curve. Selectivities of larger products with C > 3 also exhibit some differences.
Similar to SPropylene, a maximum of SButenes, SAromatics, SC5 and SNaphthalenes can be observed dur-
ing co-cracking. The decrease of theses selectivities at about 900 min is partially due to the rise
of SC6-C8 but also due to the dealkylation of 2-ethylphenol to phenol, which is described later.
Higher SC6-C8 for longer times on stream suggests a more shallow feed cracking. Lower values
for SPropylene in co-cracking were already observed over hydrothermally treated zeolites (Section
7.2.6), but not a maximum during the reaction. SAromatics is also higher during co-cracking as
described earlier.
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Figure 7.39: Conversion of feed and selectivities of products with C ≤ 3 (top) and C > 3 (bot-
tom) in pure n-decane cracking (left) and co-cracking of n-decane and 2-ethylphenol
(right) with zeolite NH4-Y(2.9)-1.30 at 480 ◦C and WHSV = 0.08 h−1. Only prod-
ucts found in both experiments are shown for comparison. SC6-C8 does not contain
aromatics.
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Figure 7.40: Conversion of feed and selectivities of products with C ≤ 3 (top) and C > 3 (bot-
tom) in pure n-decane cracking (left) and co-cracking of n-decane and 2-ethylphenol
(right) with zeolite NH4-Y(5.6)-0.77 at 480 ◦C and WHSV = 0.08 h−1. Only prod-
ucts found in both experiments are shown for comparison. SC6-C8 does not contain
aromatics.
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Figure 7.41: Conversion of feed and selectivities of products with C ≤ 3 (top) and C > 3 (bot-
tom) in pure n-decane cracking (left) and co-cracking of n-decane and 2-ethylphenol
(right) with zeolite NH4-Y(7.5)-0.15 at 480 ◦C and WHSV = 0.08 h−1. Only prod-
ucts found in both experiments are shown for comparison. SC6-C8 does not contain
aromatics.
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Main differences between the feeds with zeolite NH4-Y(5.6)-0.77 are a higher SAromatics and
SEthylene, especially at longer times on stream arising from the conversion of the phenolic co-
substrate. NH4-Y(7.5)-0.15 gives selectivity and conversion trends even more similar to the hy-
drothermally treated zeolites (compare Figure 7.16). This suggests that not only the pore structure
is partially destroyed by the hydrothermal treatment, but also the BAS concentration is decreased.
With the zeolites running through different levels of conversion or even staying active for some
time at reaction beginning, the selectivities of the three zeolites are summarized at the same con-
version in Table 7.8. The absolute selectivities from both feeds do not vary significantly. Worth
mentioning are the higher SEthylene, SAromatics and SNaphthalenes in co-cracking. In contrast, SPropylene
is 5 % lower.
Table 7.8: Product selectivities during the cracking of n-decane (pure) and n-decane/2-
ethylphenol (mixed) over three selected examples of faujasite zeolites at comparable
conversion X .
Catalyst NH4-Y(2.9)-1.30 NH4-Y(5.6)-0.77 NH4-Y(7.5)-0.15
Feed pure mixed pure mixed pure mixed
X / % 68 68 69 69 68 69
TOS / min 806 707 1303 905 806 110
Methane 3.6 4.5 2.1 2.7 0.7 1.2
Ethylene 4.8 5.6 3.3 5.2 3.3 6.7
Ethane 1.6 2.0 1.0 1.3 1.3 1.0
Propylene 19.1 14.1 23.2 18.1 28.1 23.1
Propane 15.0 19.0 9.0 6.5 6.9 5.1
Isobutane 9.4 14.0 8.5 9.5 8.4 14.3
Butenes 12.6 7.5 16.5 13.4 17.6 13.1
n-Butane 5.1 5.7 3.6 2.9 4.7 2.9
C5 14.4 11.0 17.7 14.8 17.2 16.9
C6-C8* 3.8 2.2 5.3 4.5 7.6 5.3
Phenols 0 0.2 0 0 0 0.4
Aromatics 10.2 12.1 9.4 16.0 4.2 7.3
Naphthalenes 0.4 2.1 0.3 4.9 0 2.7
*Not including aromatics
As seen from Table 7.8, the phenols selectivity for the illustrated zeolites is almost zero. To
highlight the ability to convert the phenol, XPhenols is plotted in Figure 7.42 for zeolites with a
high, medium and low BAS concentration. It includes both the conversion of the co-substrate and
its dealkylated product phenol. It must be mentioned, that since the conversion of phenols was
evaluated at the reactor outlet, a high phenols conversion can also mean an irreversible adsorption
on the catalyst surface.
Not only for the total conversion of the paraffinic main substrate and the phenolic co-substrate,
the conversion trend seems to depend on the amount of acid sites. Similar curves are found for
XPhenols as well. Catalysts with more than 0.90 mmolg−1 of BAS observe a sigmoidal decrease
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Figure 7.42: Conversion of phenols via time on stream over faujasite zeolites with varying chem-
ical composition after Ref. [2]. Zeolites with a high (top), medium (middle) and low
(bottom) Brønsted acid site concentration are shown.
of XPhenols within the time frame monitored. Especially zeolites manufactured by GRACE such
as NH4-USY(3.0)-1.42, USY(2.9)-0.94 and NH4-Y(2.7)-2.18 exhibit a profound decrease at long
time on stream. Additionally, NH4-Y(2.9)-1.30 and NH4-Y(2.9)-1.27 also give low conversion
levels at reaction stop. By lowering the BAS concentration, phenols are converted for a longer
time. The same dependency of the conversion on the amount of acid sites was also found by
WANG et al., who studied the phenol alkylation with propylene [156].
Zeolites that show a sudden drop in XPhenols also contain large amounts of coke after the reac-
tion. Zeolites with more than 0.90 mmolg−1 lead to carbon deposits of wcoke > 29 % in mixed feed
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cracking. The remaining zeolites with lower BAS density only contain wcoke < 21 % at the same
conditions. The strong coke formation certainly leads to a decrease of not only the total conversion
but also of the transformation of the phenolic molecules. A different behavior of the mentioned
GRACE catalysts (steep decrease of XPhenols) is probably related to their pore characteristics. They
exhibit the lowest mesopore volume Vmeso (see Figure 7.30) of all studied faujasite zeolites. Crack-
ing of n-decane occurs mainly in the zeolite micropore network. After those are filled with coke
originating from side reactions, the reaction is probably shifted into mesopores. Lower BAS den-
sity per volume in the larger pores leads to a decrease of n-decane transformation. There are
not enough active sites available anymore. However, they are still able to convert the phenolic
co-substrates into valuable aromatics. This is even favored by the presence of non-converted n-
decane, which is a good hydride donor. The selectivities towards these obtained aromatic products
are depicted in Figure 7.43 for both feeds.
A maximum of SAromatics in co-cracking can be observed for all faujasites with more than
0.83 mmolg−1 of BAS. As for the same zeolites a decrease of XPhenols was also found during
time on stream, it seems likely that SAromatics and XPhenols are closely connected to each other. The
steep decrease of XPhenols especially with zeolites NH4-USY(3.0)-1.42, USY(2.9)-0.94 and NH4-
Y(2.7)-2.18 ends up in SAromatics even lower than in n-decane cracking shortly before reaction stop.
SAromatics in mixed feed cracking for the other faujasites lies always on top of the paraffin cracking.
Zeolites NH4-Y(6.0)-0.84 and NH4-(4.2)-0.83 show only a slight decline of XPhenols after 1000 or
1200 min, respectively. The maximum of SAromatics is also not as distinctive as for the other ze-
olites with many BAS. For zeolites with less than 0.54 mmolg−1 of BAS, the SAromatics curve is
rather constant after a slight increase as no strong deactivation and change in conversion occurs.
In principle, high selectivities for aromatics should be expected at high XPhenols. However, they
can also originate from the transformation of n-decane and both overlap with each other. The
difference between the conversion of phenolic molecules and the total conversion of the mixed
feed is described as ∆X . Since the major amount in the mixed feed is n-decane (90 %), Xn-Dec can
be approximated by Xn-Dec + Et-PhOH and ∆X can be calculated by the following equation:
∆X = XPhenols−Xn-Dec + Et-PhOH ≈ XPhenols−Xn-Dec.
The values of ∆X and the corresponding SAromatics during co-cracking are visualized in Figure
7.44. After reaction start, ∆X is almost zero because both feeds are fully converted. With the
decrease of Xn-Dec, ∆X is rising and the phenols are still transformed, which results in a higher
SAromatics. However, after coking of the mesopores XPhenols also starts to decline and ∆X is de-
creasing.
Cracking of lignin fragments into phenolic compounds in larger pores was also described by
MIRODATOS and co-workers for the co-conversion of a VGO and HDO oil in MAT testing [96,98,178].
The competing effect between the alkanes and phenols for BAS was described to favor the for-
mation of olefins by interfering with the hydride transfer side reaction [178]. Together with the
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Figure 7.43: SAromatics during n-decane cracking ( ) and co-cracking of n-decane and 2-
ethylphenol ( ) over time on stream. Faujasite zeolites with high (a-e), medium
(f-i) and low (j-l) concentration of Brønsted acid sites were used as catalysts.
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Figure 7.44: ∆X ( ) and SAromatics ( ) during co-cracking of n-decane and 2-ethylphenol
over time on stream after Ref. [2]. Faujasite zeolites with high (a-e), medium (f-i)
and low (j-l) concentration of Brønsted acid sites were used as catalysts.
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Figure 7.45: SPropane/SPropylene during n-decane cracking ( ) and co-cracking of n-decane and
2-ethylphenol ( ) over time on stream. Faujasite zeolites with high (a-e), medium
(f-i) and low (j-l) concentration of Brønsted acid sites were used as catalysts.
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Figure 7.46: Reaction route of an adsorbed propyl cation on a Brønsted acid site (center) into
propylene by desorption (left) and propane via hydride transfer (right).
findings from TO and RESASCO [117,118], the present work underlines the importance of the pres-
ence of large pores and a good hydride donor co-substrate in order to successfully deoxygenate
phenolics.
The hydride transfer and the formation of un- and saturated products is visualized by the SPropane
to SPropylene ratio in Figure 7.45. Additionally, the reaction pathway describing how both are being
formed from an adsorbed propyl carbocation in the reaction network is illustrated in Figure 7.46.
Most faujasites with a larger BAS density show an increase of SPropane/SPropylene after reaction
start. With proceeding reaction, the active sites are covered with alklyl cations. With much space
available in the pores, the bimolecular hydride transfer and thus the propane formation can be
favored. The SPropane/SPropylene ratio increases. At some point, coking restricts the pore space. As a
result, the hydride transfer is suppressed and the propylene formation gains in importance. During
this period, the SPropane/SPropylene ratio decreases. A maximum of that ratio is only characteristic
for zeolites with a large amount of BAS, because enough active sites are available that are being
covered during the observed time on stream. The SPropane/SPropylene in mixed feed cracking is
below the one for alkane cracking. This confirms a reduced hydride transfer involvement as seen
by MIRODATOS et al. [96,178] High values for SPropane/SPropylene were especially found for zeolites
with a large BAS density.
The importance of the hydride transfer reaction for the deoxygenation of phenol (as a represen-
tative for phenols) is illustrated in a proposed reaction cycle in Figure 7.47 similar as described by
MIRODATOS and co-workers [98]. In a first step, phenol adsorbs on a BAS. Afterwards, a hydride
can be transferred from a paraffin (or any other good H-donor). It is very likely that n-decane plays
this role as good H-donor as already discussed before and illustrated in Figure 7.44. The oxonium
cation might pull electrons from the aromatic ring, facilitating this hydride transfer. The nega-
tive charge in the aromatic ring after the hydride transfer can also be stabilized by mesomerism
and the formation of a secondary (or even tertiary) carbocation is an additional driving force in
this step. After an elimination and the formation of benzene, the aromatic product can desorb
out of the zeolite. With the regeneration of the BAS and the formation of an olefin, the cycle is
closed. This proposed mechanism could explain the higher SAromatics found in co-cracking over
the faujasite zeolites. Together with the mechanism from Figure 7.20 (alkylation of phenol to hy-
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Figure 7.47: Possible reaction cycle for the deoxygenation of phenol (as major product via the
dealkylation of 2-ethylphenol) into benzene involving an hydride transfer after Ref.
[2]. Phenol adsorption on a Brønsted acid site (I) and the hydride transfer from a
paraffin lead to the formation of a carbocation (II). After the release of benzene (III),
the acid site can be regenerated and an olefin is formed (IV). R1, R2 and R3 depict a
proton or alkyl rest. At least one of R2 or R3 must be an alkyl rest, as the formation
of a primary carbocation is very unlikely.
droxynaphthalene), it could explain the higher SNaphthalenes found in those co-cracking experiments
as well.
The faujasite structure has proven to be able to deoxygenate the phenolic co-feed in hydrother-
mally deactivated and fresh form. Of the large-pore zeolites, hydrothermally treated zeolite Beta
shows high SPhenols (compare Section 7.2). In order to differentiate, if this is due to the hydrother-
mal treatment or the structure itself, the next Section describes the cracking reaction over non-
hydrothermally treated Beta zeolites with different nSi/nAl ratios.
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7.4 Beta Zeolites with Different Aluminum Contents
7.4.1 Characterization of Zeolites
The series of zeolite Beta samples with different chemical composition was prepared by a basic
leaching in a sodium hydroxide solution similar as described by VERBOEKEND et al. from the
same parent zeolite [119]. Applied concentrations are listed in Table 7.9 with the resulting molar
nSi/nAl ratios. The nNa/nAl ratio after the ammonium ion exchange is also given. Included are the
BAS and LAS concentrations from NMR and IR spectroscopy at 150 ◦C. The crystal sizes of 0.2
to 0.6 µm for all Beta zeolites were evaluated from SEM pictures (see Appendix p. 189).
Table 7.9: Zeolite Beta samples with different chemical composition after ammonium ion ex-
change as determined via ICP-OES as well as used NaOH leaching concentration and
their corresponding sample designation. BAS and LAS concentrations were deter-
mined by both NMR and IR spectroscopy with pyridine as probe molecule at 150 ◦C.
nSi/nAl nNa/nAl
cNaOH /
mol L−1
Yield /
%
cBAS,NMR /
mmol g−1
cBAS,Py des. /
mmol g−1
cLAS,Py des. /
mmol g−1
sample
designation
3.0 0.0006 0.8 28 2.02 0.21 0.60 Beta(3.0)-2.02
4.0 0.0006 0.6 47 n.d. 0.47 0.61 Beta(4.0)
5.3 * 0.4 44 n.d. 0.56 0.44 Beta(5.3)
6.2 * 0.3 40 0.94 0.38 0.35 Beta(6.2)-0.94
7.3 * 0.2 58 n.d. 0.52 0.28 Beta(7.3)
9.1 * 0.1 88 0.82 0.41 0.33 Beta(9.1)-0.82
11.5 * - - 0.59 0.35 0.25 Beta(11.5)-0.59
*no sodium found; n.d.: not determined
A basic leaching of the zeolite material leads to a dissolution of silicon out of the framework also
called desilication. This extraction might not be highly selective to only silicon and the same could
also apply to the aluminum in the framework. However, as the nSi/nAl ratio decreases, aluminum
is mostly kept in the crystals. After ion exchange, the samples contain only minor amounts of
sodium. The leaching procedure resulted in a substantial loss of zeolite material, especially at
high base concentration. Small variations in the yield can be attributed to sample handling.
XRD powder patterns are shown in Figure 7.48 (left). Higher acid concentrations lead to a
lower nSi/nAl ratio accompanied with a partial destruction of the zeolite framework, which can
be observed by a decrease of the reflexes from bottom to top. No additional phase formation is
observed as no other reflexes were recorded. 27Al MAS NMR spectra in Figure 7.48 (right) of
four samples - which were selected for catalytic investigations - were recorded. The coordination
of the framework aluminum is four-fold, as only one signal was observed at 55 ppm and no extra-
framework aluminum could be detected. This shows that the aluminum is mostly untouched in the
leached materials. In the case of an aluminum extraction, it is not deposited on the zeolite crystal.
Although the crystallinity decreased with the treatment severity, the zeolite structure and its
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Figure 7.48: X-ray powder diffraction patterns (left) and 27Al MAS NMR spectra (right) of basic
leached Beta zeolites with different nSi/nAl ratios after Ref. [2].
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Figure 7.49: Micro- and mesopore surface area of basic leached Beta zeolites as determined by
N2 physisorption after Ref. [2].
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Figure 7.50: Micro- and mesopore volume of basic leached Beta zeolites as determined by N2
physisorption after Ref. [2].
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Figure 7.51: Mesopore size distribution of leached zeolite Beta series obtained with N2 physisorp-
tion after Ref. [2].
pore characteristics mainly stayed intact. The surface areas a and the pore volumes V given in
Figures 7.49 and 7.50 show the pore structure properties. By increasing the base concentration,
amicro slightly increases for 0.1 M. For concentrations up to 0.3 M it remains roughly constant and
at higher concentrations a decrease is observed. Noticeable is a maximum of ameso for the zeolite
leached with 0.3 M base. As the surface area is correlated with the pore volume, a similar trend can
be observed for Vmicro and Vmeso. Compared to the faujasite zeolites from Section 7.3, the parent
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Figure 7.52: Concentration of Brønsted acid sites of catalytically investigated basic leached zeo-
lite Beta samples as determined via 1H MAS NMR spectroscopy (left) and IR spec-
trosocpy after pyridine desorption at 150 ◦C (middle) and 500 ◦C (right).
zeolite Beta already has a higher Vmeso and a low Vmicro. This fact is only intensified by the basic
treatment. Additionally, the mesopore size distribution is elevated for low base concentrations (up
to 0.3 M) and is shifted towards larger pore diameters for higher concentrations as shown in Figure
7.51. The larger Vmeso could have a positive effect in the transformation of bulky substrates.
Determination of the BAS density was conducted with 1H MAS NMR and IR spectroscopy on
the four selected samples and is shown in Figure 7.52. The leaching method results in an increase
of the BAS concentration from NMR. Whereas the parent material possesses 0.59 mmolg−1 of
BAS, the value is almost 3.5 times larger for zeolite Beta(3.0)-2.02 leached with 0.8 M NaOH
solution when applying the NMR method. A comparison with values from IR spectroscopy and
pyridine as probe molecule reveals lower values. This can be attributed to the higher temperatures
in the IR experiments. Additionally, pyridine is more bulky than the ammonium molecules and
thus results in lower values. The large value of BAS for Beta(3.0)-2.02 in the determination by
NMR might be due to the inclusion of OH groups from amorphous parts of the zeolite as a crystal
destruction was observed in the XRD diffractograms (Figure 7.48).
The relative pyridine concentration on Brønsted and Lewis acid sites of the Beta zeolites in the
IR experiments is shown in Figure 7.53. The general trend in the case of the desorption from BAS
is a decreasing relative concentration. Zeolites Beta(11.5)-0.59 and Beta(9.2)-0.82 have a higher
relative concentration after desorption at 500 ◦C and thus a slightly higher strength than the other
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Figure 7.53: Temperature-dependent desorption of pyridine from Brønsted (BAS) and Lewis acid
sites (LAS) of Beta zeolites as determined by FT-IR at ν˜ = 1545 and 1450 cm−1,
respectively after Ref. [2].
Beta zeolites. Beta(3.0)-2.02 also shows characteristics of weak BAS. The desorption of pyridine
from LAS shows a decrease up to 300 ◦C for some Beta zeolites and a following increase. The
increase is due to a readsorption of pyridine from BAS. A differentiation of the strength of LAS is
difficult, since a trend depending on the nSi/nAl ratio or the leaching treatment cannot be revealed.
The absolute values for the concentration of BAS and LAS at the different desorption temperatures
can be found in the Appendix (pp. 190-193).
7.4.2 Conversion
Conversion X for n-decane and mixed feed cracking is shown in Figure 7.54. The parent and
mildly leached zeolites (Beta(11.5)-0.59 and Beta(9.1)-0.82) show full conversion till 750 min for
both feeds. Subsequently, deactivation is observable, which is more distinctive with the mixed
feed. Deactivation of Beta(6.2)-0.94 starts slightly earlier. However, the influence of the pheno-
lic co-feed does not affect the deactivation as severe as seen for other zeolites. Finally, harshly
alkaline treated Beta(3.0)-2.02 deactivates from the very beginning of the reaction. Conversion
in alkane cracking is decreasing linearly, whereas for co-cracking deactivation proceeds almost
exponentially.
Both conversion curves from pure n-decane and co-cracking converge towards each other for
X < 100% from the parent material Beta(11.5)-0.59 over Beta(9.1)-0.82 to Beta(6.2)-0.94 leached
with 0.3 M alkaline solution. This effect might be due to an increase of the BAS density. In
contrast, Beta(3.0)-2.02 shows a very large deactivation during co-cracking. As the start of this
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Figure 7.54: Conversion during n-decane cracking ( ) and co-cracking of n-decane and 2-
ethylphenol ( ) over time on stream after Ref. [2]. Beta zeolites with varying
nSi/nAl ratio are shown.
conversion drop in the co-cracking experiments is shifted to lower times on stream with the in-
crease of the leaching intensity and therefore the BAS density, it is unlikely that the difference
in conversion for both feeds is due to the number of acid sites available. It is more likely that
the convergence of the curves is due to the pore structure of the materials. Figures 7.50 and 7.51
illustrated that the volume of the mesopores increases up to a treatment of 0.3 M NaOH solution.
Also the mesopore size distribution shifted slightly to larger pores and to a higher amount of these.
This change in pore structure influences the difference in the deactivation behavior and depletes
the negative effect of the phenolic co-substrate on the activity of the catalyst.
For a higher treatment severity at higher leaching concentrations, the microporous character of
the material is lost. Concentrations of 0.4 M or higher increased the mesopore volume slightly
further, but the surface area and the pore volume of the micropores are diminished. Beta(3.0)-
2.02 exhibits only about a third of micropore surface area compared to the other three catalytically
investigated Beta zeolites. The early decrease of conversion for this zeolite can be attributed to that
loss of catalytically vital micropores for cracking reactions. Whereas activity in paraffin cracking
still seems to occur, it is almost completely lost for co-cracking from the very reaction beginning.
In terms of activity, it can be concluded that a zeolite modification towards larger pores should be
conducted with a preservation of the micropore system in order to diminish the negative effect of
an oxygenated bulky co-feed on the conversion.
Figure 7.55 depicts the conversion of the phenolic compounds in the reaction mixture along
time on stream. Zeolites Beta(11.5)-0.59, Beta(9.1)-0.82 and Beta(6.2)-0.94 show a good activity
over time. Only after about 1200 min phenols were observable in the product mixture. On the
contrary, the harshly leached zeolite Beta(3.0)-2.02 starts after 300 min with a decreasing phenol
conversion. This early deactivation behavior must be again attributed to the low micro- or meso-
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pore surface area and the main destruction of the zeolite. With a long conversion of phenols and
a profound total conversion in mixed feed cracking zeolite Beta(11.5)-0.59 stands out from the
other zeolites from the Beta series.
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Figure 7.55: Conversion of phenols via time on stream over alkaline leached Beta zeolites after
Ref. [2].
The selectivities and conversion curves are shown in Figures 7.56 and 7.57 for Beta(11.5)-
0.59 and Beta(3.0)-2.02. For the purpose of clarity only these two zeolites are shown, because the
curves and selectivities of the remaining Beta zeolites are similar to Beta(11.5)-0.59 (see Appendix
pp.194-195). The main difference in selectivities between the two feeds used on Beta(11.5)-0.59
is a decreasing SPropylene when deactivation was observed with the mixed feed. With the alkane
feed, SPropylene stays constant. Also, a higher SEthylene can be observed with the co-feed.
Beta(3.0)-2.02 deactivates already at 100 min TOS. Therefore, the selectivity curves draw a
similar picture as when deactivation occurs with Beta(11.5)-0.59. SPropylene stays constant in alkane
cracking from the start of the reaction, whereas it is decreasing in co-cracking. Selectivities of
butenes and C5 molecules in co-cracking seem to decrease after a maximum at 400 min TOS.
However, this is due to an increase in phenols which are not converted.
The selectivities of the Beta samples at comparable conversion are listed in Table 7.10. The
lowest common degree of conversion, which was about 60 % was chosen for this comparison.
SMethane and SEthane are similar for all feeds and used catalysts. SEthylene is higher during co-
cracking, especially for Beta(3.0)-2.02. On the other hand, lower SPropylene, SPropane and SButane
were observed with the co-feed. Interestingly, SAromatics runs through a small maximum, with the
highest value obtained for Beta(6.2)-0.94, which is the case for both feeds. Also higher SNaphthalenes
were recorded for mixed feed experiments as before with the faujasite zeolites.
Coke content also varies as seen in Figure 7.58. For n-decane cracking, coke content is similar
for mildly leached zeolites. The value ranges from 18.7 to 21.4 wt.-%. Harshly leached zeolite
Beta(3.0)-2.02 exhibits only a minor amount of coke after reaction. Co-cracking again reveals
larger values. The content increases slightly with an increase of the amount of acid sites and
declining silicon content.
Zeolites Beta(11.5)-0.59, Beta(9.1)-0.82 and Beta(6.2)-0.94 reveal similar micropore surface
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Figure 7.56: Conversion of feed and selectivities of products with C ≤ 3 (top) and C > 3 (bot-
tom) in pure n-decane cracking (left) and co-cracking of n-decane and 2-ethylphenol
(right) with zeolite Beta(11.5)-0.59 at 480 ◦C and WHSV = 0.08 h−1. Only prod-
ucts found in both experiments are shown for comparison. SC6-C8 does not contain
aromatics.
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Figure 7.57: Conversion of feed and selectivities of products with C ≤ 3 (top) and C > 3 (bot-
tom) in pure n-decane cracking (left) and co-cracking of n-decane and 2-ethylphenol
(right) with zeolite Beta(3.0)-2.02 at 480 ◦C and WHSV = 0.08 h−1. Only products
found in both experiments are shown for comparison. SC6-C8 does not contain aro-
matics.
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Table 7.10: Product selectivities during the cracking of n-decane (pure) and n-decane/2-
ethylphenol (mixed) over Beta zeolites at comparable conversion X .
Catalyst Beta(11.5)-0.59 Beta(9.1)-0.82 Beta(6.2)-0.94 Beta(3.0)-2.02
Feed pure mixed pure mixed pure mixed pure mixed
X / % 63 65 61 59 57 58 63 60
TOS / min 1503 1005 1104 905 707 707 1104 209
Methane 1.2 1.4 1.3 1.4 1.1 1.2 0.7 0.7
Ethylene 4.0 6.5 4.0 6.2 4.7 6.2 7.0 9.8
Ethane 0.9 0.8 0.8 0.7 0.8 0.6 1.3 1.3
Propylene 28.2 26.1 27.3 26.0 30.4 29.1 33.2 31.4
Propane 6.0 3.6 5.2 3.2 4.2 4.1 8.2 8.4
Isobutane 7.1 8.2 7.2 7.7 5.3 7.1 5.0 5.3
Butenes 21.4 21.0 21.3 21.7 22.3 21.0 19.7 18.0
n-Butane 3.8 2.1 3.3 1.9 2.7 2.2 4.7 4.3
C5 15.2 15.2 15.2 15.1 12.1 12.0 11.0 11.2
C6-C9* 9.3 4.9 5.7 4.9 6.0 3.8 6.1 4.7
Phenols 0 0 0 0 0 0 0 0
Aromatics 3.1 7.5 8.3 8.5 10.0 9.6 3.2 3.4
Naphthalenes 0 2.6 0.4 2.7 0.5 3.1 0 1.4
*Not including aromatics
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Figure 7.58: Coke on dry catalyst after conversion of pure n-decane and mixed feed over Beta
zeolites after Ref. [2].
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areas and volumina. Therefore, coke content is similar after n-decane reaction, although conver-
sion drops at different TOS. An increase of coke after co-cracking can be explained by an increase
of the mesopore surface area and pore volume with increasing leaching agent concentration. Fi-
nally, zeolite Beta(3.0)-2.02 exhibits the lowest amount of coke within the Beta series. This is
due the low share of micropores. Active sites are located in the small micropores and are vital for
conversion or secondary reactions such as coke formation. With the loss of these active parts of
the zeolite crystal, deactivation takes place early and only small amounts of coke are needed to
deactivate the zeolite.
7.5 Comparison of Faujasite and Beta Zeolites
In the following, a comparison between the Beta and faujasite structure is aimed for. Faujasite
zeolites with a comparable amount of Brønsted acid sites as the Beta samples were selected for
this purpose. The total conversion of both feeds is plotted in Figure 7.59. Each picture illustrates
the conversion curve with the same feed for a faujasite and Beta catalyst with similar BAS density.
Catalysts showing a high amount of BAS > 2.00 mmolg−1 show completely different conversions.
However, both Beta and faujasite are difficult to compare since the Beta zeolite has a more or
less destroyed zeolite framework. The necessity of an intact micropore network is underlined as
NH4-Y(2.7)-2.18 possesses a much longer cracking activity for the mixed feed. Also, at a BAS
concentration of 0.94 mmolg−1, the faujasite zeolite proves to be the superior structure. While
the conversion decrease starts already after 400 min in case of the Beta zeolite, X starts to decline
after 700 min with the faujasite. For both feeds and at long TOS over 1000 min, the Beta zeolite
exhibits a higher conversion.
At lower acid site densities of BAS = 0.82 or 0.83 mmolg−1 respectively, both conversion curves
narrow each other. Especially for alkane cracking, the curves are rather similar as deactivation
occurs at a similar rate. At the lowest comparable BAS density of 0.54/0.59 mmolg−1, the faujasite
starts to deactivate earlier. For longer TOS however, it still has a higher degree of conversion.
The comparison of both zeolites with each other reveals that the activity between both materi-
als do not differ extensively at a low BAS density. For a higher amount of active sites, the Beta
structure shows an inferior behavior as deactivation occurs at earlier time on stream. Zeolite Beta
has stronger acid sites compared to the faujasite zeolite [146,169]. The mentioned earlier decline of
conversion is probably strongly related to these stronger active sites. With more spacious super-
cavities, the faujasite structure is also able to be more resistant to coking and/or pore blockage by
coke precursors. This can also be seen by comparing the coke amounts of the catalysts after the
reaction. In all cases, zeolite Y has more coke deposits, but is able to maintain the high cracking
conversion for longer TOS before conversion drops.
A comparison of the selectivities in mixed feed cracking is listed for similar conversions in Table
7.11. The zeolites are compared at an overlapping measured degree of conversion. The zeolites
with 2.18 and 2.02 mmolg−1 as well as 0.83 and 0.82 mmolg−1 of BAS densities are compared at
X ≈ 60 %. The remaining zeolite pairs are compared with each other at X ≈ 75 %.
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Figure 7.59: Conversion over time on stream with the pure n-decane feed (left) and the mixed feed
with 2-ethylphenol (right) over faujasite ( ) and Beta zeolites ( ) with similar
Brønsted acid site densities after Ref. [2].
In general, selectivities of methane, ethane, propane and aromatics are higher with the use of
a faujasite zeolite instead of the Beta. The high selectivities of the saturated products ethane and
propane are due to the enhanced hydride transfer with the faujasite zeolite. This was already dis-
cussed in Chapter 7.2.9. The lowest value for the C5 selectivity is found with the harshly leached
zeolite Beta. In contrast, the selectivities of butenes, propylene and ethylene are higher on the Beta
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Table 7.11: Product selectivities during the cracking of n-decane and 2-ethylphenol over faujasite
and Beta zeolites at comparable conversion X and concentration of Brønsted acid
sites.
Structure FAU BEA FAU BEA FAU BEA FAU BEA
conc. BAS /
mmol g−1 2.18 2.02 0.94 0.94 0.83 0.82 0.54 0.59
X / % 63 60 74 76 62 59 74 76
TOS / min 1005 210 806 608 1005 906 906 906
Methane 3.8 0.6 4.1 1.3 3.2 1.4 3.1 1.4
Ethylene 4.8 10.2 5.0 7.0 4.3 6.2 5.3 6.6
Ethane 1.4 1.1 1.6 0.7 1.1 0.7 1.4 0.8
Propylene 16.4 31.7 16.6 29.3 20.7 26.0 17.6 26.9
Propane 12.9 11.4 15.1 6.3 8.1 3.2 6.1 4.5
Isobutane 12.7 7.5 13.3 9.3 6.9 7.7 11.3 9.4
Butenes 9.0 15.6 8.6 17.9 14.9 21.7 12.9 19.6
n-Butane 4.6 4.7 5.1 2.9 3.4 1.9 2.9 2.5
C5 13.3 8.5 12.8 10.2 14.0 15.1 14.5 13.9
C6-C9* 3.6 3.5 2.5 2.6 2.0 4.9 4.6 4.3
Phenols 0.9 0.0 0.0 0.0 0.0 0.0 0.0 0.0
Aromatics 14.5 3.6 12.9 9.7 15.9 8.5 16.1 7.5
Naphthalenes 2.1 1.5 2.5 2.8 3.7 2.7 4.1 2.4
*Not including aromatics
zeolites. This shift towards a deeper cracking of the substrate could be related to the large share
of mesopore volume, in which the cracking of large molecules into smaller products is favored.
However, this benefit comes with the cost of a low catalyst lifetime. Also the smaller micropores
of the zeolite Beta contribute to an increase of the selectivities to smaller products, similar to the
addition of medium-pore zeolite ZSM-5 to boost the propylene selectivity in FCC [44].
As no phenols are found at the reactor outlet at those high conversions (Table 7.11), the same
selectivities and catalysts are again compared at a lower conversion of about 17 % and higher
time on stream in Table 7.12. The two zeolites NH4-Y(15.1)-0.54 and Beta(11.5)-0.59 are not
included in this Table, because their conversion was still above 17 % at the end of the reaction.
Due to the rapid deactivation, selectivities for the zeolites NH4-Y(2.7)-2.18 and USY(2.9)-0.94
were interpolated at 17 %.
Within the same zeolite structure (faujasite or Beta), the selectivity towards phenols is decreas-
ing with a decreasing concentration of BAS. Whereas SPhenols = 28.9 % for zeolite NH4-Y(2.7)-
2.18, it is only 3.0 % for NH4-Y(4.2)-0.83. The same applies for the Beta zeolites, and SPhenols
decreases from 5.8 to 1.9 %. In the same manner, SAromatics increases from 14.0 to 26.0 % for
the faujasite and from 8.7 to 9.7 % for the Beta zeolites. BAS and LAS concentrations from IR
experiments involving the desorption of pyridine do not seem to reflect these trends as well as the
values from NMR. This might be due to uncertainties in the IR method and/or a poor accessibility
of the pyridine molecule to the acid sites.
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Table 7.12: Product selectivities during the cracking of n-decane and 2-ethylphenol over faujasite
and Beta zeolites at comparable low conversion X and concentration of Brønsted acid
sites.
Structure FAU BEA FAU BEA FAU BEA
cBAS, NMR / mmol g−1 2.18 2.02 0.94 0.94 0.83 0.82
cBAS, Py des. 500 ◦C / mmol g−1 0.26 0.08 0.19 0.16 0.26 0.27
cLAS, Py des. 500 ◦C / mmol g−1 0.04 0.28 0.17 0.37 0.17 0.28
X / % 17 16 17 17 17 19
TOS / min 1130** 608 980** 1403 1403 1503
Methane 2.5 1.2 3.1 1.5 2.6 1.8
Ethylene 3.9 13.8 5.7 5.2 4.9 5.8
Ethane 0.7 1.3 0.9 0.7 0.9 0.7
Propylene 11.1 23.4 12.5 21.2 13.5 17.2
Propane 3.8 2.5 3.7 0.7 2.0 0.6
Isobutane 3.5 2.1 2.5 0.9 1.2 2.0
Butenes 7.7 17.9 11.2 25.7 15.5 25.4
n-Butane 1.8 2.0 1.6 0.6 0.9 0.6
C5 8.1 13.5 10.1 16.8 11.8 19.9
C6-C8* 11.0 4.6 6.8 11.6 8.5 11.4
Phenols 28.9 5.8 14.8 3.7 3.0 1.9
Aromatics 14.0 8.7 21.1 8.7 26.0 9.7
Naphthalenes 2.9 3.0 5.9 2.9 9.3 3.1
Delta coke / wt.-% 6.9 6.5 6.8 9.7 3.5 5.5
*: not including aromatics
**: interpolated values
The Beta zeolites observe a lower SPhenols compared to the faujasite catalysts. However, in the
Section 7.2 before with hydrothermally treated catalysts, it was shown that the use of a Beta zeolite
results in higher SPhenols than for the zeolites Y, USY and RE-USY. This is due to the destruction of
acid sites in the hydrothermal treatment. Leaving the acid sites intact, the Beta structure preferably
adsorbs the phenolic species. This is also shown in Table 7.12 in terms of Delta coke, which is the
absolute difference between coke found after co-cracking and coke resulting from single n-decane
cracking. Especially for the zeolites with cBAS,NMR = 0.82 to 0.94 mmolg−1, a higher delta coke
can be seen. An irreversible stronger adsorption of the phenols on the Beta zeolites is therefore
highly likely. Both zeolites with cBAS,NMR > 2.00mmolg−1 have a similar delta coke, but differing
SPhenols. A potential reason is the low mesopore volume, since this zeolite was harshly treated. The
relationship between the selectivities towards phenols/aromatics and the mesopore volume at low
conversion is illustrated in Figure 7.60 for both structures.
Whereas SPhenols exponentially decreases with increasing mesopore volume in the case of the
faujasite catalysts, SAromatics is behaving contrary and increases. The hydride transfer occurs in the
micropores with a high density of active sites and depends on the structure [179]. To reach these
micropores, the mesopores function as gateway. A high mesopore volume allows a better diffusion
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Figure 7.60: Selectivities of phenols at X = 17% in co-cracking of n-decane and 2-ethylphenol
over Y ( ) and Beta ( ) zeolites in dependence of their mesopore volume after
Ref. [2]. Additionally, the selectivity of aromatics for zeolites Y ( ) and Beta ( )
is shown.
of the substrates and products into and out of the micropores. Only the large supercavities of the
faujasite zeolite are able to allow an hydride transfer to form aromatics. The maximum diameter of
a sphere to be included in the micropore system is 11.24 and 6.68 Å for faujasite and Beta zeolites,
respectively [16]. It is therefore obvious that a phenolic pool is preferentially built and cracked in
the micropores of the faujasite structure. The even larger mesopore volume of the Beta zeolites
is of no use, since the micropores are still too narrow for the formation of a phenolic pool and
the deoxygenation of such via said hydride transfer. Phenol adsorption in these large mesopores
(probably close to the micropore entrances) is preferred with no further conversion.
The accessibility of the phenols to the BAS to build a phenolic pool (that forms a part of the
coke on the catalyst during the reaction) is highlighted as the coke mass ratio from co-cracking
and n-decane cracking in dependence of the Brønsted acid sites in Figure 7.61. If taking the values
from NMR into account, a high relative coke (more than six times more coke) after co-cracking
over the faujasites is found at low cBAS. The coke mass ratio is exponentially decreasing with
increasing cBAS. This applies for cBAS determined by NMR as well as by IR spectroscopy for
faujasite materials.
Beta zeolites show a different behavior. In the case of the coke mass ratio plotted against the
cBAS by NMR, it is increasing with a higher cBAS. In the same manner, the harshness in the
treatment of the Beta zeolites was increased. Within the picture with cBAS from IR spectroscopy,
the additional coke relative to single feed cracking is behaving just like the faujasite catalysts.
The structure of the phenol molecule and the pyridine probe molecule are quite similar. Both
consist of an aromatic ring and have a heteroatom with a lone pair. Due to the resemblance of both
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Figure 7.61: Coke mass ratio from co-cracking and single feed cracking against the concentration
of Brønsted acid sites as determined by 1H MAS NMR (left) and IR spectroscopy
with pyridine as probe molecule (right) on Y zeolites ( ) and Beta zeolites ( )after
Ref. [2].
compounds, they should behave similar in terms of coordination/adsorption and diffusion. The
evaluation of the amount of acid sites, that are accessible for the phenolic species and thus leading
to more coke, can be performed well with pyridine as probe molecule. In Table 7.12, it was shown
that SPhenols decreases with a decreasing cBAS. The lower values for a low acid site concentration
are also in line with the additional coke formation in Figure 7.61 and underlines the finding, that
a phenolic pool is built on both structures, but can only be cracked via the hydride transfer in the
faujasite.
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Summary and Outlook
The present work describes the catalytic co-cracking reaction of n-decane and 2-ethylphenol over
acidic solid-state catalysts in the gas phase. Both substrates are selected to simulate the properties
of a fossil- and bio-based feedstock in order to investigate and understand the underlying reaction
chemistry in the cracking of such feeds in the Co-Fluid Catalytic Cracking (Co-FCC) process.
Additionally, it is aimed to identify the most suitable co-cracking catalyst for this application in
terms of activity and selectivities.
Firstly, the conditions for a hydrothermal pretreatment of the catalysts and the cracking reaction
are defined. It is shown that the chosen reaction conditions and feed can be well compared with
industrial cracking setups such as micro activity tests and a pilot plant, not in terms of product
selectivities, but with the focus on the occurring chemistry. Especially the cracking mechanism
ratio as a measure of the dominant cracking mechanism and the Sparaffin/Solefin ratio for the hydride
transfer are comparable to the industrial methods. The evaluation of a sufficiently stable potential
catalyst is performed at 816 ◦C under steam atmosphere. Zeolites that possess at least 30 % of re-
tained micropore surface area after the treatment are declared to be hydrothermally stable. Several
zeolites of different structures and nSi/nAl ratios show a higher stability than the USY reference
material. Secondly, the stable materials are applied as catalysts in a milder treated form (700 ◦C)
in the cracking of solely n-decane and with 2-ethylphenol (90 to 10 wt.-%).
All zeolites have a lower conversion, due to a stronger deactivation in common, when applied
in the co-cracking reaction with 2-ethylphenol. Also higher amounts of coke deposits were found
after the co-feed experiments, and a lower selectivity of propylene at the same conversion. Fig-
ure 8.1 summarizes these observations in a proposed mechanism, in which propylene is being
consumed for an alkylation of the phenolic co-feed yielding in more coke.
Large-pore zeolites with the FAU, EMT and BEA structure behave as superior co-cracking
catalysts in terms of conversion over time on stream. Medium-pore zeolites deactivate very quickly
with the 2-ethylphenol co-feed, due to pore mouth poisoning, although a high and constant level of
conversion can be maintained in pure n-decane cracking. Whereas the BEA structure and medium-
pore zeolites are not able to deoxygenate the co-feed, higher selectivities for aromatics are found
with the FAU or EMT zeolites having supercavities during co-cracking. This can be attributed
to the higher hydride transfer activity of these structures. Thus, the FAU zeolite structure still
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Figure 8.1: Possible reaction mechanism explaining the consumption of propylene via an alkyla-
tion of phenol towards polyaromatic hydrocarbons (coke).
represents the most suitable cracking catalyst not only for regular FCC, but also for a Co-FCC
application.
In more detailed investigations, the influence of the porosity and chemical composition of the
catalysts on the reaction is examined. This is performed with non-hydrothermally treated FAU
and BEA zeolites and differing Brønsted acid site (BAS) concentrations. While commercial FAU
zeolites with different nSi/nAl ratios and topologies are applied as cracking catalysts, the nSi/nAl
ratio of the BEA structure was adjusted by basic leaching. This desilication method does not only
change the BAS concentration, but also increases the mesopore volume up to some extent.
1H and 27Al MAS NMR spectroscopy reveal that the acid site concentration does not necessarily
correlate with the nSi/nAl ratio, since extra-framework aluminum can be present that does not
contribute to a formation of BAS. A strong correlation however can be observed between the
conversion and the concentration of BAS determined by NMR spectroscopy. Zeolites with a high
BAS concentration show high activity in the beginning of the reaction, but strongly deactivate
after some time. A lower BAS concentration leads to a lower initial and more stable conversion. A
significant influence of Lewis acid sites on the co-cracking reaction is not seen under the studied
conditions.
The difference in the ability to deoxygenate the phenolic co-feed is confirmed on both of the
non-pretreated zeolites. Due to the larger micropores of the FAU structure, a phenolic pool can
be built by condensation reactions and also cracked inside the supercavities. After coking of the
micropores, the reaction is shifted into larger pores. With unconverted n-decane available, an
increase in the aromatics selectivity is observed. This underlines the importance of the hydride
transfer from a good paraffinic H-donor for the deoxygenation of the phenolic co-feed. A possible
mechanism, which explains the formation of benzene from phenol is illustrated in Figure 8.2.
Higher selectivities of naphthalenes, that were also observed during co-cracking can be explained
by the same deoxygenation mechanism with hydroxynaphthalene (formed via alklyation of the
phenolic co-feed, Fig. 8.1) as substrate. The mesopore volume thereby acts as a gateway and
ensures the diffusion of substrates and products into and away from the micropores.
142
Figure 8.2: Possible reaction cycle for the deoxygenation of phenol (as major product via the
dealkylation of 2-ethylphenol) over a Brønsted acid site into benzene involving an
hydride transfer.
Dealkylated phenol is the major product of the 2-ethylphenol co-feed. A diffusion of phenol
through the micropore network of the BEA zeolite and a formation of a phenolic pool is hindered
in the smaller BEA micropores and an hydride transfer to crack a built phenolic pool cannot occur
because of the limited space. Even the higher mesopore volume of the BEA zeolites does not lead
to a higher deoxygenation activity. The co-feed preferentially adsorbs on the BEA surface and
leads only to more coke.
For future studies, it would be of interest to confirm the herein found results in setups under
conditions used in industry. These might include testing in micro activity tests or FCC pilot plants
with real oil feeds and/or more complex model compounds. Furthermore, investigations with
formulated FCC catalyst particles would be of interest to examine the role of catalyst formulation
or additives such as different binders, matrices or secondary zeolites. An introduction of a bio
feed into the hydrocracking process with hydrogen being used in excess and thus suppressing
coking/deactivation might also be of interest for following research.
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Table A.1: Retention times in the used online gas chromatograph between reactor outlet and cool-
ing trap for the analysis of the main products.
Substance Retention time / min Substance Retention time / min
Methane 2.38 n-Hexane 39.82
Ethylene 4.72 C6= linear 40.02
Ethane 6.14 Benzene 40.44
Water 13.13 C7 43.76
Propylene 17.76 n-Heptane 44.67
Propane 18.75 Toluene 45.70
Isobutane 26.11 n-Octane 49.00
Isobutene 26.75 Ethylbenzene 49.94
1-Butene 26.87 o-Xylene 50.20
n-Butane 27.64 Styrene/m,p-Xylene 50.89
E-2-Butene 27.74 Phenol 51.96
Z-2-Butene 28.07 C9= 53.02
3-Methylbut-1-ene 32.39 C9= 54.27
Isopentane 33.33 C9= 54.65
1-Pentene 33.63 Mesitylene 55.68
2-Methylbut-1-ene 34.12 C9 55.97
n-Pentane 34.27 C9 57.25
2-Methylbut-2-ene 34.41 C9 57.44
C6= branched 38.31 n-Decane 58.83
C6= branched 38.40 3-Ethylphenol 60.29
2-Methylpentane 38.88 2-Ethylphenol 62.36
C6= branched 39.08 4-Ethylphenol 65.23
3-Methylpentane 39.29 Naphthalene 71.68
C6= linear 39.42 1-Methylnaphthalene 91.00
C6= linear 39.59 2-Methylnaphthalene 93.81
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Table A.2: Retention times of CO and CO2 in the used online gas chromatograph behind the
cooling trap.
Substance Retention time / min Substance Retention time / min
CO 3.06 CO2 12.66
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Figure A.1: X-ray diffractograms of at 816 ◦C hydrothermally treated zeolites before and after the
treatment.
170
APPENDIX
5 10 15 20 25 30 35 40 45 50
NU-87 before treatment
NU-87 after treatment
Diffraction angle 2 θ / ◦
D
et
ec
to
rs
ig
na
l/
ar
b.
un
it
5 10 15 20 25 30 35 40 45 50
ITQ-2 before treatment
ITQ-2 after treatment
Diffraction angle 2 θ / ◦
D
et
ec
to
rs
ig
na
l/
ar
b.
un
it
5 10 15 20 25 30 35 40 45 50
Beta before treatment
Beta after treatment
Diffraction angle 2 θ / ◦
D
et
ec
to
rs
ig
na
l/
ar
b.
un
it
5 10 15 20 25 30 35 40 45 50
ZSM-12 before treatment
ZSM-12 after treatment
Diffraction angle 2 θ / ◦
D
et
ec
to
rs
ig
na
l/
ar
b.
un
it
5 10 15 20 25 30 35 40 45 50
USY before treatment
USY after treatment
Diffraction angle 2 θ / ◦
D
et
ec
to
rs
ig
na
l/
ar
b.
un
it
5 10 15 20 25 30 35 40 45 50
ZSM-48 before treatment
ZSM-48 after treatment
Diffraction angle 2 θ / ◦
D
et
ec
to
rs
ig
na
l/
ar
b.
un
it
Figure A.2: X-ray diffractograms of at 816 ◦C hydrothermally treated zeolites before and after the
treatment.
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Figure A.3: X-ray diffractograms of at 816 ◦C hydrothermally treated zeolites before and after the
treatment.
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Figure A.4: SEM pictures of at 700 ◦C hydrothermally treated and catalytically investigated zeo-
lites.
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Figure A.5: SEM pictures of at 700 ◦C hydrothermally treated and catalytically investigated zeo-
lites.
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(a) n-Dec feed and small products
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(b) n-Dec + 2-Et-PhOH feed and small products
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(c) n-Dec feed and large products
0 300 600 900 1200 15000
20
40
60
80
100
Time on stream / min
C
on
ve
rs
io
n
/
%
0
5
10
15
20
25
30
35
40
Se
le
ct
iv
ity
/
%
Xn-Dec + Et-PhOH SIsobutane
SButenes SButane
SC5 SC6-C8
SAromatics
(d) n-Dec + 2-Et-PhOH feed and large products
Figure A.6: Conversion of feed and selectivities of products with C ≤ 3 (top) and C > 3 (bot-
tom) in pure n-decane cracking (left) and co-cracking of n-decane and 2-ethylphenol
(right) with zeolite RE-USY at 480 ◦C and WHSV = 0.08 h−1. The catalyst was
hydrothermally treated at 700 ◦C prior to reaction. Only products found in both ex-
periments are shown for comparison. SC6-C8 does not contain aromatics.
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(a) n-Dec feed and small products
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(b) n-Dec + 2-Et-PhOH feed and small products
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(c) n-Dec feed and large products
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(d) n-Dec + 2-Et-PhOH feed and large products
Figure A.7: Conversion of feed and selectivities of products with C ≤ 3 (top) and C > 3 (bot-
tom) in pure n-decane cracking (left) and co-cracking of n-decane and 2-ethylphenol
(right) with zeolite EMC-2 at 480 ◦C and WHSV = 0.08 h−1. The catalyst was hy-
drothermally treated at 700 ◦C prior to reaction. Only products found in both experi-
ments are shown for comparison. SC6-C8 does not contain aromatics.
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(a) n-Dec feed and small products
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(b) n-Dec + 2-Et-PhOH feed and small products
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(c) n-Dec feed and large products
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(d) n-Dec + 2-Et-PhOH feed and large products
Figure A.8: Conversion of feed and selectivities of products with C ≤ 3 (top) and C > 3 (bot-
tom) in pure n-decane cracking (left) and co-cracking of n-decane and 2-ethylphenol
(right) with zeolite NU-87 at 480 ◦C and WHSV = 0.08 h−1. The catalyst was hy-
drothermally treated at 700 ◦C prior to reaction. Only products found in both experi-
ments are shown for comparison. SC6-C8 does not contain aromatics.
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(a) n-Dec feed and small products
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(b) n-Dec + 2-Et-PhOH feed and small products
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(c) n-Dec feed and large products
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(d) n-Dec + 2-Et-PhOH feed and large products
Figure A.9: Conversion of feed and selectivities of products with C ≤ 3 (top) and C > 3 (bot-
tom) in pure n-decane cracking (left) and co-cracking of n-decane and 2-ethylphenol
(right) with zeolite MCM-22 at 480 ◦C and WHSV = 0.08 h−1. The catalyst was
hydrothermally treated at 700 ◦C prior to reaction. Only products found in both ex-
periments are shown for comparison. SC6-C8 does not contain aromatics.
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(b) n-Dec + 2-Et-PhOH feed and small products
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(c) n-Dec feed and large products
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(d) n-Dec + 2-Et-PhOH feed and large products
Figure A.10: Conversion of feed and selectivities of products with C ≤ 3 (top) and C > 3 (bot-
tom) in pure n-decane cracking (left) and co-cracking of n-decane and 2-ethylphenol
(right) with zeolite ZSM-5 at 480 ◦C and WHSV = 0.08 h−1. The catalyst was hy-
drothermally treated at 700 ◦C prior to reaction. Only products found in both exper-
iments are shown for comparison. SC6-C8 does not contain aromatics.
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(c) n-Dec feed and large products
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(d) n-Dec + 2-Et-PhOH feed and large products
Figure A.11: Conversion of feed and selectivities of products with C ≤ 3 (top) and C > 3 (bot-
tom) in pure n-decane cracking (left) and co-cracking of n-decane and 2-ethylphenol
(right) with zeolite [Fe]ZSM-5 at 480 ◦C and WHSV = 0.08 h−1. The catalyst was
hydrothermally treated at 700 ◦C prior to reaction. Only products found in both
experiments are shown for comparison. SC6-C8 does not contain aromatics.
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Figure A.12: Selectivity ratio of C2-C4 paraffins to C2-C4 olefins during n-decane and 2-
ethylphenol cracking highlighting the hydride transfer ability.
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Figure A.13: SEM pictures of faujasite zeolites after the ion-exchange.
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Figure A.14: SEM pictures of faujasite zeolites after the ion-exchange.
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Figure A.15: Ammonia-TPD profile of faujasite zeolites with varying nSi/nAl ratios. The second
measurement is shown.
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Figure A.16: Concentration of pyridine adsorbed on Brønsted and Lewis acid sites of faujasite
zeolites with varying chemical composition at 150 and 200 ◦C.
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Figure A.17: Concentration of pyridine adsorbed on Brønsted and Lewis acid sites of faujasite
zeolites with varying chemical composition at 250 and 300 ◦C.
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Figure A.18: Concentration of pyridine adsorbed on Brønsted and Lewis acid sites of faujasite
zeolites with varying chemical composition at 350 and 400 ◦C.
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Figure A.19: Concentration of pyridine adsorbed on Brønsted and Lewis acid sites of faujasite
zeolites with varying chemical composition at 450 and 500 ◦C.
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Figure A.20: SEM pictures of Beta zeolites after the basic treatment and ion exchange.
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Figure A.21: Concentration of pyridine adsorbed on Brønsted and Lewis acid sites of Beta zeo-
lites with varying chemical composition at 150 and 200 ◦C.
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Figure A.22: Concentration of pyridine adsorbed on Brønsted and Lewis acid sites of Beta zeo-
lites with varying chemical composition at 250 and 300 ◦C.
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Figure A.23: Concentration of pyridine adsorbed on Brønsted and Lewis acid sites of Beta zeo-
lites with varying chemical composition at 350 and 400 ◦C.
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Figure A.24: Concentration of pyridine adsorbed on Brønsted and Lewis acid sites of Beta zeo-
lites with varying chemical composition at 450 and 500 ◦C.
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(d) n-Dec + 2-Et-PhOH feed and large products
Figure A.25: Conversion of feed and selectivities of products with C ≤ 3 (top) and C > 3 (bot-
tom) in pure n-decane cracking (left) and co-cracking of n-decane and 2-ethylphenol
(right) with zeolite Beta(9.1)-0.82 at 480 ◦C and WHSV = 0.08 h−1. Only products
found in both experiments are shown for comparison. SC6-C8 does not contain aro-
matics.
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(a) n-Dec feed and small products
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(b) n-Dec + 2-Et-PhOH feed and small products
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(c) n-Dec feed and large products
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(d) n-Dec + 2-Et-PhOH feed and large products
Figure A.26: Conversion of feed and selectivities of products with C ≤ 3 (top) and C > 3 (bot-
tom) in pure n-decane cracking (left) and co-cracking of n-decane and 2-ethylphenol
(right) with zeolite Beta(6.2)-0.94 at 480 ◦C and WHSV = 0.08 h−1. Only products
found in both experiments are shown for comparison. SC6-C8 does not contain aro-
matics.
195



Erklärung über die Eigenständigkeit der Dissertation
Ich versichere, dass ich die vorliegende Arbeit mit dem Titel
Co-Catalytic Cracking of n-Decane and 2-Ethylphenol as Model Hydrocarbons for Fossil- and
Bio-Based Feeds in FCC over Zeolite Catalysts
selbstständig verfasst und keine anderen als die angegebenen Quellen und Hilfsmittel benutzt
habe; aus fremden Quellen entnommene Passagen und Gedanken sind als solche kenntlich gemacht.
Declaration of Authorship
I hereby certify that the dissertation entitled
Co-Catalytic Cracking of n-Decane and 2-Ethylphenol as Model Hydrocarbons for Fossil- and
Bio-Based Feeds in FCC over Zeolite Catalysts
is entirely my own work except where otherwise indicated. Passages and ideas from other sources
have been clearly indicated.
Name/Name: Moritz Heuchel
Unterschrift/Signed: XXXXXXXXXXXXXXXXXX
Datum/Date: XXXXXXXXXXXXXXXXXX
